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Circulating fluidized bed (CFB) has been widely applied to many chemical engineering processes. Although significant 

developments have been made in understanding the performance using the complex CFB technology during the last decades, the 

detailed inner information cannot be obtained by experiments because of complicated flow pattern in the system and backward 

measuring equipment. Numerical simulation has become the primary method to accelerate the development of complex CFB 

technology, reduce the cost of design and operating time, as well as reduce the technical risks. This thesis aims to provide more 

detailed in-furnace phenomena of complex CFB systems, including the hydrodynamic behaviours and chemical reactions based 

on the numerical simulation method. The promising chemical looping combustion (CLC) technology, as an example of complex 

CFB systems, will be focused on in this thesis. Meanwhile, the non-uniformity phenomenon in complex CFB units is 

comprehensively investigated in two symmetrical CFB configurations connected in parallel and series. Sequentially, an integrated 

method to dynamically combine CFD modelling and the process simulation is developed as a solution to improve the CFB 

performance. Specifically, it covers the following five aspects: 

1. The hydrodynamic characteristics in a full-loop dual CFB CLC unit are comprehensively investigated based on the 

Eulerian multi-fluid model to give more detailed information about the flow behaviours.  

2.  The hydrodynamic characteristics in a unique counter-current moving bed full-loop CLC unit are comprehensively 

investigated based on the Eulerian multi-fluid model to study the unique configuration and in-furnace fluidization.  

3. The reaction characteristics in the unique counter-current moving bed full-loop CLC unit are firstly attempt based on 

the hybrid Eulerian- Eulerian-Lagrangian model to study the in-furnace reaction details.  

4. The non-uniformity characteristics of the multiphase flow in two complex CFB units connected in parallel and series, 

respectively, are studied based on the Eulerian multi-fluid model. 

5.  A novel direct integrated method to dynamically combine CFD modelling and the process simulation is developed. A 

case study of real-time regulation of boundary and operating conditions of reactors in complex CFBs is realized. 

These studies contribute to the deep understanding and further optimization of complex CFB systems. 
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Abstract 

Circulating fluidized beds (CFBs) have been widely applied to many chemical 

engineering processes, due to its good gas-solid mixing, wide fuel flexibility, and 

excellent heat and mass transfer performance. Although significant developments have 

been made in understanding the performance using the complex CFB technology during 

the last decades, the detailed inner information cannot be obtained by experiments 

because of complicated flow pattern in the system and backward measuring equipment. 

The present knowledge, understanding, and experience of the complex CFB systems 

mainly come from a limited number of research groups operating small CFB plants. 

Meantime, the lab- or pilot-scale results cannot safely be translated to an industrial scale, 

the performance of the actual industrial CFB unit is still uncertain. With the development 

of computer technology and parallel computing, numerical simulation has become the 

primary method to accelerate the growth of complex CFB technology, reduce the cost of 

design and operating time, and reduce the technical risks. However, present simulations 

are still very limited for the full-loop CFB system, especially in some complex 

configurations with reactions taking place. Among various CFB chemical engineering 

systems, the chemical looping combustion (CLC) system is regarded as one of the most 

promising clean combustion technologies because of the inherent CO2 separation. 

Therefore, the CLC technology, as an example of a complex CFB system, will be focused 

on in this thesis. Meantime, the simulation work of the hydrodynamic and reaction 

behaviours of the counter-current moving-bed CDCL process has not been done yet, and 

details of the flow and chemical reactions have not been revealed and fully understood.  

Besides, the non-uniformity phenomena of gas-solid distribution in symmetrical dual 

CFB systems have not been comprehensively investigated yet. For non-identical CFB 

configurations, the effect of gas-solid non-uniformity on the system stability will 

intensify. Therefore, it is vital to get a deep understanding of the non-uniformity 

phenomenon. Moreover, most CFD simulations on complex CFB systems only reveal 
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microscale phenomena based on separate reactor components. The boundary and 

operating conditions are fixed during the simulation process without considering the 

external adjustment and environment change. For fulfilling the knowledge gap, an 

integrated online regulation method is firstly established to realize the collaborative 

simulation of the transient CFD model and process control algorithm based on Ansys-

Fluent and MATLAB platforms. This thesis aims to provide more detailed in-furnace 

phenomena of complex CFB units, including the hydrodynamic behaviours and chemical 

reactions based on the numerical simulation method. Meanwhile, the optimization of 

boundary conditions and the model set is thoroughly investigated in these CFBs. 

Specifically, it covers the following six aspects: 

1. In chapter 3, a multi-fluid model based on the Eulerian-Eulerian framework is 

used to study the gas-solid hydrodynamics, such as solid distribution, particle 

motion and solid velocity, in a three-dimensional (3D) CLC unit with the 

configuration of dual circulating fluidized bed (DCFB). The influence of four 

different drag force models, including two classic models, i.e., Gidaspow, EMMS 

drag model and two recent drag models, i.e., Rong and Tang drag model, on 

hydrodynamics in DCFB are assessed. Numerical results show that the 

characteristics of solid distribution and velocity in different sections are distinct. 

For qualitative analysis, all the drag models can predict a reasonable radial solid 

distribution and pressure distribution. However, only the EMMS, Rong and Tang 

drag model can capture the phenomenon of dense solid concentration in the low 

part. For quantitative analysis, the solid circulating rate predicted by the EMMS 

drag model is the closest to the experimental value, while the Gidaspow drag 

model shows the most significant deviation. The overall assessments confirm that 

the drag model selection significantly influences the simulations of gas-solid flow 

in DCFBs. This study sheds lights on the design and optimization of fluidized bed 

apparatuses. 
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2. In chapter 4, a multi-fluid model based on the Eulerian-Eulerian framework is 

used to study the gas-solid hydrodynamics in a unique moving-bed Coal-Direct 

Chemical Looping (CDCL) unit. In the CDCL process, iron-based oxygen carriers 

belong to Geldart D particles are used. Such a system has been seldom studied. In 

particular, the study of this part is divided into two steps: firstly, a TFM method 

with the kinetic theory of granular flow (KTGF) is adopted for describing the gas-

solid flows in a bottom-enlarged air reactor of this CDCL process. The model is 

qualitatively and quantitatively validated. The simulation results indicate that the 

oxygen carrier particles show a slugging flow pattern in the bottom section of the 

air reactor, an anti-core-annulus structure in the riser and a periodic fluctuation in 

the whole air reactor. The effects of several variables on the gas-solid flow in the 

air reactor of CDCL unit are also studied, including gas velocity, specularity 

coefficient and different drag models. The simulation results indicate that the 

higher gas inlet velocity can increase the pressure drop over the air reactor and 

significantly influence solid allocation in the bottom regime and the riser. 

Specularity coefficient of zero and Syamlal-O'Brien drag model give the closest 

mass flow rate by comparing with experimental values, indicating that they are 

suitable for the three-dimensional air reactor modelling. This model provides a 

cost-effective tool for better understanding of gas-solid flows of Geldart D particle 

in the air reactor of CDCL systems. Then, the validated model settings are applied 

to build the 3D full-loop moving-bed CDCL unit. Unique fluidization states are 

predicted in different domains of the full-loop system by simulation results. And 

the influences of several boundary conditions on the solid circulation rate and 

pressure distribution are investigated. Compared with the DCFB CLC unit, the 

pressure drop in this moving bed CDCL unit is small which means that the system 

is more stable. Results show that the solid flux through the L-valve is not affected 

when the combustor gas velocity increases from 1.6 m/s to 1.8 m/s. The solid 

circulation rate is controlled by the flow rate of aeration gas on the standpipe of 
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L-valve, which is consistent with the experimental measurements. The 

hydrodynamic behaviours of the unique CDCL unit can be well understood by 

simulation. 

 

3. In chapter 5, a multi-fluid model based on the hybrid of Eulerian-Eulerian-

Lagrangian framework is used to study the reactive flow characteristics in a 

unique counter-current moving-bed CDCL unit, where the unit has been 

introduced in chapter 4. In the CDCL process, iron-based oxygen carriers belong 

to Geldart D particles are used. The reaction characteristics in such a system have 

been seldom studied. The gas mixture and dense oxygen carrier phase are treated 

as the continuum with the two-fluid model (TFM) and the dilute coal powder as 

the discrete element with the Discrete Particle Model (DPM). Multiple 

homogenous and heterogeneous reactions are considered, including redox 

reactions of the oxygen carrier, devolatilization, moisture release and char 

gasification of coal particles, and water-gas shift reaction. The simulation results 

show good agreement with the experimental data. Transport characteristics of 

discrete coal powder in the reducer under cold and hot conditions are compared 

to explain the mechanism of the mixing and separation behaviours between the 

oxygen carrier and coal in the system. A severe gas leakage phenomenon is 

captured by simulations. Meantime, the cause and optimization suggestion of gas 

leakage is given. The distribution of gas-solid species and reaction rates are shown 

to explore the reaction characteristics of this system. This work provides a deep 

understanding of this moving bed CDCL unit and can be used as a tool for further 

designing and optimizing similar CLC processes. 

 

4. In chapter 6, the non-uniformities of symmetrical CFBs with two different 

configurations are comprehensively studied. In section 1,  the maldistribution 

phenomenon of complex symmetrical CFB units with parallel cyclones is deeply 
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investigated by using the Eulerian multi-fluid model. Simulation results verify the 

maldistribution phenomena in parallel symmetrical CFB units, and the model 

settings are validated by experimental data. The maldistribution phenomena are 

discussed and evaluated in terms of bed inventory evolution and gas-solid 

distribution in symmetrical parts. The effects of key operating parameters, 

including total bed inventory, gas aeration rate, and wall roughness on 

maldistribution degree are then studied. Simulation results show that the 

maldistribution degree between the two symmetrical parts increases with the 

increase of total bed inventory and gas aeration rate. And through the analysis of 

pressure fluctuation, the instability of the system is aggravated. However, wall 

roughness does not show a clear influence and tendency. Conclusions in this 

chapter provide an insightful understanding of non-uniformity and help further 

optimize symmetrical complex CFB systems with parallel configuration. In 

section 2, the non-uniformity of complex symmetrical CFB units with series 

configuration is deeply investigated by using the Eulerian multi-fluid model. It is 

known that chemical looping combustion (CLC) units are connected in series. In 

recent years, many CLC units are established based on the symmetrical dual 

circulating fluidized bed (DCFB) where the air reactor (AR) and fuel reactor (FR) 

have identical configurations. The flow pattern may be highly non-uniform in 

these identical symmetrical paths, compromising the stability. In this chapter, the 

non-uniformity in a symmetrical CLC apparatus is studied by setting identical 

boundary conditions. First, the typical non-uniformity phenomenon is evaluated 

through bed inventory evolution and gas-solid distribution in symmetrical parts. 

The effects of key operating parameters, including total bed inventory, gas 

aeration rate, and wall roughness on non-uniformity degree are then studied. The 

simulating results show that the non-uniformity degree between the two 

symmetrical parts increases with the increase of total bed inventory and gas 

aeration rate. And through the R/S analysis, results indicate the degree of non-
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uniformity will be intensified in the predictable short-term future with the increase 

of total bed inventory and gas aeration rate. However, wall roughness does not 

show a clear influence and tendency. This work provides an insightful 

understanding of non-uniformity and will help further optimize symmetrical CLC 

systems. 

 

5. Complex CFB units in industries require continuous monitoring and effective 

control to maintain product specifications and meet safety criteria. In chapter 7, 

an integrated simulation method is firstly established by combining the CFD 

model and process simulation based on Ansys-Fluent and MATLAB platforms. 

An example is conducted based on this method to reduce the degree of 

maldistribution in one symmetrical DRCFB system, studied in chapter 6, through 

online regulation of L-valve aeration rate and the better operating performance 

coupling with the process controller is discussed. This work provides a new 

solution to test and optimize practical industrial CFB processes in economical and 

safe manners. 
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𝐴𝑖 Pre-exponential factor of the rate constant 

𝐸𝑖 Activation energy (J/kmol) 

R Constant of the ideal gases (J/kmolK) 
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Greek Symbols 
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ε Dissipation rate of turbulent kinetic energy (kg/(m s3)) 
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∏
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C1 Constant in turbulence model 

C2 Constant in turbulence model 

∏
ε
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γ
Θs

 
Collisional dissipation rate of the granular fluctuating energy 

(kg/(ms3)) 

Θs Granular temperature (m2/s2) 

αs,max Solids volume fraction at maximum packing state 

 𝜇𝑠 Particle shear viscosity (kg/(m·s)) 

 𝜇𝑠,𝑐𝑜𝑙 Collisional viscosity(kg/(m·s)) 

 𝜇𝑠.𝑘𝑖𝑛 Kinetic viscosity (kg/(m·s)) 

 𝜇𝑠.𝑓𝑟 Frictional viscosity (kg/m·s) 

Φ Angle of internal friction (°) 

ψ Specularity coefficient 

  Thermal conductivity (W/mK) 

𝜏̿  
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g Gas phase 

s Solid phase 

p Discrete particle phase 

rad Radiation 

𝐻2𝑜, 𝑔𝑎𝑠𝑖 Steam gasification 

𝑐𝑜2, 𝑔𝑎𝑠𝑖 𝐶𝑂2 gasification 

CH4, reduc 𝐶𝐻4 reduction 

𝐻2, 𝑟𝑒𝑑𝑢𝑐 𝐻2 reduction 

𝐶𝑂, 𝑟𝑒𝑑𝑢𝑐 𝐶𝑂 reduction 

oxi Oxidation 

wgs Water-gas shift reaction 

Abbreviations 
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CLC Chemical looping combustion 

TFM Two-fluid model 

3D Three-dimensional 

DCFB Dual circulating fluidized bed 
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DPM Discrete Particle Model 

CCS Carbon Capture and Storage 

FR Fuel reactor 

AR Air reactor 

CFD Computational fluid dynamics 

iG-CLC In-situ Gasification Chemical-Looping Combustion 

CLOU Chemical-Looping with Oxygen Uncoupled 

CUT Chalmers University of Technology 

SU Southeast University 

ICB-CSIC Instituto de Carboquímica 

HUST Huazhong University of Science and Technology 

OSU Ohio State University 

KTGF Kinetic theory of granular flow 

DEM Discrete Element Methods 

CSD Cluster structure-dependent drag 

2D Two-dimensional 

BFB Bubbling fluidized bed 

SFB Spouted fluidized bed 

SCR Solids circulation rate 

NETL National Energy Technology Laboratory 

CPFD Computational Particle Fluid Dynamics 

MPPIC Multi-Phase Particle-In-Cell 

DNS Direct Numerical Simulation 

LBM Lattice-Boltzmann method 

IBM Immersed Boundary Method 
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CHAPTER.1 Introduction 

In this chapter, the application of CFB technology in energy production is briefly 

introduced firstly. During energy conversion, greenhouse gas emissions make a severe 

impact on the environment. The process optimization and efficiency improvement of the 

CFB power plant becomes a primary task. The background of promising CLC process, 

as an example of complex CFB systems, is reviewed. The scope and objective of the 

present work are outlined. The structure of the thesis is presented. 
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1.1 Background and motivation 

The circulating fluidized bed (CFB) has been widely applied to various thermal power 

processes, including the combustion [1–3], gasification [4,5], pyrolysis [6,7] of various 

gas and solid fuels, which benefits gas-solid contact, bed-to-wall heat transfer, catalyst 

regeneration, and reaction selectivity. In the past several decades, the CFB configuration 

has come to prominence in terms of major applications of energy production. Optimizing 

the design and operation of the corresponding CFB system is the key factor to improve 

productivity and efficiency, as well as reduce energy loss and exhaust emissions for 

various thermal power plants. 

Over the past decades, carbon dioxide emission has caused the increasing concentration 

of greenhouse gases in the atmosphere and contributed to many irreversible severe 

environmental and health issues, such as the atmospheric warming, sea-level rise and so 

on [8]. The average temperature of the earth has been estimated to increase around 1.6 

degrees over the past century. Therefore, reducing the emission of CO2 has become an 

urgent task currently. Among variable emission sources, the release of CO2 from fossil 

fuel combustion in the large industrial CFB power plant is the essential source. However, 

after the industrial revolution, global energy demand is rapidly expanding. As the world's 

primary energy source, fossil fuel is estimated to account for almost 80% of global energy 

production at the current stage. In the meantime, renewable energy sources, such as the 

biomass, municipal waste, wind and solar [2], have seen rapid growth but have not yet 

replaced the traditional fossil fuels entirely in the current energy market because of a 

higher handling cost. There are still many difficulties in developing nuclear energy like 

the lack of waste management, hazard issues, and public objects [9]. Therefore, the 

continued dependence on fossil fuels for energy supply in the long-term future is 

inevitable. As a result, a considerable amount of CO2 will continue to be generated in the 

foreseeable future. The reduction of CO2 release from the combustion of fossil fuels is a 

primary task.  
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To reduce CO2 emissions, Carbon Capture and Storage (CCS) technology has drawn 

more and more attention, which is an economically attractive method of reducing 

greenhouse gases emissions from the combustion of fossil fuels [10]. Currently, there are 

three primary methods to capture CO2: (i) pre-combustion, which is a technique to 

remove the carbon from the fuel before it is burnt, based on fuel gasification; (ii) oxy-

fuel combustion, which uses oxygen-enriched gas mixture instead of air; and (iii) post-

combustion, in which the CO2 is separated from the flue gases using suitable methods 

[11]. However, the main issue in these processes is the relatively low overall efficiency, 

and as a consequence, a large proportion of the produced energy is consumed by CO2 

separation and compression. Varying with different units, the contribution of CO2 capture 

to the overall CCS cost could be as high as 75% [12]. Therefore, current research 

activities include developing "breakthrough technologies"; lower-cost capture systems 

with smaller energy penalties. 

In recent decades, chemical looping combustion (CLC) technology has been regarded as 

the latest and most promising combustion technology due to its unique property [13]. In 

conventional combustion processes, the fuel usually mixes with air or high concentration 

oxygen in the combustor to produce heat and energy. A massive volume of exhaust gas 

exits from the combustor outlet, consisting of primarily carbon dioxide, steam and 

nitrogen. Separating CO2 from the exhaust gas requires considerable energy and extra 

costs. However, for CLC technology, CO2 separation can be easily achieved because the 

fuel is isolated from the air during the operation process. The net chemical reaction and 

energy release of the CLC process are identical to that of the conventional combustion of 

fossil fuels without the extra CCS cost, where only a small amount of energy is spent on 

solid circulation (0.3% of the total energy released) [14]. 

A typical CLC system has a CFB configuration consisting of two interconnected fluidized 

bed reactors, a fuel reactor (FR) and an air reactor (AR), as illustrated in Fig 1.1. The 

solid oxygen carrier, generally a metal oxide, is usually applied in a chemical looping 
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combustion process to transfer oxygen from the gaseous oxygen source of the air to the 

fuel, effectively avoiding gaseous direct contact oxygen fuel decrease the energy penalty 

of separation. 

In the FR, the fuel is injected into the reactor and releases the volatile matter under the 

high temperature. Then, the raw oxygen carrier is reduced by various volatile gas species, 

and it generally can be simplified in R(1-1) - R(1-3): 

 

𝐶𝑥𝐻𝑦 + 𝑥𝑀𝑒𝑂𝑎 → 𝑥𝐶𝑂 +
𝑦

2
𝐻2 + 𝑥𝑀𝑒𝑂𝑎−1 R(1-1) 

𝐶𝑂 + 𝑀𝑒𝑂𝑎 ↔ 𝐶𝑂2 +𝑀𝑒𝑂𝑎−1 R(1-2) 

𝐻2 +𝑀𝑒𝑂𝑎 ↔ 𝐻2𝑂 +𝑀𝑒𝑂𝑎−1 R(1-3) 

 

R(1-1)-R(1-3) are usually endothermic reactions (ΔH > 0); however, it can be either 

exothermic or endothermic depending on the choice of metal oxide and the fuel used. In 

the AR, the oxygen carrier is oxidized by the oxygen in the air to regenerate the oxygen 

carrier, depicted by R(1-4). 

 

1

2
𝑂2 +𝑀𝑒𝑂𝑎−1 ↔ 𝑀𝑒𝑂𝑎 

R(1-4) 

 

R(1-4) is highly exothermic. The net reaction of an entire cycle is simply a conventional 

combustion reaction. After oxidation in the AR, the regenerated oxygen carrier will be 

transported back to the FR by other accessories, such as the cyclone and downcomer. 

Thus, a circulation loop is formed between the AR and FR, as shown in Fig 1.1. 
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Fig 1.1. Schematic diagram of the CLC process. 

 

Although significant developments have been made in fossil fuel combustion using the 

CLC technology during the last decades, the detailed inner information cannot be 

obtained by experiments because of complicated flow patterns in the system and poor 

measuring equipment. The present knowledge, understanding, and experience of the CLC 

process mainly come from a limited number of research groups operating small CLC 

plants. Besides, because the lab- or pilot-scale experimental experience cannot safely be 

translated to an industrial scale, the performance of the actual industrial CLC unit is still 

uncertain. Having a deep understanding of the dynamic characteristic and reaction 

performance is essential for optimal design and scale-up of the CLC system. With the 

development of computer technology and parallel computing, numerical simulation has 

become the primary method to accelerate the improvement of the CLC technology, 

reduce the cost of design and operating time, as well as reduce the technical risks.  
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1.2 Objectives 

This study aims to unveil the hydrodynamic and thermodynamic characteristics of 

complex CFB systems, mainly taking the CLC processes as the example, and optimize 

the design and operating conditions by simulating the transient flow pattern, heat transfer 

and reactions based on the multi-fluid mathematical model. Meanwhile, the 

characteristics of non-uniformity phenomena in different complex CFB systems, which 

seriously affects the stability of the CFB system, is revealed in detail by simulation. The 

simulation results in this thesis bridge the data gaps missed in the bench-scale and pilot-

scale experiments and provide guidance for industrial units. For optimizing the 

performance and improving the stability of complex CFB systems, an integrated method 

is proposed to realize an online regulation by coupling CFD modelling and process 

simulation. The following points summarise the critical objectives of mathematical model 

study： 

1. To investigate the hydrodynamic characteristics in a full-loop dual CLC unit 

based on the Eulerian multi-fluid model to give more detailed information about 

the flow behaviours.  

2.  To investigate the hydrodynamic characteristics in a unique moving bed full-loop 

CDCL unit based on the Eulerian multi-fluid model to study the unique 

configuration and multiple fluidization states.  

3. To investigate the reaction characteristics in the unique counter-current moving 

bed full-loop CDCL unit based on the hybrid Eulerian-Eulerian-Lagrangian 

model.  

4. To investigate the non-uniformity characteristics of the gas-solid distribution in a 

complex DCFB unit with parallel configuration based on the Eulerian multi-fluid 

model. The influences of several parameters on the degree of non-uniformity are 

investigated.  
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5. To investigate the non-uniformity characteristics of the gas-solid distribution in a 

complex DCFB unit with the series configuration based on the Eulerian multi-

fluid model. The influences of several parameters on the degree of non-uniformity 

are investigated.  

6.  To develop a novel integrated method to dynamically coupling the CFD 

modelling and the process simulation and realize the online regulation of 

boundary and operating conditions in complex CFB systems. This method is a 

solution to adjust the CFB issue during operating and further improve production 

efficiency.  

 

1.3 Thesis structure 

Based on the objectives of this work, the rest of the thesis is organized as follows: 

Chapter 2 firstly presents a brief introduction about the basics and characteristics of the 

CFB technology, and the applications of various CFB chemical engineering processes are 

summarised. Then, the CLC process, as one of the most advanced and concerned CFB 

technologies, is focused on in this chapter. The developments about the CLC process, 

including the experimental and numerical studies for different units, are reviewed in detail.  

In Chapter 3, a multi-fluid model based on the Eulerian-Eulerian framework is used to 

study the gas-solid hydrodynamics in a full-loop DCFB CLC unit. The multiple 

fluidization states are predicted by simulation results. The influence of two classical and 

two recent drag force models on gas-solid hydrodynamics in DCFB are assessed by 

comparing with the experimental data. 

In Chapter 4, a multi-fluid model based on the Eulerian-Eulerian framework is used to 

study the gas-solid hydrodynamics in a full-loop moving-bed CDCL unit. In this chapter, 

the study is divided into two steps: Firstly, a 3D CFD model is used to investigate the 
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gas-solid flow in the air reactor of a CDCL unit used in this chapter. The unique 

fluidization state of Geldart type D particle is detailed studied. The effects of several 

variables in terms of the operation condition and model selections on the gas-solid flow 

in the air reactor are also explored, including gas velocity, specularity coefficient and 

different drag models. The model is qualitatively and quantitatively validated. Secondly, 

the validated model settings are applied to build the 3D full-loop moving-bed CDCL unit. 

Unique fluidization states are predicted in different domains by simulation results and are 

consistent with the actual experiments. And the influence of several boundary conditions 

on the solid circulation rate and pressure distribution are investigated. Also, the dominant 

factor of solid circulation rate is obtained by simulation results. 

In Chapter 5, a multi-fluid model based on the hybrid of Eulerian-Eulerian-Lagrangian 

framework is used to study the reactive flow characteristics in a unique counter-current 

moving-bed CDCL unit. In the CDCL process, iron-based oxygen carriers, which belong 

to Geldart D particles, are used. The reaction characteristics in such a system have been 

seldom studied. The gas mixture and dense oxygen carrier phase are treated as the 

continuum with the two-fluid model (TFM) and the dilute coal powder as the discrete 

element with the Discrete Particle Model (DPM). Multiple homogenous and 

heterogeneous reactions are considered, including the redox reaction of the oxygen carrier, 

devolatilization, moisture release and char gasification of coal particles. Transport 

characteristics of discrete coal powder in the reducer under cold and hot conditions are 

compared to explain the mechanism of the mixing and separation behaviours between the 

oxygen carrier and coal in the system. A severe gas leakage phenomenon is captured by 

simulations, and the cause and optimization suggestion of the gas leakage are discussed 

in this section. The distribution of gas-solid species and reaction rates are shown to 

explore the reaction characteristics of this system. This work provides a deep 

understanding of this unique counter-current moving bed CDCL unit and can be used as 

a tool for further designing and optimizing similar CLC processes. 
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In Chapter 6 and 7, the non-uniformity characteristics of complex symmetrical DCFB 

units are deeply investigated in both parallel and series connection configurations using 

the Eulerian multi-fluid model. The non-uniformity phenomena in two symmetrical 

DCFB units are all verified by simulation, and the model set is validated by experimental 

data. The non-uniformity phenomena are discussed and evaluated in terms of bed 

inventory evolution and gas-solid distribution in symmetrical parts. The effects of critical 

operating parameters, including total bed inventory, gas aeration rate, and wall roughness 

on non-uniformity degree are then studied. This chapter provides an insight 

understanding of non-uniformity phenomena in complex CFB systems and reminds 

researchers to pay attention to the impact of this inevitable phenomena in the future study. 

In Chapter 8, an integrated method is firstly established by combining the CFD modelling 

and process simulation dynamically. For illustrating the feasibility of this method, a 

collaborative simulation is conducted to reduce the degree of maldistribution in one 

symmetrical DRCFB system, which has been investigated in chapter 6, through online 

regulation of L-valve aeration rate based on Ansys-Fluent and MATLAB. The better 

operating performance after coupling with the process controller is obtained. This work 

provides a new method to test and optimize practical industrial CFB processes. More in-

depth research can be carried out based on the work of this chapter. 

Chapter 9 concludes the results and contribution of the research on the numerical 

simulation of complex CFB systems. Future works for future developments and the 

optimization of CFB related upgrading and application are presented. 

To help better overview of the thesis structure, Fig 1.2 shows the diagram of the thesis 

structure. 



1
0
 

 

 

 

Fig 1.2. Thesis structure.
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CHAPTER.2 Literature Review 

In this chapter, firstly, the basics and characteristics of CFB technology are introduced, 

and the applications of CFB technology in the actual industrial processes are briefly 

summarised. Sequentially, the basics of the CLC process with the solid fuel, as an 

example of advanced complex CFB systems, are introduced, and the experiments and 

simulations of the chemical looping combustion technology are reviewed. Besides, the 

summary and gap of current research work are discussed.  
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2.1. Basics of the circulating fluidized bed  

The CFB unit has been widely applied to various chemical engineering processes, 

including coal and biomass gasification/combustion [1–3], catalytic cracking [15,16] and 

Fischer–Tropsch synthesis [17,18], which benefits gas-solid contact, bed-to-wall heat 

transfer, catalyst regeneration, and reaction selectivity. A typical CFB unit generally 

consists of a riser (usually operates in fast fluidization regime) as the main reactor, one 

or several cyclone separators where coarser particles are captured from the product gas 

and returned to the bottom of the riser through a standpipe and an air-driven loop seal, as 

shown in Fig 2-1(a). To meet the demand of the processes that need distinct reactive 

environments, the dual reactor circulating fluidized bed (DCFB) technology is developed 

for some complex chemical engineering processes. As depicted in Fig. 2-1(b), there are 

two reactors in the CFB system to form a solid circulating loop, where the solid material 

is mainly a catalyst, reactant or thermal energy carrier. Depending on relative pressures, 

a DCFB can have an additional solid recycle valve between the two reactors. In Table 2-

1, key features that distinguish CFB reactors from other typical fluidized bed reactors can 

be compared definitely. 

 

(a) (b) 

Fig 2.1. Typical CFB configurations.

https://www.sciencedirect.com/topics/engineering/fluidization
https://www.sciencedirect.com/topics/engineering/cyclone-separator
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Table 2-1 Key features that distinguish CFB reactors from other typical fluidized bed reactors [19]. 

 Low-velocity fluidized bed 

reactors 
Circulating fluidized bed 

Dilute-phase transport 

reactors 

Operation 

Particles spend substantial time 

(minutes or hours) in the main reactor 

vessel. Occasional excursions occur 

through cyclone and standpipe. 

Particles repeatedly pass through the 

recirculating system; residence time in 

the main vessel for each circuit is counted 

in seconds. 

Once-through system 

Fluidization regime 

Bubbling, slugging or turbulent 

fluidization, with a distinct upper 

interface 

Usually fast fluidization, though the 

bottom of the reactor may correspond to 

turbulent fluidization conditions or even 

bubbling 

Dilute transport conditions 

Range of superficial 

gas velocity 
Below generally, 2m/s Usually, 3 to 16 m/s Usually, 15 to 20 m/s 

Mean particle size 0.03 to 3 mm Usually, 0.05 to 0.5 mm Typically, 0.02 to 0.08 mm 

Solid circulating flux Low, generally 0.1 to 5 kg/m2s Substantial, e.g., 15 to 1000kg/ m2s Up to 20 kg/ m2s 

Void 
Typically, 0.6 to 0.8 in bed. Much 

higher in freeboard above the bed 

Typically, 0.8 to 0.98 averaged over the 

riser 
Generally, >0.99 

Gas mixing 
Substantial axial dispersion; complex 

two-phase behaviour 

Some gas downflow near walls typically 

results in intermediate gas mixing 
Very little axial dispersion 
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2.2. Advantages and disadvantages of the circulating fluidized 

bed 

CFB reactors (such as combustor, gasifier and pyrolizer) have many unique features that 

make them more attractive than other solid fuel power plants. These advantages include 

the following: 

• Fuel flexibility is a major attractive property of CFB reactors, especially in the 

current market, where the price and availability of fuels fluctuate widely.  

• The conversion efficiency of a CFB reactor is higher than that of a bubbling 

fluidized bed (BFB) reactor. Several features contribute to the high conversion 

efficiency of CFBs including better gas-solid mixing, higher burning rate and 

continuous recirculation of hot unburnt carbon particles to the furnace's base. 

• Sulphur capture in a CFB is more efficient than that in the BFB reactor. A typical 

CFB reactor unit can capture nearly 90% of the SO2 with only 1.5–2.5 times the 

stoichiometric amount of sorbent, while a BFB reactor may require 2.5–3.5 or 

more for the 90 % capture. 

• The emission of nitrogen oxides in a CFB unit is lower than that in other typical 

fluidized bed reactors. It is a direct result of low combustion temperature and 

staged combustion air supply. 

• A high heat-release rate per unit furnace cross section is a significant advantage 

of the CFB boiler. A BFB boiler requires a furnace grate area 2–3 times larger 

than a CFB boiler for a given thermal output. 

• The fuel feed system is simplified in a CFB boiler due to its relatively fewer feed 

points. It requires less grate area for a given thermal output. Furthermore, good 

mixing and the extended combustion zone allow one feed point to serve a grate 

area much larger (>10 m2/feed) than that in other typical fluidized bed reactors. 

• A high fluidizing velocity and easy control of heat absorption allow the quick 

response of CFB boilers to varying loads. 
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Disadvantages of the CFB reactor are: 

• They require significant heights for sufficient gas residence time because of their 

high gas velocities. 

• The higher gas velocities can cause more tube erosion and solids attrition. 

• A slightly higher emission of carbon monoxide and minimal decrease in 

combustion efficiency 

• The level of automation control is required to be higher. Compared with 

conventional fluidized bed reactor, CFB reactor automatic control requirements 

than the same level of the fluidized bed furnace. 

To sum up, due to a series of advantages of CFB reactors, it is crucial and necessary to 

improve the CFB performance by further optimization of the design and operation 

condition and reduce the effect of CFB disadvantages. Many efforts have been made in 

the practical industry and academic research. 

2.3. Applications of the circulating fluidized bed system 

The unique characteristics and advantages of CFB reactors have attracted much attention, 

resulting in broad applications in many chemical engineering processes. Several typical 

CFB applications in the actual industrial processes are briefly introduced in this section. 

2.3.1 CFB combustion process 

The CFB technology was first used for the coal combustion process because of its unique 

ability to handle low-quality, high-sulphur coals. This technology has been a commercial 

topper for over the last 60 years. Principles and applications for the operation of large 

scale CFB units are numerous and widespread. So far, approximate 8000 CFB 

combustors, most burning coals, have been put in industrial processes worldwide.  

Fig 2.2 shows a typical example of a modern CFB combustion industrial process. During 

the CFB combustion process, raw coal particles are fluidized by high-velocity air at the 

bottom region. Therefore, sufficient mixing and heat transfer between solid fuel and gas 

can be achieved. The fluidized solid fuel burns in a relatively low-temperature 
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environment and generates a large amount of heat. The low in-furnace temperature limits 

the formation of nitrogen oxides during the combustion process whilst the limestone can 

be used to absorb SO2 formed during the combustion process. The heat generated from 

the combustion process boils the water into high-energy steam in the water tubes, which 

can be used to drive a steam turbine for power generation. The cyclone separator is used 

to separate the entrained ash and unburnt coal particles from the flue gas and return them 

to the combustor's bottom. 

 

Fig 2.2. A CFB combustion power generation plant. 

 

2.3.2 CFB fluid catalytic cracking process  

Due to the increasing demand for refinery products combined with the decreasing quality 

of crude oils and tighter product specifications of environmental constraints, the fluid 

catalytic cracking (FCC) unit plays a vital role in the economy of a modern refinery 

industry, as the primary conversion process of crude oil to lighter products [20]. FCC can 

process a wide range of feedstocks and is suitable to operate in unique campaigns that 

may soon include coprocessing renewable feedstocks [21–23]. Up to date. More than 400 

FCC units are operated around the global [24]. 

https://www.sciencedirect.com/topics/engineering/lighter-product
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A series of complex reactions occur when a large gas oil molecule contacts the FCC 

catalyst. The whole process can be divided into three steps: reaction, product separation, 

and regeneration. A typical layout of the FCC process is shown in Fig 2.3. In this cyclic 

process, gas oils from vacuum distillation towers and residues from atmospheric 

distillation towers are converted into lighter products. One of the desired products is 

cracked naphtha, the major constituent of the gasoline pool [19]. Operating conditions 

comprise high reaction temperatures in the range of 750-800 K and pressures close to 

atmospheric conditions. Lifting productivity, increasing energy efficiency, and 

minimizing operating costs are also future objects to FCC units' profitability. 

 

Fig 2.3. A CFB FCC process flow diagram. 

 

2.3.3 CFB gasification process  

Typical coal gasification involves converting coal particles and air (or high-purity oxygen) 

into a series of gaseous products, mainly including CO, H2, CO2, H2O, CH4 and N2, and 

mineral residues. Gasification is an efficient way to improve the solid fuel quality by 

converting it into a gas fuel. The typical gasification process, as shown in Fig 2.4, can be 

https://www.sciencedirect.com/topics/engineering/process-flow-diagram
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divided into the several steps. Firstly, the moisture in the solid feedstock is released at a 

temperature which is strongly relevant to the pressure inside the furnace. Then, the 

multiple organic components in the solid fuel decompose to the oxygen-deprived 

atmosphere at elevated temperatures (600–900 K) [25]. This results in the release of light 

gases (volatile matter) and high molecular-weight hydrocarbons (tar) and the formation 

of a carbonized residue (char). Sequentially, the volatile matter species and some of the 

char react with oxygen in the air or high purity oxygen to form CO2, CO and H2O, and 

produces heat for the subsequent gasification reactions. Finally, the remaining char 

residue reacts with CO2 and H2O in the furnace to produce the syngas with a high CO and 

H2 content. 

Currently, a number of large-scale CFB plants are being built or commissioned to prove 

the good performance of gasification technology. For example, gasification can be 

combined with power generation using IGCC power plants to efficiently and cleanly 

generate energy. Large energy companies, such as Shell, GE, ConocoPhillips, and 

Siemens, have built many IGCC facilities around the world [26]. Compared with 

incineration and combustion of the solid fuel, the utilization of syngas produces less solid 

waste and emits fewer harmful gases into the atmosphere [27]. Besides, the gasification 

process installs small, low-cost, efficient reactors to reduce storage and transport costs. 

 

Fig 2.4. A CFB gasification power generation plant. 
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2.3.4 CFB pyrolysis process  

Pyrolysis technology is an old power technology and has been applied for thousands of 

years. The pyrolysis process directly gives high yields of liquids of up to 75 wt.%, which 

can be directly used in a variety of applications [7] or used as an efficient energy carrier. 

In the last 30 years, the fast pyrolysis at moderate temperatures of around 500 °C and 

very short reaction times of up to 2 s has attracted the considerable interest from the 

industry [6].  

Coal pyrolysis is a thermal decomposition process occurring in the absence of O2 

environment. It mainly can be divided into three operating environments: (1) lower 

reaction temperatures and longer vapour residence times are beneficial for the production 

of charcoal, (2) moderate temperatures and short vapour residence time are optimum for 

producing liquid products, and (3) high temperatures and longer residence times improve 

the solid fuel conversion. Three types of products are always produced simultaneously, 

but the proportions can be varied over a wide range by adjustment of the process 

parameters. The CFB pyrolizer can lead to higher char contents in the collected bio-oil 

unless more extensive char removal is included because the residence time of the char 

particles is almost the same as the vapours in the system, and the attrition of char particles 

is more severe due to the higher gas velocities. A typical layout of CFB pyrolysis process 

is shown in Fig 2.5. Although the hydrodynamics of CFB pyrolizer are more complex, 

this technology has been widely used at very high throughputs in the petroleum and 

petrochemical industry. 
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Fig 2.5. A CFB pyrolysis power generation plant. 

To sum up, the CFB is an advanced reactor configuration for many chemical engineering 

processes and has been widely applied in current industrial processes. CLC technology is 

a promising combustion technology among various chemical engineering processes and 

has been a hot concern in recent years due to its excellent performance. Meantime, all the 

CLC processes are made up of a complex CFB configuration. In this thesis, the CLC 

process is taken as the main example to study both hydrodynamic and thermodynamic 

behaviours of complex CFB system. 

2.4. Basics of the CLC process with solid fuel  

Solid fuels have been widely used in the CLC systems, such as coal, petroleum coke, 

solid wastes or biomass, which are considerably more abundant and less expensive than 

natural gas. Comparing with the gaseous fuel, the CLC process with solid fuels is more 

complicated because of the heterogeneous material and multiple organic matters (carbon, 

hydrogen, oxygen, nitrogen, and sulphur) and mineral matter (ash, subsequent to 

combustion and gasification). In most CLC units with the solid fuel, the solid feedstock 

is directly fed into the FR and mixed with the oxygen carrier material. The combustion 

of solid fuels using chemical looping technology has been commonly performed using 
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two different approaches. One approach is the in-situ Gasification Chemical-Looping 

Combustion (iG-CLC), where the gasification of the solid fuel takes place in-situ by 

fluidization agent after injection into the FR. The other approach is the so-called 

Chemical-Looping with Oxygen Uncoupled (CLOU) process, where the solid fuel is 

burned with gaseous oxygen released by the oxygen carrier in the FR. The detailed 

reaction processes are described below. 

2.4.1 In-situ Gasification Chemical-Looping Combustion (iG-CLC) 

The iG-CLC concept (Fig 2.6), has been widely used in many CLC units due to the 

potential to obtain higher power efficiencies and lower costs than other evaluated 

technologies [28]. 

  

Fig 2.6. Scheme of the iG-CLC process for solid fuel combustion. 

In this approach, the solid fuel particles are fed into the hot FR and mixed with a large 

amount of oxygen carrier particles. With the increase of temperature, the devolatilization 

of raw coal takes place first, releasing the volatile matter (R(2-1)): 
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𝐶𝑜𝑎𝑙 → 𝑉𝑜𝑙𝑎𝑡𝑖𝑙𝑒 𝑚𝑎𝑡𝑡𝑒𝑟 + 𝐶ℎ𝑎𝑟 R(2-1) 

 

Subsequently, char is generated and continues to flow in the FR under the action of 

various forces (gravity, drag, lift and so on). The solid-solid reaction between char and 

oxygen carrier can take place if a close contact between solid particles is ensured. 

However, this interaction is not relevant for most of FRs in CLC units where the gas-

solid contact is dominant contact mode. Therefore, steam or carbon dioxide is supplied 

as fluidization agent to promote char gasification reaction and release of gasification 

products (H2/CO) (R(2-2), R(2-3)).  

 

 

Next, the oxygen-carrier is reduced by volatiles and gasification products in the FR (R(2-

4), R(2-5), R(2-6)) 

 

𝐶𝑥𝐻𝑦 + 𝑥𝑀𝑒𝑂𝑎 → 𝑥𝐶𝑂 +
𝑦

2
𝐻2 + 𝑥𝑀𝑒𝑂𝑎−1 

R(2-4) 

𝐶𝑂 +𝑀𝑒𝑂𝑎 ↔ 𝐶𝑂2 +𝑀𝑒𝑂𝑎−1 R(2-5) 

𝐻2 +𝑀𝑒𝑂𝑎 ↔ 𝐻2𝑂 +𝑀𝑒𝑂𝑎−1 R(2-6) 

 

The reduced oxygen carrier then is transported to the AR and is oxidized by the air to 

regenerate the new oxygen carrier, depicted by R(2-7). 

1

2
𝑂2 +𝑀𝑒𝑂𝑎−1 ↔ 𝑀𝑒𝑂𝑎 

R(2-7) 

𝐶ℎ𝑎𝑟 + 𝐻2𝑂 → 𝐻2 + 𝐶𝑂 R(2-2) 

𝐶ℎ𝑎𝑟 + 𝐶𝑂2 → 2𝐶𝑂 R(2-3) 
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Among these reactions, the gasification step of the char is the limiting step in the coal 

conversion in the FR. 

2.4.2 Chemical-Looping with Oxygen Uncoupling (CLOU) 

Due to the slow char gasification rate in the iG-CLC process, another approach is newly 

proposed in recent years, called the Chemical-Looping with Oxygen Uncoupling (CLOU) 

process. The implementation of the CLOU process is based on the special property of an 

oxygen-carrier which can release gaseous oxygen directly to the FR and the solid fuel can 

be burnt by gaseous oxygen (Fig. 2.7). In this way, the limited gasification rate in the iG-

CLC is avoided and a much faster solid conversion is obtained. Moreover, it has been 

proven that less amount of the oxygen carrier is consumed in the CLOU system, which 

is beneficial to reduce the reactor size and operation costs. 

 

 

Fig 2.7. Schematic of the CLOU process for solid fuel combustion. 
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In this method, the oxygen carrier particle releases the gaseous oxygen through R(2-8) 

first: 

 

𝑀𝑒𝑂𝑎 ↔ 𝑀𝑒𝑂𝑎−1 +
1

2
𝑂2 

R(2-8) 

 

Then, the solid fuel reacts with the gaseous oxygen directly, as the conventional 

combustion process, and produces the CO2 and steam: 

 

𝐶𝑥𝐻𝑦 + (𝑥 +
𝑦

4
)𝑂2 → 𝑥𝐶𝑂2 +

𝑦

2
𝐻2𝑂 R(2-9) 

 

Finally, same as the R(2-7), the reduced oxygen carrier is transported to the AR where it 

reacts with the gaseous oxygen in the combustion air. 

Many advantages of the CLOU process have been proposed by comparing with the iG-

CLC process. Due to the unique characteristics of the oxygen carrier material, the 

experience in operating the CLOU process to burn solid fuels is still very limited. 

2.5. Status development of chemical looping combustion units 

The 10 kWh CLC unit with solid fuel at the Chalmers University of Technology (CUT) 

designed by Berguerand and Lyngfelt (2008) [29] is the first successful attempt to realize 

the 22 h continuous operation. In the last decade, many CLC plants have been built and 

tested worldwide. Many researchers have carried out amounts bench-scale or pilot-scale 

experiments to explore the characteristics of flow, heat transfer, and mass transfer inside 

various CLC units. By 2020, there are 22 testing CLC plants worldwide burning solid 

fuels, ranging from 0.5 kWh to 4 MWh. The total operational time has exceeded 4000 h 

for over 100 experiments. Many researchers have conducted fundamental experiments to 

find out optimum operating conditions of industrial units. The typical CLC units will be 

described in the following sections. For understanding the development of multiple CLC 
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processes clearly, several representative CLC processes with different configurations in 

different research groups are introduced. 

2.5.1 Chalmers University of Technology (CUT, Sweden) 

The first attempt of 10 kWh CLC system with solid fuels was started in 2008 by 

Berguerand and Lyngfelt at CUT [29]. They tested the combustion of bituminous coal 

and petcoke in a 10 kWh experimental rig for solid fuels. The significant changes to adapt 

CLC to solid fuels were related to the fuel-reactor design and the type of oxygen-carrier. 

This plant comprised two interconnected fluidized bed as an oxidizer (AR) and reducer 

(FR), as shown in Fig 2.8. The reducer consisted of three chambers: a bubbling fluidized 

bed (BFB) where coal particles were devolatilized and gasified at a low-velocity 

condition, a carbon stripper where oxygen carrier particles and unburnt coal particles can 

be separated, and a high-velocity domain where char can be conveyed back to the reducer 

via a small cyclone separator. The oxidizer was a riser reactor to regenerate oxygen carrier 

and entrain particles back to the reducer. Different solid fuels: bituminous coal, petroleum 

coke and wood char had been successfully tested in this unit by mainly using Fe-based 

oxygen carriers. Meantime, the performances of several different oxygen carriers were 

also tested by experiments, such as manganese ore and ilmenite based on this unit. Many 

operational parameters variations, such as particle circulation, fluidizing velocities, fuel 

load and fuel reactor temperature were tested, and the influence on the operation 

performance include CO2 capture, solid fuel and gas conversions from the fuel reactor 

were discussed. 

Although some significant practical problems were observed during experiments, such as 

fuel feeding and gas analysis, this first continuous test provided proof of concept for 

chemical-looping combustion of solid fuels. Relevant experimental experiences for the 

10 kWh CLC unit at CUT can be found in Table 2-2. 
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Fig 2.8. Sketch of 10 kWh CLC system at CUT: air reactor (a), riser (b), air reactor 

cyclone (c), and fuel reactor (d) [29].
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Table 2-2 Experiments of 10 kWh CLC unit at CUT. 

Operator Total operation Solid fuel Oxygen carrier Process Year 

CUT, Sweden [29,30] 

22h (coal) 

11h (Petcoke) 
Coal/Petcoke 

Ilmenite  iG-CLC 2008 

CUT, Sweden [31] 44h Petcoke Ilmenite  iG-CLC 2009 

CUT, Sweden [32] - Petcoke CuO CLOU 2009 

CUT, Sweden [33] 

4h (mixture) 

4h (FeTiO3) 

Petcoke Lime+ ilmenite iG-CLC 2011 

CUT, Sweden [34] 

28.5h (Ilmenite) 

10.5h (Mn ore) 
Coal/Petcoke 

Ilmenite  

Manganese ore  

iG-CLC 2012 

CUT, Sweden [35] 

9.2h (Mn ore) 

6h (Mn ore + lime) 

Petcoke 

Manganese ore 

Manganese ore+ lime 

iG-CLC 2013 
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CUT, Sweden [36] 29h 

Petcoke/Wood char 

 

Calcium Manganate CLOU 2014 

CUT, Sweden [37] 

16h (Mangagran) 

14.6h (Sinfin) 

11.5h (Mesa) 

Petcoke/Wood char 

Mangagran 

Sinfin 

Mesa 

iG-CLC 2016 

CUT, Sweden [38] 32h 

Wood char/Coal 

Petcoke/Lignite 

Manganese-silicon-titanium iG-CLC 2018 

CUT, Sweden [39] - Biomass Ilmenite   iG-CLC 2020 
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Lyngfelt et al. [40,41] built a 100 kWh CLC experimental unit for solid fuels in 2012. 

This unit contained two interconnected circulating fluidized beds, as shown in Fig 2.9. 

There was also one crucial component called carbon stripper, which had four chambers 

for high-efficiency separation of char particles. The FR was 5 m high with an inner 

diameter of 0.154 m, and the AR was 4 m tall with a riser having the same size as the fuel 

reactor and an expanded bottom section with a diameter of 0.4 m. Firstly, the oxygen 

carrier particles were entrained by the high-velocity gas introduced from the bottom of 

the AR (riser). A reasonable solid circulation rate can be obtained by adjusting the inlet 

gas velocity of AR and FR. The oxygen carrier used was ilmenite, an iron-titanium oxide. 

Coal was fed directly into a loop seal, leading to the fuel reactor, through a set of screws. 

All parts of the unit were fluidized with steam, except for the air reactor, which was 

fluidized with air, and the loop seal with the fuel insertion, which was fluidized with 

nitrogen. Gas conversion, solid fuel conversion and carbon capture efficiency were 

discussed under different operating conditions. Through a series of experimental studies, 

the operation had been proven stable and the CO2 capture efficiency was high. These 

works showed the first extended operation of chemical looping combustion with solid 

fuels in the 100 kWh scales. The operational experience gave a strong indication that the 

process is viable. Relevant experimental experiences for the 100 kWh CLC unit at CUT 

can be found in Table 2-3. 
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Fig 2.9. A 2D and 3D sketch of the 100 kWh unit at CUT [40,41].  

.
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Table 2-3 Experiments of 100 kWh CLC unit at CUT 

Operator Total operation time Solid fuel Oxygen carrier Process Year 

CUT, Sweden [40,41] 
10h (cold) 

70min (hot) 
Coal Ilmenite iG-CLC 2012 

CUT, Sweden [42] 20h Coal ilmenite iG-CLC 2013 

CUT, Sweden [43] 8 ~32min 
Coal 

Petcoke 
Ilmenite iG-CLC 2014 

CUT, Sweden [44] 
31h (wood char) 

3.5h (coal) 

Wood char 

Coal 
Ilmenite iG-CLC 2014 

CUT, Sweden [45] 12h Coal Ilmenite iG-CLC 2014 

CUT, Sweden [46] 18h 
Wood char 

Coal 
Ilmenite+ Manganese ore iG-CLC 2016 

CUT, Sweden [47] 51.5h 

Wood char 

Coal 

Petcoke 

Sinaus iG-CLC 2017 
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CUT, Sweden [48] 18.6h Biomass calcium manganite + ilmenite iG-CLC 2019 
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2.5.2 Southeast University (SU, China) 

The research group of Professor Shen at Southeast University (SU) has built and tested 

two CLC units for 1 and 10 kWh, respectively. These two units have a similar 

configuration for the AR using a riser and fuel reactor using a spouted bed, as shown in 

Fig 2.10. These two units have been successfully tested using coal and biomass as solid 

fuels and Fe-based with Ni-based oxygen carriers. 

In 2009, a 1 kWh CLC process for coal using interconnected fluidized beds was proposed 

at SU, China. It is composed of a high-velocity fluidized bed as AR, a cyclone, and a 

spout-fluid bed as FR. The AR is connected to the spout-fluid bed through a cyclone. 

There are two reduction paths in the FR, direct reduction of oxygen carrier by coal and 

indirect reduction by the syngas of coal gasification. The AR is a circular column of 20 

mm in inner diameter and 1600 mm in height. The FR is a rectangular bed, with a cross 

section of 50×30 mm2, and a height of 1000 mm. The loop-seal connects the FR with the 

AR, and it is a rectangular bed with a cross section of 34×30 mm2, and a height of 370 

mm. For improving the coal conversion efficiency, a spout-fluid bed is adopted for the 

FR instead of a BFB, because of strong solids mixing and long residence time of coal 

particles in the spout-fluid bed. Relevant experimental experiences of the 1 kWh CLC 

unit at SU can be found in Table 2-4. 

In the same year, a 10 kWh CLC process for biomass was conducted in a continuous 

interconnected fluidized bed. It has a similar configuration with the 1 kWh one, which is 

composed of a fast fluidized bed as AR, a cyclone and a spouted bed as FR. The inner 

diameter of AR is 50 mm, and the height is 2000 mm with a perforated plate as the air 

distribution. The cross section of the FR is 230 ×40 mm2, and the height is 1500 mm. The 

inner seal with a cross area of 23 × 40 mm2 allows particles movement from the reaction 

chamber to the AR and prevents the bypassing of the flue gas from the AR to the FR. 

Relevant experimental experiences can be found in Table 2-5. 

 

 

 

https://www.sciencedirect.com/topics/chemical-engineering/fluidized-bed
https://www.sciencedirect.com/topics/engineering/indirect-reduction
https://www.sciencedirect.com/topics/engineering/syngas
https://www.sciencedirect.com/topics/engineering/coal-gasification
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Fig 2.10. Sketch of 1 kWh and 10 kWh CLC system at SU [49][50]. 

 

 



3
5
 

 

 

Table 2-4 Experiments of 1 kWh CLC unit at SU. 

 

Operator Total operation time Solid fuel Oxygen carrier Process Year 

SU, China [49] - Coal NiO IG-CLC 2009 

SU, China [51] 30h Coal NiO/Al2O3 IG-CLC 2010 

SU, China [52] - Coal/Biomass Iron ore IG-CLC 2011 

SU, China [53] - Coal NiO/Al2O3 IG-CLC 2012 

SU, China [54] 20h Coal Natural hematite IG-CLC 2013 

SU, China [55] 2h Coal K2CO3-modified iron ore IG-CLC 2014 

SU, China [56] - Coal Iron ore IG-CLC 2015 

SU, China [57] 5h Coal CaO-modified iron ore IG-CLC 2015 

SU, China [58] 10h Coal Natural hematite IG-CLC 2015 

SU, China [59] 5h Sewage sludge/Coal Natural hematite IG-CLC 2016 

SU, China [60] - Sewage sludge Iron ore IG-CLC 2019 
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Table 2-5 Experiments of 10 kWh CLC unit at SU. 

Operator Total operation time Solid fuel Oxygen carrier Process Year 

SU, China [50] 30h Biomass Iron oxide IG-CLC 2009 

SU, China [61] 100 h Coal NiO/Al2O3 IG-CLC 2009 
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2.5.3 Instituto de Carboquímica (ICB-CSIC, Spain) 

The research group from the Consejo Superior de Investigacions Cientificas (ICB-CSIC) 

had successfully run two CLC units with lab- and pilot scales. These two CLC units can 

be operated both in iG-CLC and CLOU modes. The first experimental continuous CLC 

unit (nominal power 0.5 kWh in iG-CLC and 1.5 kWh in CLOU) [62] was shown in Fig 

2.11. It was composed of two interconnected fluidized-bed reactors as the AR and FR, 

respectively. Two reactors were connected by a loop seal and a riser was used for solids 

transport from the AR to the FR, a cyclone and a solids valve were adopted to control the 

solids circulation flow rate in the system. 

The AR consisted of a bottom BFB with 80 mm of inner diameter and 100 mm height 

and followed by a riser with 30 mm diameter. The FR consisted of a BFB with 50 mm 

diameter and 200 mm height. Another 50 kWh CLC unit [63] for solid fuels was 

performed in 2014. The unit also can be operated both in iG-CLC and CLOU modes, with 

the power of 20 kWh for iG-CLC and 50 kWh for CLOU process. It was composed of 

two interconnected circulating fluidized beds as the AR and FR. a carbon stripper was 

contained to improve the carbon capture efficiency. The AR consisted of a bottom BFB 

with 30 cm of inner diameter and followed by a riser with 10.2 cm diameter. The total 

height of the AR was 4.80 m.  The FR consisted of a BFB with 11.2 cm diameter and 

followed by a riser with 8.1 cm diameter and the total height was 4.15 m. Extensive 

experiments were performed using two CLC units to test different materials of the oxygen 

carrier, solid fuel types and methods to limit pollutant emissions. Relevant experimental 

experiences for the CLC processes at ICB-CSIC can be found in Table 2-6 and Table 2-

7. 

 

 

 

 

 

 

javascript:void(0)
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(a)  (b)  

Fig 2.11. Sketch of lab-scale [62] and pilot-scale [63] CLC system at ICB-CSI.
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Table 2-6 Experiments of 1.5 kWh CLC unit at ICB-CSIC 

Operator Total operation time Solid fuel Oxygen carrier Process Year 

ICB-CSIC [62] 43h Coal Fe2TiO5, Fe2O3, TiO2 iG-CLC 2011 

ICB-CSIC [64] 35h Coal FeTiO3 iG-CLC 2011 

ICB-CSIC [65] 30h Coal CuO, MgAl2O4 CLOU 2012 

ICB-CSIC [66] - Coal FeTiO3 iG-CLC 2012 

ICB-CSIC [67] - Coal Cu60MgAl CLOU 2013 

ICB-CSIC [68] - Coal 

Fe2O3, β-Al2O3 

Cu60MgAl 

iG-CLC 

CLOU 

2013 

ICB-CSIC [69] 40h Coal Fe2O3, β-Al2O3 iG-CLC 2013 

ICB-CSIC [70] 78h Pine sawdust Fe2O3 iG-CLC 2013 

ICB-CSIC [71] 15h Lignite CuO, MgAl2O4 CLOU 2014 
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ICB-CSIC [72] 55h Coal Fe2TiO5, Fe2O3 iG-CLC 2014 

ICB-CSIC [73] 50h Coal Fe2O3 iG-CLC 2014 

ICB-CSIC [74] 10h Pine wood Cu60AlMg CLOU 2014 

ICB-CSIC [75] 35h Lignite Cu50Fe, MgAl CLOU 2016 

ICB-CSIC [76] 

78h (iG-CLC) 

12h (CLOU) 

Pine sawdust Fe2O3, Cu60MgAl 

iG-CLC 

CLOU 

2016 

ICB-CSIC [77] 

100h (Fe2TiO5) 

210h (Fe2O3) 

120h (CuO) 

16h (Cu1.5Mn1.5O4) 

10h ((Mn0.66Fe0.34)2O3) 

Coal 

Fe2TiO5, Fe2O3, CuO, 

Cu1.5Mn1.5O4, 

(Mn0.66Fe0.34)2O3 

iG-CLC 

CLOU 

2017 
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ICB-CSIC [78] 70h 

Pine sawdust 

Olive stones 

Almond shells 

Fe2O3 iG-CLC 2017 

ICB-CSIC [79] 62h Coal Cu1.5Mn1.5O4, Mn3O4 CLOU 2017 

ICB-CSIC [80] 40h 

Pine sawdust 

Olive stones 

Almond shells 

Fe2O3 CLOU 2018 

ICB-CSIC [81] 

10h (Cu60MgAl) 

65h (Cu34Mn66) 

Pine sawdust 

Olive stones 

Almond shells 

Cu60MgAl 

Cu34Mn66 

CLOU 2018 

ICB-CSIC [82] 50h Coal Cu1.5Mn1.5O4 CLOU 2018 

ICB-CSIC [83] 10h Coal (Mn0.77Fe0.23)2O3 IG-CLC 2018 
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ICB-CSIC [84] 65h 

Pine sawdust 

Olive stones 

Almond shells 

Cu1.5Mn1.5O4, Mn3O4 CLOU 2018 

ICB-CSIC [85] - Coal Mn2O3- Fe2O3 IG-CLC 2018 

ICB-CSIC [86] 

15.4h (Pine sawdust) 

16.9h (Olive stones) 

22h (Almond shells) 

Pine sawdust 

Olive stones 

Almond shells 

Cu34Mn66-GR 

IG-CLC 

CLOU 

2019 

ICB-CSIC [87] 65h 

Pine sawdust 

Olive stones 

Almond shells 

Cu60MgAl/Cu34Mn66 CLOU 2019 
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ICB-CSIC [88] 160h 

Pine sawdust 

Olive stones 

Almond shells 

Mn3O4/Fe2O3 IG-CLC 2020 

ICB-CSIC [89] 75h Coal (Mn0.66Fe0.34)2O3·(TiO2)0.15 CLOU 2020 

ICB-CSIC [90] 38h Pine wood Fe2O3/Al2O3 IG-CLC 2020 

ICB-CSIC [91] 55h Pine wood Ilmenite IG-CLC 2020 
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Table 2-7 Experiments of 50 kWh CLC unit at ICB-CSIC 

Operator Total operation time 
Solid 

fuel 
Oxygen carrier Process Year 

ICB-CSIC [63] - Coal 

Ilmenite (iG-CLC) 

CuO, MgAl2O4 (CLOU) 

IG-CLC 2014 

ICB-CSIC [92] - Coal 

Ilmenite (iG-CLC) 

CuO, MgAl2O4 (CLOU) 

iG-CLC 

CLOU 

2015 

ICB-CSIC [93] 50h Coal Fe2TiO5, Fe2O3, TiO2 iG-CLC 2016 

ICB-CSIC [77] 100h Coal Fe2TiO5 iG-CLC 2017 

ICB-CSIC [94] - Coal ilmenite/ iron-ore IG-CLC 2020 
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2.5.4 Huazhong University of Science and Technology (HUST, China) 

The exploration of CLC technology at Huazhong University of Science & Technology 

(HUST) has experienced rapid improvement in the past 10 years, under the guidance of 

Prof. Zhao. A 5 kWh lab-scale [95] and 50 kWh pilot-scale [96] CLC units were developed 

at HUST.  

For the 5 kWh lab-scale CLC unit (Fig 2.12), a bottom BFB and upper fast fluidized bed were 

connected to realise the function of the FR. The BFB provided enough residence time of fuel, 

whilst the fast fluidisation bed provided fast transportation of oxygen carrier. The AR is in 

the turbulent fluidisation state during the operation. Based on the operational experience 

attained in the 5 kWh CLC reactor with coal, a 50 kWh CLC reactor was developed in 2018. 

The 50 kWh unit was similar to the configuration of the 5 kWh CLC plant (Fig 2.13), but a 

carbon stripper was added after the FR to enhance residual char the conversion. In recent 

years, a series of experimental tests were conducted to investigate the performance of the two 

CLC reactors at HUST under different operational parameters. Over 300 h of continuous 

operation experience of HUST CLC units contributes to the demonstration of this technique. 

 

Fig 2.12. A sketch of 5 kWh CLC system at HUST [95]. 
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Fig 2.13. A sketch of 50 kWh CLC system at HUST [96]. 

2.5.5 Ohio State University (OSU) 

At Ohio State University (OSU), a 25 kWh pilot-scale Coal-Direct Chemical Looping 

(CDCL) plant has been built for electric power generation with the characteristic of 

inherent CO2 capture [97–101]. The schematic geometry of the 25 kWh CDCL sub-pilot 

system constructed at OSU is shown in Fig. 2.14(a). It can be seen that the CDCL unit 

consists of two main reactors, a combustor (or AR) and a reducer (or FR), and these two 

reactors were connected by a cyclone and a non-mechanical L-valve to form a circulation 

loop. The FR in this CDCL unit adopted a counter-current moving bed design where the 

solid oxygen carriers moved down by virtue of gravity in a dense phase. In contrast, gases, 

such as the fuel gasification enhancer (CO2 or steam) as well as the gasification products, 

move upward, counter-current to the solids flow direction. The gas-solid counter-current 

moving bed provides many advantages over a fluidized bed such as greater control of the 

fuel residence time and conversion as well as of the oxygen carrier conversions. The 

reduced oxygen carrier particles exit the reducer through a non-mechanical L-valve and 
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flow into the combustor reactor. The role of the non-mechanical L-valve is to regulate 

the oxygen carrier circulation rate while providing the gas sealing between the combustor 

and the reducer. In the fluidized combustor reactor, the reduced iron particles are 

regenerated with air at high temperatures. The oxygen carrier particles reaching above 

the freeboard region of the combustor reactor become entrained into the riser section and 

pass through a cyclone to replenish the oxygen carrier at the top of the reducer reactor. 

The total height of the system is 5 m.  

The oxygen carrier size used in the OSU CDCL process is unique compared to the other 

chemical looping process mentioned previously as the fluidized bed reducer design 

performs better with smaller oxygen carrier particle sizes. The moving bed reducer design 

can operate with a larger oxygen carrier particle size (1.5–5 mm), an order of magnitude 

greater than coal fly ash, which allows for in situ ash removal with the reducer gas outlet 

stream. The notable size difference between the oxygen carrier particle and coal/ash 

particle aids in the solid-solid separation. In the reducer, the solid fuel particles are 

injected at the middle of the reducer. Then, the oxygen carriers are reduced by the gas 

products of solid fuel. The slow discharging velocity of oxygen carriers in moving bed 

reducer ensures a high utilisation efficiency of reactants. The reaction between the char 

remaining after the release of the volatiles and the oxygen carrier is not direct but involves 

an intermediate gasification step with the gases. The carbon char in the coal particles is 

gamified through steam gasification and CO2 gasification reactions. The reducer can be 

divided into three zones, as shown in Fig 2.14(b). The 25 kWh CDCL sub-pilot unit at 

OSU represents the first integrated chemical looping demonstration unit to convert solid 

fuel with a circulating moving bed system directly. To date, the integrated sub-pilot 

CDCL process has been designed, constructed and demonstrated with over 680 h of 

operation experience [102–104]. The combined bench and sub-pilot demonstration units 

have tested metallurgical coke, lignite, sub-bituminous and bituminous coal, anthracite, 

and wood pellet-based biomass feeds with successful continuous performance results for 

all solid fuel types.  
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(a) (b) 

Fig 2.14. A sketch of 25 kWh CLC system (a) and moving bed reducer (b) at OSU 

[102–104]. 

 

2.6. Simulation and modelling of CLC 

Although significant developments have been made in the combustion of fossil fuels 

using the CLC technology during the last decades, the detailed inner information cannot 

be obtained by experiments because of complicated flow patterns in the system and poor 

measuring equipment. By summarising experimental works of literature, it can be found 

the present knowledge, understanding, and experience of the CLC process, however, 

mainly come from a limited number of research groups that have been operating small 

CLC plants. Besides, it is well known that, in general, the hydrodynamics of small-scale 

fluidized beds can differ significantly from the hydrodynamics of large fluidized beds, 

and that often this difference leads to negative results. If this hydrodynamic difference is 

not taken into account in the design, the yields from the large process may be inferior to 

those experienced on the small scale [105]. Therefore, the lab- or pilot-scale results are 

difficultly translated to an industrial scale, the performance of the actual industrial CLC 
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unit is still uncertain. Having a deep understanding of the dynamic characteristic and 

reaction performance is essential for optimal design and scale-up of the CLC system.  

With the development of computer technology and parallel computing, numerical 

simulation has become the primary method to accelerate the development of the CLC 

technology, reduce the cost of design and operating time, as well as reduce the technical 

risks. The existing CFD methods can be divided into two main categories, i.e., Eulerian-

Lagrangian method and Eulerian-Eulerian method. In the Eulerian–Eulerian model, the 

gas and solid phases are treated mathematically as interpenetrating continua. Thus, the 

computational load is affordable even towards the industry-scale simulations. The two-

fluid model (TFM) is a typical Eulerian-Eulerian method and has been widely used to 

study the CLC processes in the past years. For the solid phase, the so-called kinetic theory 

of granular flow (KTGF) is used to close the solid pressure and viscosity [106]. It is based 

on the kinetic theory of non-uniform dense phase describing the particle-particle 

collisions. This approach uses a one-equation model to describe the turbulent kinetic 

energy of the particle, introduced with the concept of granular temperature. For this 

method, some physical characteristic of the solid particles such as the shape and size are 

simplified and calculated through empirical relations, so that the model accuracy is 

limited. Another approach is the Eulerian-Lagrangian approach, which treats the particle 

phase using the discrete element/particle method (DEM/DPM). It can provide detailed 

particle motion information, such as the trajectories and transient forces acting on 

individual particles and thus is very accurate to describe the gas-solid flow behaviours. 

However, an extremely large computational resource (CPU and memory resource 

requirements) is required based on Lagrangian methods to simulate the gas-solid system 

in the actual experimental unit, let alone the industrial plants. The priority of the two 

methods depends on the research object and application background. For the CFD study 

of CLC processes, both methods have been adopted to investigate the flow and reaction 

behaviours. Table 2-8 comprehensively reviewed and summarized the application of 

CFD models to CLC processes.  

 



5
0
 

 

 

Table 2-8 A summary of the CLC simulation studies in the last 5 years. 

Author Configuration Dimension Method Investigation Oxygen carrier Fuel 

Hamilton et al. (2016) [107] Full-loop 3D MP-PIC Flow+ reaction Cu-based Solid 

Guan et al. （2016）[108] Ful-loop 3D TFM Flow - - 

Banerjee et al. (2016) [109] Full-loop 3D TFM Flow+ reaction Fe-based Gas 

Breault et al. (2016) [110] Full-loop 2D TFM Flow+ reaction Fe-based Solid 

Harichandan et al. (2016) [111] FR 2D TFM Flow+ reaction Ca-based Gas 

Banerjee et al. (2016) [112] FR 3D CFD-DEM Flow - - 

Hamilton et al. (2016) [113] Full-loop 3D MP-PIC Flow - - 

Banerjee et al. (2016) [114] Full-loop 2D/3D TFM Flow+ reaction Fe-based Gas 

Zhang et al. (2017) [115] Partial-loop 2D TFM Flow+ reaction Cu-based Gas 

Shao et al. (2017) [97] Full-loop 3D TFM Flow - - 

Zhang et al. (2017) [116] Partial-loop 2D TFM Flow+ reaction Ni-based Gas 
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Breault et al. (2017) [117] FR 3D MP-PIC Flow+ reaction Fe-based Gas 

Sharma et al. (2017) [118] FR 3D TFM Flow+ reaction Fe-based Solid 

Sornumpol et al. (2017) [119] FR 2D TFM Flow+ reaction Ni-based Gas 

Chen et al. (2017) [120] FR 3D TFM Flow+ reaction Cu-based Gas 

Menon et al. (2017) [121] FR 2D TFM Flow+ reaction Fe/Gu-based Solid 

Luo et al. (2018) [122] Full-loop 3D CFD-DEM Flow+ reaction Ni-based Gas 

Ben-Mansour et al. (2018) 

[123] 
FR 2D TFM Flow+ reaction Ca-based Gas 

Feng et al. (2018) [124] AR 3D TFM Flow - - 

Sheth et al. (2018) [125] FR 2D TFM Flow+ reaction Ni/Gu-based Gas 

Wang et al. (2018) [126] FR 3D TFM Flow+ reaction Fe-based Solid 

Wang et al. (2018) [127] FR 3D TFM Flow+ reaction Fe-based Solid 

Yang et al. (2018) [128] FR 3D CFD-DDPM Flow Fe-based Solid 

May et al. (2018) [129] AR+ FR 3D TFM Flow+ reaction Fe-based Solid 
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Reinking et al. (2019) [130] Full-loop 3D MP-PIC Flow+ reaction Cu-based Solid 

Lin et al. (2019) [131] FR 2D TFM Flow+ reaction Ni–Cu-based Gas 

Wang et al. (2019) [132] FR 3D TFM Flow+ reaction Gu-based Solid 

Chen et al. (2019) [133] Full-loop 3D MP-PIC Flow+ reaction Fe-based Solid 

Chen et al. (2019) [134] Full-loop 3D MP-PIC Flow+ reaction Fe-based Solid 

Li et al. (2019) [135] FR 2D TFM Flow+ reaction Fe-based Solid 

Hamidouche et al. (2019) [136] Full-loop 3D TFM Flow+ reaction Perovskite Gas 

Wang et al. (2020) [4] Full-loop 3D TFM Flow - - 

Shao et al. (2020) [137] AR 2D CFD−DEM Flow - - 

Lin et al. (2020) [138] Full-loop 2D TFM Flow+ reaction Ni-based Gas 

Yin et al. (2020)  [139] FR 3D TFM Flow+ reaction Fe-based Solid 

Wang et al. (2020) [140] Full-loop 3D TFM Flow - Solid 

Hamidouche et al. (2020) [141] Full-loop 2D MP-PIC Flow - Solid 
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Zhu et al. (2020) [142] Full-loop 3D MP-PIC Flow - - 

Shao et al. (2020) [143] Full-loop 3D TFM Flow - - 
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From Table 2-8, the research field of the simulations is the flow characteristics and 

reaction performance of variable gas fuels and solid fuels with different oxygen carriers. 

Most of the research can be roughly divided into two parts: for individual reactors and 

for the full-loop system. 

2.6.1 Single-Reactor Simulation 

The modelling of individual FR and AR helps the design, optimization, and scale-up of 

the CLC process. An interesting number of works can be found in previous work to model 

the individual reactors in a CLC system, as is presented in Table 2-8. 

Air Reactor Simulation. 

The AR is generally composed of a wide bottom bed with a narrow riser or only a riser. 

In a typical CLC configuration, the function of the AR is to oxidize the reduced oxygen 

carriers at the bottom domain and then smoothly entrain the regenerated oxygen carrier 

back to the FR. A higher gas velocity than the terminal velocity of oxygen carriers must 

be ensured in the riser to obtain a fast fluidization state. The wide bottom bed is generally 

used to increase the reaction time of reduced oxygen carrier and oxygen. The simulations 

of AR are limited because the reaction in AR is relatively simple compared with the FR. 

Wang et al. [144] developed a 2D TFM model where the cluster structure-dependent 

(CSD) drag coefficient model was incorporated into the TFM to investigate the effect of 

clusters on flow behaviour and oxidation reaction of gas and Cu-based oxygen carrier in 

a riser of air reactor. Simulation results were validated by experimental data published in 

the literature. The holdup distributions and velocity of gas and particles were predicted 

in the AR. Feng et al. [124] proposed a novel baffle consisting of a ring-type baffle and a 

convergent pipe to improve the flow pattern and enhance the gas-solid contact in the AR 

(Fig 2.15). The effect of the baffle on the system hydrodynamics was investigated based 

on CFD simulations. The results showed that the baffle significantly affected the system 

hydrodynamics. The baffle opening ratio and the number of baffles were the key factors 



55 

 

to decrease the standard deviation of radial solid volume fraction. Shao et al. [137] 

adopted a quasi-2D CFD-DEM cold flow model to study a novel multistage moving bed 

air reactor. Influences of variable operating conditions, geometry and internals on solid’s 

flow pattern and residence time were investigated by using the tracer particles. Results 

showed that increasing the loop seal gas velocity, the solid flux increased, and the average 

residence time decreased. The reactor angle had more influence in solids motion near the 

wall region, while the wedge angle has more effect in the lower part of the reactor. With 

the decrease of the reactor angle, an increase of the wedge angle, or increase of the down-

comer diameter, the bed gets closer to ideal plug flow in the AR. The internals can 

accelerate the particles in the near-wall region; internals in triangular arrays are better 

than those in square arrays to slow down the central particles. 

 

Fig 2.15. Instantaneous solid volume fraction in the air reactor [124]. 
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Fuel reactor simulation. 

Reactions in FR are much more complicated than AR where reaction performance in the 

FR significantly influences the coal combustion efficiency, oxygen carrier conversion, 

and CO2 capture efficiency of the whole CLC system. To date, different reactor 

configurations of FR have been adopted for the CLC process to improve performance. 

The bubbling fluidized bed (BFB) is widely used due to sufficient mixing and contact 

time. The spouted fluidized bed (SFB) is also adopted in some CLC units because of 

favourable gas-solid mixing. The circulating fluidized bed (CFB) is applied in view of 

the sufficient gas-solid contact caused by intense flow regimes. The moving bed is also 

adopted in some CLC units due to greater control of the residence time and fuel 

conversions. Accordingly, simulations are conducted to investigate the flow and reaction 

characteristics of FRs with different configurations. 

Wang et al. [145] proposed a 2D multiphase CFD-based model with gas-solid 

hydrodynamics and chemical reactions in a BFB FR. The instantaneous solid volume 

fractions of both reactant and products were predicted and the time-averaged distributions 

were calculated in the FR by simulation (Fig 2.16). Meantime, simulated flows in FR 

revealed a high weight fraction of unburned methane in the flue gas mixing with CO2 and 

H2O. This behaviour implied high fuel loss at the exit of the reactor and indicated the 

necessity to increase the residence time and improve mixing in the fuel reactor using 

circulating fluidized bed technology. 
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(a) 

 

(b) 

Fig 2.16. Instantaneous volume fraction of particle (a) mass fraction of CH4 (b) in the fuel 

reactor [145]. 

Wang et al. [132] applied a 3D Eulerian-Eulerian two-fluid model to investigate the char-

fuel CLC characteristics in an FR, as shown in Fig 2.17, 2.18. the reactor type of FR in 

this work is a BFB with a height of 2.0 m and an inner diameter of 0.22 m. The gas-solid 

flow patterns, composition distributions, and reaction characteristics were obtained by 

simulation. Moreover, the influences of solids inventory and fluidizing number on the 

reaction performance were investigated.  
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Fig 2.17. Geometry and mesh model of the BFB FR [132]. 

 

Fig 2.18. Distributions of flow patterns and gas-solid concentrations [132]. 
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Zhang et al. [146] investigated the details of the gas-solid hydrodynamics in the spouted 

bed FR by employing the CFD-DEM method. The CFD-DEM simulations showed good 

agreement with the experimental data comparing with a lab-scale FR. The details of solid 

motion in the FR were obtained, as shown in Fig 2.19. More importantly, simulations 

proved the spouted bed configuration design of FR significantly enhanced the 

performance. 

 

Fig 2.19. Particle distribution and velocity in the spouted bed FR [146]. 

Banerjee et al. [112] studied a lab-scale spouted bed FR based on CFD-DEM method to 

characterize the performance of the new scaling law in comparison with existing scaling 

laws in the previous papers. Simulation results showed (Fig 2.20) the proposed scaling 

law provides the largest reduction in the number of particles in the system, and hence, the 

largest reduction in computing cost. 
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Fig 2.20. Particle tracks after one second for scaled simulation cases A1−A4 compared 

with the experiment and full-scale simulation results [112] (particles tracks are coloured 

by nominal velocity magnitude). 

Compared to the bubbling bed and spout-fluidized bed-based fuel reactors, a circulating 

bed riser can provide sufficient gas-solid contact over the whole or majority of the reactor 

height, which ensures that the gas-solid reactions can happen in a more homogeneous and 

favourable environment. Wang et al. [147] developed a comprehensive 3D numerical 

model to simulate the reactive flow using ilmenite as oxygen carrier and coal as the fuel 

in a pressurized CFB FR (Fig 2.21). Main features of the complex gas-solid flow pattern, 

such as the velocity and voidage profiles, were predicted. The concentrations of gas-solid 

species, the conversions of char and oxygen carrier, and the distributions of reaction rates 

were also obtained. 
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(b) Variation of gas components (dry 

basis) at the outlet during the quasi-

equilibrium state. 

 

(a)Axial and radial distributions of 

solids holdup. 

(c)Conversions of carbon in char and 

oxygen carrier. 

Fig 2.21. 3D model of the reactive flow using ilmenite as oxygen carrier and coal as 

the fuel in a pressurized CFB FR. 

2.6.2 Full-loop simulation 

At present, the full-loop CLC system is mainly divided into two types: single circulating 

fluidized bed (CFB) system and double circulating fluidized bed (DCFB) system. In 

addition, the single circulating fluidized bed CLC system such as moving bed and the 

spouted bed was established. For the full-loop system, the two reactors are connected by 

cyclones, loop seal and particle returning apparatuses to realize the circulation of oxygen 

carrier particles between two reactors. 
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The simulations of full-loop CLC systems mainly focus on the solid circulation process, 

gas leakage performance and reaction processes such as reactant distribution, product 

distribution and temperature distribution. Guan et al. [148][108] established a 3D full-

loop model to investigate the hydrodynamics of a single CFB CLC unit, which consists 

of a riser, a bubbling bed, a cyclone and a loop-seal, based on the Eulerian-Eulerian TFM 

model. The influence of drag models on the model accuracy was studied. The Gidaspow 

and the Syamlal & O'Brien drag models both produced accurate predictions in this study 

(Fig 2.22). The different fluidization states in the full-loop system were captured by 

simulation. The effects of operating gas velocity, particle size and total solids inventory 

on the solids circulation rate (SCR) were also investigated based on the system pressure 

balance. Simulation results showed the SCR increased significantly with the increase of 

gas velocity in the riser. And the SCR became smaller for larger particles but increased 

with solids inventory. 

 

Fig 2.22. Snapshots of the solids volume fraction predicted by different drag models. 

 

Banerjee et al. [149] simulated the transient reacting flow of a CDCL process with the 

spouted FR based on CFD-DEM method. And the chemical reactions were integrated into 
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the high-fidelity simulations. This work tracked the motion of individual oxygen carrier 

particles and captured the gas-solid multiphase hydrodynamics, as shown in Fig 2.23. The 

materials of oxygen carrier with different properties were compared in this system. The 

simulations showed a strong dependence of the fluidization regimes on the density of 

oxygen carrier. 

 

Fig 2.23. Particle tracks coloured by velocity magnitude in reacting flow with Fe2O3 

particles [149]. 

Parker [150] investigated a CLC system provided by the National Energy Technology 

Laboratory (NETL), consisted of an air reactor, cyclone, loop seal, fuel reactor, and L-

valve and uses a metal oxide solid carrier to combust a source of fuel based on the CPFD 

method. Multiple heterogeneous and homogenous reactions are considered in the CLC 

model, including the oxidation and reduction reactions of the metal oxide carrier and 

gasification reactions. Within each coal particle, the temperature-dependent 

devolatilization, moisture release, and particle swelling effects are included. Modelling 

results showing fluidization regimes, circulation rate, reactor efficiencies, and 

temperature profiles were presented to demonstrate the utility of the model (Fig 2.24). 
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Fig 2.24. Initial particle oxidation levels (a); particle oxidation levels at 50 s (b); mole 

fraction of oxygen at 50 s (isovolume > 5 mol%) (c); mole fraction of carbon dioxide at 

50 s (isovolume > 2 mol%) (d); mole fraction of water at 5 s (isovolume > 5 mol%) (e) 

[150]. 

Geng et al. [151] studied the SCR in a full-loop DCFB based on a 3D Eulerian multiphase 

model with the kinetic theory of granular flow (KTGF). The CLC unit with the DCFB 

configuration consisted of an AR, height of 1.36 m, diameter of 0.05 m) and an FR (height 

of 0.97 m, diameter of 0.054 m). The gas-solid flow behaviours, e.g. the fluidization 

regime, solid distribution and velocity, SCR, were numerically investigated. By 

simulation results, pneumatic transport regime in AR and turbulent regime in FR was 

observed (Fig 2.25). Besides, global circulation rate decreased with increasing FR 

fluidization rate while internal circulation rate increased. 
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Fig 2.25. The instantaneous concentration of particles in the CLC reactor model [151]. 

Chen et al. [134] investigated a 50 kWh DCFB reactor for CLC of coal, which was 

designed, constructed and operated at Huazhong University of Science & Technology 

(HUST), by using the Computational Particle Fluid Dynamics (CPFD) method. The 

reliability of CPFD simulation was first validated in this work by comparing outlet gases 
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concentration and pressure profiles of FR with simulations and experimental 

measurements. Then, the characteristics of the gas-solid reactive flow in the full-loop 

system was simulated in detail, and the relationships among the complex factors of 

hydrodynamics and reactions were better understood (Fig 2.26). The results in this work 

can help to rationalize reactor design and optimize operation. 

 

 

(a)  

 

(b)  
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Fig 2.26. Time-averaged (30–70 s) gas volume fraction profiles in FR under steady-state 

(a). gas volume fraction profiles in FR under steady-state employing optimal coal feeding 

mode (b) [134]. 

2.7. Summary and Research Gaps  

CFB reactor units have been widely applied to many chemical engineering processes, due 

to its good gas-solid mixing, wide fuel flexibility, and excellent heat and mass transfer 

performance. The complicated configuration and extreme operating environment make 

the in-furnace behaviours of CFB reactors difficult to understand, which greatly limits its 

further optimization and scale-up. 

Among various CFB chemical systems, the CLC system is regarded as one of the most 

promising clean combustion technologies because of the inherent CO2 separation. The 

CLC technology has attracted more and more attention during the last years as up-and-

coming technologies for power plants and industrial applications with CO2 capture and 

low energy penalty. For experimental research, most of the previous work discussed in 

this report involved lab-scale experiments of CLC systems and a limited number of pilot-

scale experiments. Setting up and executing an experiment in the lab can be an expensive 

and laborious process. The study of solid fuels is most competitive when power 

production is concerned, and meantime the reaction kinetics are more complex than other 

fuel types. Present limited operation using coal as solid fuel in some small-scale CLC 

facilities in the worldwide indicates a significant challenge to develop this technology. 

By tables in section 2.5, although substantial developments have been made in the 

combustion of fossil fuels using the CLC technology during the last decades, the detailed 

inner information cannot be obtained by experiments because of complicated flow pattern 

in the system and backward measuring equipment. The present knowledge, understanding, 

and experience of the CLC process, however, mainly come from a limited number of 

research groups that have been operating small CLC plants. Besides, because the lab- or 
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pilot-scale results cannot safely be translated to an industrial scale, the performance of 

the actual industrial CLC unit is still uncertain. Having a deep understanding of the 

dynamic characteristic and reaction performance is important for optimal design and 

scale-up of the CLC system.  

For simulation work, in the last decade, different types of single reactor and full-loop 

CLC systems have been numerically studied to understand the operation performance and 

test different types of the fuel and oxygen carrier in an effective and economical way. 

Multiple numerical methods (TFM, CFD-DDPM, CFD-DEM, MPPIC) are available to 

investigate the hydrodynamic and thermodynamic behaviours of variable CLC processes 

according to the detail scale and accuracy demand. However, present simulations are still 

very limited for the full-loop CLC system, especially some complex configurations. The 

hydrodynamic and reaction behaviours of the moving-bed CDCL process have not been 

fully understood yet, where a higher fuel conversion and CO2 capture efficiency have 

been reported.  

Moreover, for many complicated CFB systems with multiple paths connected in parallel 

or in series, the non-uniformity phenomena of gas-solid distribution is inevitable, even in 

symmetrical geometry and operating condition settings. This also makes the prediction 

of complex CFB system more difficult. So far, the investigation of this non-uniformity 

phenomenon in complex CFB systems are very limited. It is necessary and important to 

have a comprehensive and deep study for this phenomenon and explore how to minimize 

the degree of the non-uniformity, which is beneficial to improve the operation efficiency 

of CFB processes. 

In addition, most of CFD simulations on complex CFB systems only revealed microscale 

phenomena based on separate reactor components, and the boundary and operating 

conditions were fixed during the simulation process without the external adjustment and 

environment change considered. However, in the actual chemical engineering processes, 

variable operating parameters are adjustable according to the production and safety 
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requirements. This part of the research work is very limited. In this thesis, one solution 

to couple CFD modelling and process simulation dynamically is proposed to improve the 

performance of CFB systems. 
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CHAPTER.3 Hydrodynamic Behaviours in a Dual 

Circulating Fluidized Bed 

CLC units, as an example of the promising CFB chemical engineering systems, are 

investigated to obatain more understanding of the CLC processes. In this chapter, a multi-

fluid model based on the Eulerian-Eulerian framework is used to study the gas-solid 

hydrodynamics in a full-looping CLC unit with the DCFB configuration. Simulation 

results predict unique fluidisation states. The influence of two classical and two recent 

drag force models on hydrodynamics in DCFB are assessed by comparing with the 

experimental data. 

The paper “Multi-fluid modelling of hydrodynamics in a dual circulating fluidized bed” 

has been published based on the content of this chapter in the journal of Advanced Powder 

Technology. 

S. Li, Y. Shen, Multi-fluid modelling of hydrodynamics in a dual circulating fluidized 

bed, Adv. Powder Technol. 31. 7 (2020) 2778-279. 
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Graphical abstract for this chapter  
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ABSTRACT 

In this chapter, a multi-fluid model based on the Eulerian-Eulerian framework is used to 

study the gas-solid hydrodynamics, such as solid distribution, particle motion and solid 

velocity, in a three-dimensional (3D) dual circulating fluidized bed (DCFB). The 

influence of four different drag force models, including two classic models, i.e. Gidaspow, 

EMMS drag model and two recent drag models, i.e. Rong and Tang drag model, on 

hydrodynamics in DCFB are assessed. Numerical results show that the characteristics of 

solid distribution and velocity in different sections are distinct. For qualitative analysis, 

all the drag models can predict a reasonable radial solid distribution and pressure 

distribution, but only the EMMS, Rong and Tang drag model can capture the 

phenomenon of dense solid concentration in the low part. For quantitative analysis, the 

solid circulating rate predicted by the EMMS drag model is the closest to the experimental 

value, while the Gidaspow drag model shows the most significant deviation. The overall 

assessments confirm that the drag model selection significantly influences the simulations 

of gas-solid flow in DCFBs. This study sheds lights on the design and optimization of 

fluidized bed apparatuses. 
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3.1 Introduction 

Carbon dioxide (CO2) emission leads to global climate change. About one-third of the 

total CO2  emission has resulted from fossil fuel combustion [152] and fossil fuel is 

expected to be the primary resource for a long time. In the past decades, many 

technologies of CO2 capture have been proposed and utilized for large-scale power 

production applications [13,153–156]. However, the majority of these technologies 

require a large amount of energy to separate and collect CO2 from the exhaust gas, 

because CO2 is diluted by N2 in the air in conventional systems. Chemical looping 

combustion (CLC) is a recently developed combustion technology and has attracted 

considerable attention since its inherent CO2 separation and low energy consumption 

[51,95,157–160]. A typical CLC system consists of two reactors, a fuel reactor (FR) and 

an air reactor (AR), as illustrated in Fig 3.1. The solid oxygen carrier, which is often a 

metal oxide, is circulated between two reactors to transfer oxygen from AR to FR. This 

way, the fuel is fed into the FR where it is oxidized by lattice oxygen of the metal oxide. 

CO2 and water vapour are produced from complete combustion in the FR. Most CLC 

systems use such configuration of two interconnected fluidized bed reactors 

[50,152,157,161,162], but they may vary with different designs. For example, in AR 

designs, some researchers prefer to use a high-velocity riser in view of the fact that the 

oxygen carriers generally demand a longer particle residence time for reduction action 

than oxidation action [163,164]. As for the FR, the bubbling fluidized bed is widely 

utilized in the CLC system [152,165,166]. However, there is a risk of a gas bypass 

through bubbles in the bubbling fluidized bed. Therefore, the dual circulating fluidized 

bed (DCFB) is adopted in many CLC units [95,167–170]. In this system, two circulating 

fluidizing bed (CFB) reactors are linked with a fluidized loop seal at their bottom. The 

loop seal is able to partly control the solid global circulation. The AR is designed as a 

fast-fluidized bed that effectively controls the solid global circulation. In contrast, the FR 

is operated in the turbulent regime to improve the gas-solid contact.  
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Fig 3.1. Schematic diagram of the CLC process. 

 

Due to the complex structure and multiple operating parameters, it has been a great 

challenge to study the particles flow behaviours in DCFBs. By experiments, Kolbitsch et 

al. [167,170] proposed a DCFB reactor system for a 120 kWh CLC pilot rig and made 

effective control of the solids circulation rate via the primary fast fluidized bed (i.e., AR) 

without changing the fluidization regime in the secondary reactor (i.e., FR). Ma et al. [95] 

built a DCFB for in-situ CLC testing of Chinese bituminous coal as fuel and natural 

hematite as an oxygen carrier. The effect of operational parameters, such as the FR 

temperature and coal feeding rate on three factors (i.e., combustion efficiency, carbon 

capture efficiency and CO2 yield) were investigated. However, only global experimental 

results can be obtained in these experimental works and more detailed internal flow 

information was missing. It is necessary to develop a deep understanding of 

hydrodynamics for the design and operation of CLC systems, especially in the DCFB 

configuration. As an alternative, mathematical modelling, especially computational fluid 
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dynamics (CFD), is a cost-effective tool to offer insights of gas-solid hydrodynamics in 

dense multiphase systems [171–175]. However, due to the complicated geometries and 

complex operating parameters, only few CFD studies on DCFB reactor for CLC were 

reported. The existing CFD methods can be divided into two main categories, i.e. 

Eulerian-Lagrangian method and Eulerian-Eulerian method. The former method tracks 

each particle/parcel under the Lagrangian framework. It requires a large computational 

resource under pilot- and industry-scale conditions. For example, Gu et al. [176] used an 

Eulerian-Lagrangian method based on the Multi-Phase Particle-In-Cell (MP-PIC) scheme 

to study the solid behaviours in a 3D DCFB. In order to reduce the computational load, 

the geometry configuration of the test rig was scaled down by three times. Compared with 

the Eulerian-Lagrangian method, the Eulerian-Eulerian method treats the solid particles 

as a continuum phase via the governing equations as similar to the gas phase. Thus, the 

computational load is affordable even towards the industry-scale simulations. The two-

fluid model (TFM) is a typical Eulerian-Eulerian method and has been widely used to 

study the CLC processes in the past years. For example, Wang et al. [177] adopted a 2D 

TFM to investigate the flow and heterogeneous chemical reactions in a DCFB in CLC 

processes. The influence of reaction temperature and air/fuel ratio on the performance of 

the DCFB reactor were also evaluated. Su et al. [178] simulated a 5 kWh coal-fired CLC 

DCFB system for understanding gas leakage, flow pattern and combustion efficiency. A 

new operation condition was simulated by increasing the reactor temperature and 

decreasing the coal feeding rate to improve the combustion efficiency. Li et al. [179] 

compared the difference between 2D and 3D numerical simulations in circulating 

fluidized bed risers. From previous simulation works, it can be seen that the TFM method 

is feasible for simulation of complex multiphase flows in practical applications. Recently, 

extensive attention has been paid to improving its accuracy. It is noted that the momentum 

transfer between the gas and solid phase is performed via coupling the interphase forces, 

including drag, lift, and virtual mass forces. Among these forces, the drag force is the 

most significant force in dominating gas-solid flows, thus it is essential to select a suitable 



76 

 

drag model for TFM simulations. Several drag models have been proposed over the past 

several decades, such as Wen-Yu [180], Syamlal-O’Brien [181] and Gidaspow [182] drag 

models, in which the gas-solid momentum transfer is realized by incorporating a semi-

empirical drag model derived from the experimental study. Among these drag models, 

the Gidaspow (1994) [182] drag model is the most commonly used one which is a 

combination of the Ergun equation [183] and the Wen and Yu [180] drag model, and 

describes gas-solid flow hydrodynamic in both dense and dilute phases. The energy-

minimisation multi-scale (EMMS) approach is also a classic drag model and derived 

based on energy minimization of suspension and transportation of gas-solid flow which 

has the capacity of predicting the heterogeneous structure of dense solid phase [184]. Up 

to now, many simulations have been done to compare the performance of the 

aforementioned semi-empirical drag models and EMMS drag model. For example, Guan 

et al. [148] studied the effect of several classic drag models on computational results. It 

was found that the Gidaspow and Syamlal-O’Brien drag model produced more accurate 

predictions than the EMMS model in their simulation. Wu et al. [185] applied two classic 

drag models, namely the EMMS model and the Gidaspow model, to simulate the coal 

combustion in a circulating fluidized bed combustor. It was found the EMMS drag model 

gave rise to a better agreement with the experimental data compared to the Gidaspow 

drag model. In addition to the classic drag models described above, more recently, several 

drag models have been numerically developed [186–194] and can be divided into two 

main types due to their different origins. One type is derived from the Lattice-Boltzmann 

method (LBM). In these studies, particle resolved simulations of a periodic domain with 

several randomly positioned particles are conducted to capture the interphase exchange 

force at the boundary of each particle. The numerically calculated particle-scale forces 

are then used to calculate an averaged drag force in the flow domain. For example, Rong 

et al. [195] proposed a drag model by fitting a curve to the data generated from several 

simulations performed using parallel Lattice-Boltzmann model in which different 

packing structures and porosities of monodisperse solids were emulated by the Discrete 
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Element Method (DEM). Another type is derived from Direct Numerical Simulation 

(DNS). For example, Tang et al. [193] proposed a drag model by considering the effects 

of granular temperature for a wide range of particle Reynolds numbers and solid volume 

fractions based on Immersed Boundary Method-Computational Fluid Dynamics (IBM-

CFD) computations. However, there is a lack of comprehensive work to assess the 

performance of the above four kinds of drag models in DCFB simulations for CLC 

processes. 

In this chapter, a multi-fluid model is used to study hydrodynamics in a 3D DCFB. The 

typical gas-solid flow characteristics, such as solid distribution, particle motion and solid 

velocity, are comprehensively described. Then, the influences of four different drag 

models, namely Gidaspow, EMMS, Rong and Tang drag models, on hydrodynamics are 

assessed in terms of Reynolds numbers and then qualitatively and quantitatively 

compared in terms of gas-solid flow patterns and DCFB performance using the solid 

circulation rate etc. Finally, the applicability of the four drag models is discussed from 

the perspective of theory, observation in this work and recently simulation work.  

3.2 Mathematical Model 

3.2.1 Governing equations  

The TFM under the Eulerian-Eulerian framework with the standard kinetic theory of 

granular flow (KTGF) is used in the present work [106,182]. The gas phase and solid 

phase are both regarded as continuum phases, and the former is treated as the primary 

phase while the latter is treated as the secondary phase. The subscript ‘g’ and ‘s’ stand 

for the gas phase and solid phase, respectively. The equations for each phase are: 

Continuity equations: 

∂

∂t
(αgρ

g
)+∇⋅ (αgρ

g
u⃗ g)=0 (3-1) 
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∂

∂t
(αsρs

)+∇⋅(αsρs
u⃗ s)=0 (3-2) 

Momentum equations: 

∂

∂t
(αgρ

g
u⃗ g)+∇∙(αgρ

g
u⃗ gu⃗ g)=-αg∇p+∇∙τ ̿g+αgρ

g
g⃗ +β(u⃗ s-u⃗ g) (3-3) 

∂

∂t
(αsρs

u⃗ s)+∇∙(αsρs
u⃗ su⃗ s)=-αs∇p-∇p

s
+∇⋅τ ̿s+αsρs

g⃗ +β(u⃗ g-u⃗ s) (3-4) 

where,  is the volume fraction (αg+αs=1);  is the density; u⃗  is the velocity vector;  is 

the gas-solid interphase momentum transfer coefficient; g⃗  is the gravity acceleration; p
s
 

is the solid pressure; and τ ̿ is the stress strain tensor. 

The stress strain tensor of the gas and solid phases are defined: 

τ ̿g=αgμ
g
(∇u⃗ g+∇u⃗ g

T
) -

2

3
αgμ

g
∇⋅u⃗ gI ̿ (3-5) 

τ ̿s=αsμs
(∇u⃗ s+∇u⃗ s

T
)+αs (λs-

2

3
μ

s
) ∇⋅u⃗ sI ̿ (3-6) 

where  is the shear viscosity and 𝜆𝑠 is the solid bulk viscosity. The standard k- turbulent 

model is used for modelling turbulence of gas phase as follows: 

μ
gt

=ρ
g
Cμ

k
2

ε
 (3-7) 

∂

∂t
(αgρ

g
k)+∇∙ (αgρ

g
u⃗ gk)=∇⋅ (αg

μ
gt

σk

∇k)+αgGk-αgρ
g
ε+αgρ

g
∏

k
 (3-8) 

∂

∂t
(αgρ

g
ε)+∇⋅ (αgρ

g
u⃗ gε)=∇⋅ (αg

μ
gt

σε

∇ε)+αg

ε

k
(C1Gk-C2ρ

g
ε)+αgρ

g
∏

ε
 (3-9) 
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where, k and   represent the turbulent kinetic energy and dissipation rate of turbulent 

kinetic energy, respectively. The constants in the equations are 𝐶𝜇 = 0.09, 𝐶1 = 1.44 and 

𝐶2 = 1.92. The turbulent Prandtl numbers for k and  are σk=1.0 and σε=1.3. 

3.2.2 Kinetic theory of granular flow 

The solid phase is treated as a fluid in the TFM, and the KTGF is used to close the solid 

pressure and viscosities [106]. For the sake of numerical convergence, the algebraic 

approximation of KTGF is adopted in the computation of granular temperature. This is 

obtained by neglecting convection and diffusion in the transport equation: 

0=(-p
s
I+̿τ ̿s):∇u⃗ s-γΘs

-3βΘs (3-10) 

where (−𝑝𝑠𝐼 ̿ + 𝜏�̿�): ∇�⃗� 𝑠  is the generation of energy by the solid stress tensor. The 

collisional energy dissipation term is given by: 

γ
Θs

=
12(1-e2)αs

2𝜌𝑠𝑔0𝛩𝑠
3/2

dp√π
 (3-11) 

The solid pressure, which represents the normal force due to particle interaction, is given 

by Lun et al. [196] as: 

p
s
=αsρs

Θs[1+2αsg0
(1+e)] (3-12) 

where e is the restitution coefficient for the particle-particle collision and g
0
 is the radial 

distribution function, expressed by: 

g
0
= [1-(

αs

αs,max

)

1
3

]

-1

 (3-13) 

The bulk viscosity of the particle phase accounts for the resistance of granular particles 

to compression and expansion. Here, the Lun et al. [196] model is used by: 
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λs=
4

3
αs

2ρ
s
dpg

0
(1+e)√

Θs

π
 (3-14) 

The particle shear viscosity is defined as the sum of collisional viscosity, kinetic viscosity 

and frictional viscosity: 

μ
s
=μ

s,col
+μ

s,kin
+μ

s,fr
 (3-15) 

μ
s,col

=
4

5
αs

2ρ
s
dpg

0
(1+e)√

Θs

π
 (3-16) 

μ
s,kin

=
αsρs

dp√πΘs

6(3-e)
[1+

2

5
(1+e)(3e-1)g

0
αs] (3-17) 

μ
s,fr

=
p

s
sin ϕ

2√I2D

 (3-18) 

where 𝜙 is the angle of internal fraction, and I2D is the second invariant of the deviatoric 

stress tensor. 

3.2.3 Drag model 

The expressions of interphase momentum transfer coefficient (β) in Eqns of 3-3 and 3-4 

are described below for different drag models used in this study, respectively. 

Gidaspow drag model [182] 

In this model, the interphase momentum transfer coefficient (β) is obtained by: 

β=
3

4

αsαgρ
g
|u⃗ s-u⃗ g|

dp

CDαg
-2.65 for αg>0.8 (3-19) 

β=150
αs

2μ
g

αgdp
2

+1.75
αsρg

|u⃗ s-u⃗ g|

dp

 for α
g
≤ 0.8 (3-20) 

where CD is the standard drag coefficient for a particle, expressed by: 
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𝐶𝐷 = {
 
24

𝑅𝑒𝑠
(1 + 0.15𝑅𝑒𝑠

0.687),                   𝑅𝑒𝑠 < 1000

                  0.44  ,                            𝑅𝑒𝑠 ≥ 1000

 (3-21) 

where the particle-based Reynolds number is  

Res=
ρ

g
|u⃗ s-u⃗ g|

μ
g

dp (3-22) 

EMMS drag model [184] 

This drag model refers to the EMMS drag model, which is expressed by: 

β=
3

4

αsαgρ
g
|u⃗ s-u⃗ g|

dp

CDαg
-2.65HD (3-23) 

where 𝐻𝐷  is defined as β/β
0
 ( β

0
: Wen and Yu) to account for the hydrodynamic disparity 

between homogeneous and heterogeneous fluidization. The CD has the same expressions 

as equation (3-21) in Gidaspow drag model. In this work, the EMMS model built by Lu 

et al. [197] for full-loop circulating fluidized bed is used. Table 1 summarizes the 

formulas of HD for CFB structure.  

 

Table 3-1. Formulas of HD for the DCFB CLC unit. 

Formulas ( s(Re ) ,0.001 Re 1000c

D sH a b= +   ) Range (
1mf g  
) 

2
0.51738

0.12621 0.51327exp( 0.5( ) )
0.05325

0

g
a

c

 −
= + −


 =  

0.4 0.51228g 
 

38.95056

29.78427

0.64769
0.06022

1 ( / 0.54069)

1.25109 1
1.26148 (1 )

(1 exp( ( 0.49842) / 0.00835)) (1 exp( ( 0.68685) / 0.03593))

0.298
0.27298

1 ( / 0.55363)

g

g g

g

a

b

c



 




= + +


 = − −

+ − − + − −



= −
+  

0.51228 0.60826g 
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6.02771

2 3 4 5

4.34314

1/ (15.09342 13.31486

52.05197 346.18273 914.53136 1202.33087 786.52213 204.82611

1/ (3.51503 3.1596

g

g g g g g

g

a

b

c



    



 = −


= − + − + − +
 = +  

0.60826 0.9904g   

2170.31695

2

0.8812 1
0.52193 (1 )

1 exp( ( 0.99662) / 0.00112) 1 exp( ( 0.99752) / 0.00006)

0.22085
0.47595

1 ( / 0.99594)

0.99841
0.13788 0.07951exp( 0.5( ) )

0.00142

g g

g

g

a

b

c

 






= + − + − − + − −




= −
+

 −
 = − −
  

0.9904 0.9997g   

𝑎 = 1, 𝑐 = 0    0.9997 1g 
 

 

Rong drag model [195] 

The model is described as follows: 

β=
3

4

αsρg
|u⃗ s-u⃗ g|

dp

CDαg
2-F0  (3-24) 

where 

CD= (0.63+
4.8

√Res

)

2

 (3-25) 

F0=2.65(αg+1)-(5.3-3.5αg)αg
2 exp [-

(1.5-logRes)
2

2
] (3-26) 

Tang drag model [193] 

In this model, the interphase momentum transfer coefficient (β) is obtained by: 

β=
18μ

g
αsαg

2F0

dp
2

 (3-27) 
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F0=
10αs

αg
2

+αg
2(1+1.5√αs)+ [0.11αs(1+αs)-

0.00456

αg
4

+(0.169αg+
0.0644

αg
4

)Res
-0.343]Res+2.98ReT

αs

αg
2
 

(3-28) 

where the Reynolds number based on the granular temperature is given as 

ReT =
ρ

g
√Θs

μ
g

dp=2.108Res
0.85 (

ρ
s

ρ
g

)

-0.5

 

(3-29) 

3.2.4 Numerical conditions and solutions 

As shown in Fig 3.2, the geometry of the DCFB cold model is established according to a 

pilot-scale apparatus designed by Geng et al. [198]. The whole test rig is coupled by two 

identical CFB unit A and B. Each CFB unit consists of a riser with an inner diameter of 

0.1 m and a height of 3 m, a cyclone separator, a downcomer with an inner diameter of 

0.1 m and a height of 1.73 m, an overflow chute, and a loop seal. The solid particles are 

sand with an average diameter of 140 m and a density of 2600 kg/m3. The total amount 

of solid inventory in the experiments is approximately 70 kg. One inlet for aeration is 

installed at the bottom of the riser to transport solid materials with a large velocity and 

two inlets are located at the bottom of loop seal to stabilize the gas-solid flow with a 

relatively small air flow rate. In the experiment, the overflow chute was kept sealed for 

both CFB Units A and B. Therefore, the overflow chute is simplified for computational 

convenience. The main geometrical parameters of the DCFB for simulation are listed in 

Table 3-2. 



84 

 

 

Fig 3.2. Schematic of the cold flow model employed in this work [198]. 

 

Table 3-2 Geometrical parameters of the DCFB. 

Parameters Unit A and B 

Height of riser (mm) 3000 

Diameter of riser (mm) 100 
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Height of downcomer (mm) 1730 

Diameter of downcomer (mm) 100 

Diameter of cyclone (mm) 145 

Fig 3.3 shows the 3D geometry and grids of the DCFB. The majority of computational 

domains, including risers, downcomers and cyclones, are meshed with hexahedrons. 

Connecting parts are meshed with the tetrahedrons. A suitable number of computational 

grids could improve the accuracy of the prediction. A grid-sensitivity analysis is used to 

ensure the number of the grid is suitable for this simulation. Three different computational 

domains of 127310, 213600, and 334359 grid elements are tested with the same operation. 

The analysis (Fig 3.4) shows that the time-averaged pressure profile along the riser height 

in the case containing 127310 grids is significantly different from those of the others. 

Meanwhile, the pressures of the 213600 and 334359 grids show similar trends and lower 

deviations. Therefore, the mesh consisting of 213600 grids is considered as giving 

sufficiently accurate results and a reasonable computational cost. Besides, according to 

previous grid-dependence tests for CFB units with similar dimensions [151,176,197,199], 

such resolution is sufficient to predict the hydrodynamic behaviours in the system with 

adequate simulation time and numerical accuracy.  
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Fig 3.3. Computational domain and mesh used in this work. 
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Fig 3.4. Time-averaged pressure profiles along the riser of unit A with different grid 

numbers. 

Initially, the particles are loaded in the DCFB with a solid volume fraction of 0.5. The 

velocity inlet boundary conditions are set for the inlet of risers and pot-seals of units A 

and B. The pressure outlet condition is selected for the outlets. The frictional model of 

Schaeffer [200] for the particle phase and the Johnson and Jackson’s model for wall 

boundary conditions of solid phase [201] is used in this work. The no-slip boundary 

condition is set for the gas phase. The pressure-based approach is employed to solve the 

governing equations. Different discretization schemes for convection terms of each 

governing equation are employed: the second-order upwind scheme is chosen for the 

momentum equation; the Quadratic Upwind Interpolation of Convective Kinematics 
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(QUICK) scheme is chosen for the volume fraction; the first-order upwind scheme is 

chosen for the turbulent kinetic energy and turbulent dissipation rate. The phase coupled 

Semi-Implicit Method for Pressure Linked Equations (SIMPLE) algorithm is used to deal 

with pressure-velocity coupling. The time step is assigned as 0.00005 s in this study. The 

material properties and the simulation parameters are listed in Table 3-3. The 

mathematical model is solved using commercial software ANSYS Fluent 18.1. The 

simulations ran for 65 s and the time-averaged computational results are obtained from 

the period between 45 s and 65 s. 

Table 3-3 Gas-solid properties and computational settings. 

Solid Properties Values 

Density (
s
) 2600 kg/m3 

Average particle size (dp) 140 m 

Restitution coefficient of particles (ess) 0.95 

Restitution coefficient of particles (esw ) 0.95 

Specularity coefficient (ψ) 0.01 

Angle of internal friction 30° 

Friction packing limit 0.60 

Gas Properties Values 

Aeration rate 

A1 140 m3/h 

B1 110 m3/h 

A2 4 m3/h 

B2 3.45 m3/h 
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A3 30 m3/h 

B3 30 m3/h 

Gas density (
g
) 1.225 kg/m3 

Gas viscosity (μ
g
) 1.837×10-5 pas 

Computational Settings Values 

Pressure-velocity coupling Phase coupled SIMPLE 

Time step 5×10-5 s 

Max. number of iterations per time step 50 

Convergence criteria 10-3 

 

3.3 Results and discussion  

In this session, the typical gas-solid flow patterns in the DCFB are first discussed for a 

general description in the DCFB. Then, four drag models are compared for different 

Reynolds numbers to confirm their mathematical difference. And then, the four drag 

models are applied to the DCFB and quantitatively compared in terms of gas-solid flow 

patterns including solid volume fraction and pressure balance, and then further compared 

in terms of solid recirculation rate against experiment measurement. Finally, the 

applicability of four drag models are discussed from the perspective of theory, 

observation in this work and recently simulation work. 
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3.3.1 Description of typical gas-solid flow in the DCFB 

In this part, the simulation results using the classic Gidaspow drag model as an example 

are used to describe the general internal gas-solid flow patterns and evolutions. Fig 3.5 

shows the instantaneous solid volume fraction distribution in the DCFB. Initially, the 

particles are loaded in the downcomers and pot-seals. As the gas is introduced, the bed 

materials are fluidized. Particles exist from the top of the riser and return to the 

downcomer and pot-seal through the cyclone; finally, particles in the downcomer of unit 

B are fluidized by the air flow into the riser of unit A again via the pot-seal. Thus, the 

flow state of the parallel and interactive particle cycle is formed. The height of the bed 

material in the downcomers gradually decreases until the stable circulating flow is 

established. Different fluidization regimes can be observed in the whole system: fast 

fluidization in the riser, and bubbling fluidization in the pot-seals and downcomers. In 

order to explore the flow pattern of the solid phase in the different regions of the apparatus, 

Fig 3.6 illustrates the instantaneous local structure of the solid phase in the DCFB at time 

instant of 60 s. The particles in the bottom region of the riser move chaotically, mainly 

resulting from the mutual influence of back-mixing of solid phase along the wall region, 

the solid phase returned from pot-seal, the fluidizing gas introduced from the inlet, and 

the intensive particle-particle or particle-wall collisions. Comparatively, more regular 

motion of the solid phase can be observed in the upper region of the riser. As denoted in 

Fig 3.6, solid particles change flow direction from the vertical direction to the horizontal 

direction in the top region of the riser and enter the cyclone. Due to the restriction effect 

of the cyclone on the solid motion, the drag force on the particles is mainly not in the 

gravitational direction. Thus, the particles fall along the cyclone surface under the 

influence of gravity in a spiral status. The velocity of the solid phase decreases in the 

falling procedure. The most uncomplicated motion of the solid phase can be observed in 

the downcomer and pot-seal. In the pot-seal, particles move in a nearly packed status. Fig 

3.7 and 3.8 show the radial distribution of time-averaged solid volume fraction and axial 

velocity at different heights in the riser A and B, respectively. Due to the effect of the 
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solid inlet, particles enter the riser from an inclined inlet tube at the bottom with a certain 

initial velocity. Therefore, a higher solid volume fraction can be observed on the opposite 

side of the inlet position in both riser A and B. As a result of high solid volume fraction, 

the solid velocity is relatively low on this side. Except for the influence of outlet, with the 

increase of height, the profiles of solid volume fraction and axial velocity over the cross 

section gradually become flat.  

 

Fig 3.5. Contours of instantaneous solids volume fraction in the dual interconnected 

fluidized bed. 
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Fig 3.6. Instantaneous structure of solid motion, t= 60 s. 

 

  

Fig 3.7. Radial distributions of solid volume fraction and axial velocity at different 

heights in the riser A. 
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Fig 3.8. Radial distributions of solid volume fraction and axial velocity at different 

heights in the riser B. 

3.3.2 Pre-assessment of four drag models 

The interaction between the gas phase and the solid phase is considered by incorporating 

the drag force term β(u⃗ g-u⃗ s) for which, the interphase momentum exchange coefficient, 

β, is denoted by different drag models. Its value is drawn as the function of local Reynolds 

number and voidage under the relevant operating conditions. Therefore, four drag force 

models derived from different methods in this part are compared for different Reynolds 

numbers by plotting β against 𝛼𝑠, as shown in Fig 3.9. It is observed that the EMMS drag 

models [197] and Rong drag model [195] give significantly higher values of β for all the 

range of Reynolds numbers that are studied here. The EMMS model shows a rather 

unusual behaviour between 0.48 and 0.6 of αs  because of the strong influence of the 

heterogeneity index of clusters. At the incipient fluidization voidage, the β of EMMS 

model is lower than all other drag models. In the voidage range from 0.48 to 0.7, the β 

first decreases and then increases quickly. The models by Gidaspow [182] and Tang et al. 

[193] show very similar behaviours for all Reynolds numbers. It is inferred that the four 

models are very different mathematically.  
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(a) (b) 

 

 

(c) (d) 

Fig 3.9. Comparison of drag model equations for different values of 𝑅𝑒𝑠. 𝑅𝑒𝑠=1 (a); 

𝑅𝑒𝑠=10 (b); 𝑅𝑒𝑠=100 (c); 𝑅𝑒𝑠=1000 (d). 

3.3.3 Quantitative comparisons  

Time-averaged solid volume fraction distribution  

Fig 3.10 compares the time-averaged solid volume fraction distribution throughout the 

full-loop system with several horizontal cross sections at different heights of the riser in 

unit A and B for the four drag models. In comparison, the non-uniform distribution of 

solid concentrations can be recognized for all simulations with different drag models. 

Most particles are accumulated in the downcomer and pot-seal while much fewer 

particles can be found in the riser. From contours of solid concentration at different 

heights, a similar phenomenon can be predicted by four drag models that the solid volume 
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fraction αs is dilute in the centre and dense near the wall, showing a significant core-

annulus flow structure in both risers. Meanwhile, with the increasing of the height in both 

risers, the difference of αs along the radial direction gradually diminishes, and the 

distribution of particles tends to be uniform. Fig 3.11 shows the time-averaged axial 

profiles of cross-sectional averaged solid volume fraction for different drag models in the 

riser of unit B. It can be seen the axial voidage profile predicted by Gidaspow drag model 

is close to a vertical line. This result also can be found in some simulation literature  [202–

204]. However, the experimental data show that the solid volume fraction is large at the 

bottom and small at the top of the riser. The simulation with EMMS, Rong and Tang drag 

models can capture this phenomenon. However, all these three drag models have an 

underestimated bed density in the dense phase, while an overestimated one in the dilute 

phase of the bed. This should be attributed to the lack of consideration of the effects of 

cohesive forces and agglomeration, which results in a higher drag force. 

 

  

(a) Gidaspow (b) EMMS 
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(c) Rong et al. (d) Tang et al. 

Fig 3.10. Time-averaged solid volume fraction distribution throughout the full-loop 

system with several horizontal cross sections at different heights of the riser in unit A and 

B. 

 

Fig 3.11. Axial solid volume fraction in Unit B for different drag models. 
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Pressure balance in the CLC system 

The pressure balance is a crucial issue for the chemical looping process because it 

maintains the solid circulation between the AR and FR and can also prevent gas leakage 

within the full system. Fig 3.12 compares the time-averaged pressure profiles along the 

centre line throughout the full-loop system for the four drag models. From results of all 

these four simulation cases, the similar characteristics of pressure distribution can be 

observed that pressure gradient is large at the bottom and comparatively small at the top, 

and the largest gradient occurs at the downcomer and pot-seal, which agrees qualitatively 

with the empirical knowledge [108,205,206]. It is noted that pressure decreases along 

with the height of the riser and is small, ranging from the riser outlets to the cyclone inlets. 

The pressure is nearly constant in the cyclone. The pressure drop for the cyclone and 

downcomer is roughly more than three times of that for riser when using the Gidaspow, 

Rong and Tang drag models, while it seems quite close if the EMMS model is employed. 

In further comparison, it can be seen that the pressure in the body region of the cyclone 

is lower than those in the pot-seal and lower part of the riser. The pressure in the 

downcomer is lower than that in the riser and pot-seal. The relationships between these 

parts are responsible for the closure of the system pressure balance. The full-loop pressure 

distribution feature is consistent with some open literature [171,197,207]. 
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Gidaspow EMMS 

  

Rong et al Tang et al 

Fig 3.12. Time-averaged pressure profile along the center line throughout the full-loop 

system. 

Comparison with experiments in terms of solid circulation rate 

In the DCFB for the CLC process, the solid circulating rate between the AR and FR plays 

a critical role to determine the heat transportation and chemical reactions [208,209]. It is 

a measurable index in DCFB CLC processes. In order to further investigate which drag 

model may predict a more accurate simulation, the simulation results using the four drag 

models are compared with the experiment measurement [198]. 

Fig 3.13 (a) shows the profiles of the solid mass flow rates with different drag force 

models, where the solid mass flow rates are sampled from a horizontal cross-section set 

in the riser of unit A. The intense fluctuations of solid mass flow rates between 0 and 30 

s of the computational time are removed, which could be regarded as the start-up process. 

Afterwards, the solid mass flow rates fluctuate around a constant value, indicating the 

achievement of quasi-stable solid circulation in the whole system. By comparison, the 

strongest fluctuations can be observed using the Gidaspow drag model while the EMMS 

drag model oscillates in a narrow range. The instantaneous values of solid circulating 

rates are averaged between 45 s and 65 s when all curves oscillate around certain constant 
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values. The data presented in Fig 3.13 (b) show that the time-averaged values predicted 

by different models do not match very well with the observed experimental value. It can 

be seen that the all these four drag models predict a higher solid flow rate than the 

experimental value, but the EMMS result is much lower than the other models as the 

heterogeneous flow structure can significantly reduce the gas-solid drag force, which is 

consistent with the Yang's results [210]. By comparison among the drag models presented 

in this work, the solid circulation rate predicted by the EMMS drag model is the closest 

to the experimental value. In contrast, the results predicted by the Gidaspow drag model 

show the most significant deviation in the system and conditions investigated. 

 

 

  

(a) (b) 

Fig 3.13. Profile of the solid mass flow rate with different drag model (a) solid mass flow 

rate fluctuations with the computational time and (b) time-averaged solid mass flow rates 

at the quasi-stable state. 

3.3.4 Discussion of model applicability 

In this section, the applicability of four drag force models used in this work is discussed 

from the perspective of theory, observation in this work and recently simulation work. 
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The Gidaspow [182] drag model has a sharp alternation at αg= 0.8 due to the discontinuity 

caused by switching from Ergun correlation [183] to Wen-Yu [180] correlation which 

can give rise to numerical instability. The Gidaspow model thus cannot accurately capture 

the phenomenon (e.g., cluster) in the low part of the circulating fluidized bed with high 

particle concentration and the resulting heterogeneous structures. It is applicable to 

homogeneous fluidization with the effect of frequently temporal and spatial evolutions of 

gas-solid flows omitted. In this work, the Gidaspow drag model cannot capture the 

phenomenon of dense 𝛼𝑠  in the low part and shows the largest deviation with the 

experimental data. This is also observed in many previous simulation studies 

[185,208,211,212].  

The EMMS [184] drag model divides the flow into three pseudo phases: dilute phase, 

dense phase and suspended clusters. The dilute phase represents the individual particle in 

the gas phase. The dense phase represents particles and gas residing inside clusters, 

whereas the suspended clusters phase represents the individual cluster as a whole entity 

that moves in the gas phase. Particle clusters continuously form and break in 

heterogeneous flows, especially for small particles such as Geldart A particles. The 

clustering of particles results in a heterogeneous solid distribution, with high gas-solid 

slip velocity and remarkable drag reduction [213–215]. Quantifying the clusters and their 

effects on the drag is critical for the realistic simulations of heterogeneous gas–solid flows. 

The EMMS drag model calculates drag force in every three pseudo phases by using a 

conventional Wen-Yu drag model. Drags in the dilute phase and dense phase are 

calculated by using the particle diameter, while drag in the suspended cluster phase is 

calculated by using the cluster diameter [216]. The EMMS drag model is regarded as 

suitable for turbulent or circulating fluidized beds [217,218]. However, there are still 

some problems to be solved concerning the correlation of cluster diameter. Additional 

assumptions have to be made to numerically correct the axial and radial EMMS drag 

models for a specific operating condition which significantly increase the difficulty of 

using this model [216]. In this work, it can be seen that the EMMS drag model predicts a 

https://www.sciencedirect.com/topics/earth-and-planetary-sciences/discontinuity
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higher solid flow rate than the experimental value, but it is much lower than the other 

models as the heterogeneous flow structure can greatly reduce the gas-solid drag force. 

This result is consistent with some previous simulation works  [219–221]. 

Rong [195] drag model was proposed by fitting a curve to the data generated from several 

simulations in the packed bed of uniform spheres by using the Lattice Boltzmann Method 

(LBM) in the range of solid volume fraction 0.1≤ αs≤ 0.6 and mean slip Reynolds number 

0.002≤  Res ≤  3000. For this model, particles are fixed in space without relative motion 

and the effect of particle fluctuations is not accounted for. Until now, this model is just 

applied in packed bed [222–224] or porous media [219,225,226]. 

Tang [193] drag model is probably the first one to take into account the effect of granular 

temperature for a wide range of particle Reynolds numbers (50≤  Res ≤ 1000) and solid 

volume fractions (0.1≤ αs≤0.6) based on the Immersed Boundary Method (IBM) in which 

particles were allowed to move freely under the influence of fluid-particle interactions 

and elastic particle-particle collisions. In this model, however, all the particles were 

uniformly distributed throughout the domain during the simulations. Thus the system 

seems to be homogenous. Some previous simulation works show that this model is not 

able to produce good results in their computation [227,228]. In this work, both Rong and 

Tang drag model give a higher prediction compared with the experimental data. To date, 

no relevant simulation work can be found to study hydrodynamics in the CFB system 

with these two drag models. 

Several fluidization regimes can be observed in the DCFB, including bubbling 

fluidization, turbulent fluidization, fast fluidization, and dilute phase transport regimes. 

The complex interaction between solid and gas phases makes the flow unstable and 

produces non-uniform and time-varying multiscale structures [229–231]. Therefore, 

based on the discussion of the model applicability above, the EMMS drag model is 

regarded as more suitable in the DCFB simulations. 
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3.4 Conclusions  

A 3D TFM hydrodynamic model is developed for a DCFB of CLC unit based on 

Eulerian-Eulerian TFM with the kinetic theory of granular flow. The influence of four 

different drag force models derived from different methods, namely Gidaspow drag 

model, EMMS drag model, Rong drag model and Tang drag model, on the 

hydrodynamics of DCFB are studied in terms of internal flow pattern and overall 

performance. The main conclusions can be drawn as follows: 

1) The overall assessment confirms that the drag model selection has a significant 

influence on simulations of gas-solid flows in DCFBs for chemical looping combustion.  

2) For qualitative analysis, all the drag models can predict a reasonable radial solid 

distribution and pressure distribution, but only the EMMS, Rong and Tang drag models 

can capture the phenomenon of dense αs in the low part of the riser.  

3) For quantitative analysis, the solid circulating rate predicted by the EMMS drag 

model is the closest to the experimental measurements. In contrast, the results predicted 

by the Gidaspow drag model show the most significant deviation. 

In summary, in the system and conditions investigated, the EMMS drag model gives 

the best results for simulating dense gas-solid flows in DCFB, followed by Rong and 

Tang drag models. The Gidaspow drag model shows the most significant deviation. The 

results shed lights on the drag force model sections and the optimization of DCFBs.  



103 

 

 

CHAPTER.4  Hydrodynamic Behaviours in a Coal-

direct Chemical Looping Combustion with Moving-

bed Fuel reactor 

This chapter continues to take the CLC process as an example to study the 

hydrodynamics in the CFB system. Different from the last chapter,  a new type of CLC 

system, which has a unique moving bed configuration,  is used in this chapter. A multi-

fluid model based on the Eulerian-Eulerian framework is used to study the gas-solid 

hydrodynamics in a full-looping moving-bed CDCL unit. In this chapter, the study is 

divided into two steps: firstly, a 3D CFD model is used to investigate the gas-solid flow 

in the air reactor of the CDCL unit used in this chapter. The unique fluidisation state of 

Geldart type D particle is detailed studied. The effects of several variables in terms of 

the operation condition and model selections on the gas-solid flow in the air reactor are 

also explored, including gas velocity, specularity coefficient and different drag models. 

The model is qualitatively and quantitatively validated. Then, the validated model 

settings are applied to build the 3D full-looping moving-bed CDCL unit. Unique 

fluidisation states are predicted in different domains by simulation results. And the 

influence of several boundary conditions on the solid circulation rate and pressure 

distribution are investigated. 

The paper “Numerical study of gas-solid flow behaviors in the air reactor of coal-direct 

chemical looping combustion with Geldart D particles” has been published based on 

the content of this chapter in the journal of Powder Technology. 

The paper “Numerical simulation of the coal-direct chemical looping combustion 

process” is under revision based on the content of this chapter. 
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ABSTRACT 

Chemical Looping Combustion (CLC) is a promising clean combustion technology 

alternative to conventional oxy-combustion because of its technical feasibility to achieve 

intrinsic separation of CO2. In this chapter, a multi-fluid model based on the Eulerian-

Eulerian framework is used to study the gas-solid hydrodynamics in a unique moving-

bed Coal-Direct Chemical Looping (CDCL) unit. In this Coal-Direct Chemical Looping 

(CDCL) process, iron-based oxygen carriers belonging to Geldart D particles are used. 

Such systems have been seldom studied. In particular, the study is divided into two steps: 

firstly, a two-fluid model (TFM) is adopted for describing the gas-solid flows in a bottom-

enlarged air reactor of the CDCL process. The model is qualitatively and quantitatively 

validated. The simulation results indicate that the oxygen carrier particles show a slugging 

flow pattern in the bottom section of the air reactor, an anti-core-annulus structure in the 

riser and a periodic fluctuation in the whole air reactor. The effects of several variables 

on the gas-solid flow in the CDCL air reactor are also studied, including gas velocity, 

specularity coefficient and different drag models. The simulation results indicate that the 

higher gas inlet velocity can increase the pressure drop over the air reactor and show a 

significant influence on solid allocation in the bottom section and the riser. Specularity 

coefficient of zero and Syamlal-O’Brien drag model give the closest mass flow rate by 

comparing with experimental values, indicating that they are suitable for the three-

dimensional air reactor modelling. This model provides a cost-effective tool for a better 

understanding of gas-solid flows in the air reactor of CDCL systems. Then, the validated 
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model settings are applied to build the 3D full-looping moving-bed CDCL unit. Unique 

fluidization states are predicted in different domains of the full-looping system by 

simulation results. And the influence of several boundary conditions on the solid 

circulation rate and pressure distribution are investigated. Compared with the dual 

fluidized bed CLC unit, the pressure drop in this moving bed CDCL unit is low which 

indicates the system is more stable. Results also show that the solid flux through the L-

valve is not affected when the combustor gas velocity increases from 1.6 m/s to 1.8 m/s. 

The solids circulation rate is controlled by the flow rate of aeration gas on the standpipe 

of the L-valve.  

4.1 Introduction 

Over the past decades, carbon dioxide emission has caused the increasing 

concentration of greenhouse gases in the atmosphere. It contributes to many irreversible 

severe environmental issues, such as atmospheric warming, sea-level rise and so on [8]. 

It is well known that carbon dioxide is mainly formed by the combustion of fossil fuels. 

In recent years, Carbon Capture and Storage (CCS) has drawn more and more attention, 

which is an economically-attractive method of reducing greenhouse gases emissions from 

the combustion of fossil fuels. CLC technology is regarded as the latest and most 

promising technology with the inherent separation of CO2 [13]. In conventional 

combustion processes, the fuel will mix directly with air or high concentration oxygen in 

the combustor to produce heat and energy. Therefore, a massive volume of exhaust gas 
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mixture will exit from the combustor, which consists of primarily carbon dioxide, steam 

and nitrogen. Separating CO2 from the N2 requires significant energy and extra costs. 

However, in CLC technology, CO2 separation can be easily achieved because the fuel is 

not in touch with air directly during this process. The net chemical reaction and energy 

release of the CLC process are identical to that of the conventional combustion of fossil 

fuels. A small amount of energy is spent on solid circulation (0.3% of the total energy 

released) [14]. The conventional CLC consists of two separate reactors: an air reactor and 

a fuel reactor. A solid oxygen carrier, which is often a metal oxide, is circulated between 

the reactors to transfer oxygen from the air to fuel reactor. The fuel is fed into the fuel 

reactor where it is oxidized by the lattice oxygen of the metal oxide into CO2 and H2O. 

In the air reactor, reduced oxygen carrier particles are regenerated by air. 

Over the last decade, the chemical looping technology has shown significant 

advancement from its concept to lab and bench-scale testing (<5 kWh) [51,64,65,95], 

sub-pilot scale testing (5-50 kWh) [50,159], and pilot-scale testing (50 kWh - 5MWth) 

[42,158,167,232]. Most CLC processes are developed based on a typical circulating 

fluidized bed, conducted in the bubbling, turbulent, fast fluidized-bed, or spouted bed 

regime. Ohio State University (OSU) Coal-Direct Chemical Looping (CDCL) process 

utilized a unique counter-current moving bed reactor design for the conversion of solid 

fuels to sequestration-ready CO2 [102,233]. Here, a composite iron-based particle which 

belongs to the Geldart D particle was used as the oxygen carrier, different from any 

previously CLC works. It has been proven by long-term research and experimentation 
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that this CDCL sub-pilot unit can achieve a high coal conversion using the counter-

current moving bed reducer and the synthesized iron-based oxygen carriers. Many 

experiments and process analysis by ASPEN PLUS of the bench-scale and sub-pilot scale 

unit have been carried out to verify the improved performance [102,104,234]. However, 

most of the data obtained are global thermal characteristics, such as coal and oxygen 

carrier conversion rates, gas composition at the reducer outlet and temperature at different 

ports. The detailed inner phenomenon such as local flow pattern, temperature distribution 

and product concentration distribution cannot be observed because of the limited 

experimental measurements. Thus, an in-depth understanding of gas-solid 

hydrodynamics is needed for process design and scale-up. 

Computational fluid dynamics (CFD) is a cost-effective tool to offer insights into 

complex fluid dynamics and has become a fundamental method to study multiphase 

systems [235–237]. Several hydrodynamic CFD studies on chemical looping applications 

have been published in the literature. For example, Wang et al. [238] developed a 

comprehensive three-dimensional (3D) numerical model with reaction kinetics model to 

simulate the CLC process in the fuel reactor. The flow patterns, distribution of gas 

components, profile of bubbles and conversions of gas reactants were obtained. In 

addition, the effects of particle diameter and superficial gas velocity on the fuel 

conversion were studied. Geng et al. [151] developed a 3D TFM model for simulating 

the full-looping solid circulation in a dual circulating fluidized bed (DCFB) CLC reactor 

model. Key gas-solid flow behaviours related to gas-solid behaviours, e.g. the transient 
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flow regime, solid velocity, solid distribution and circulation characteristics, were 

numerically investigated. Liu et al. [239] used a 3D computational particle fluid dynamics 

(CPFD) model of a pilot scale circulating bed to simulate its solid-solid characteristics. 

The bed pressure drop characteristics of the CFB were obtained for different bed material 

heights. Wang et al. [240] studied the effect of superficial gas velocity on solid behaviours 

in a full-loop circulating fluidized bed using computational fluid dynamics-discrete 

element method (CFD-DEM). These modelling works provide a guide for further 

understanding of the flow characteristics in CFBs. However, the majority of modelling 

simulations of CLC units are based on the fuel reactor and full-looping system using fine 

and light particles classified to Geldart A or B group. Few CLC simulation works are 

done for understanding the flow behaviour of Geldart D oxygen carrier in the CLC. 

In this work, a 3-D CFD model is adopted to investigate the unique gas-solid flow 

characteristics in the two-stage air reactor of the CDCL system. The model is validated 

against the measurements in a lab-scale slugging fluidized bed. Experimental results from 

a pilot-scale CDCL unit in terms of the solid mass flow rate and pressure drop are also 

used to evaluate the performance of different parameters. The influence of superficial gas 

velocity, wall boundary condition, and drag models on the pressure fluctuation, solid 

concentration and solid axial velocity are then studied. 

4.2 Mathematical Model 

The TFM model under the Eulerian-Eulerian framework with the standard kinetic 
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theory of granular flow is used in the present work [106,182]. The gas phase and solid 

phase are both regarded as a continuum phase, and the former is treated as the primary 

phase while the latter is treated as the secondary phase. The details of TFM formulations 

are summarized in Sections 3.2.1 and section 3.2.2. 

The momentum transfer between the two phases is considered by coupling the inter-

phase forces, including drag, lift, and virtual mass forces. Since the drag force is the key 

accelerating force acting on the solid particles, the drag model must be carefully selected 

to ensure reliable results. There are several drag models that have been proposed over the 

past several decades. They can be basically divided into two main categories: some are 

derived from experimental tests and others are derived from numerical simulations. For 

example, Syamlal and O’Brien’s (1989) drag model [181] is based on the terminal 

velocity of a single particle in a fluid. This model assumes that, at terminal velocity, the 

drag force on a particle is equal to its buoyant weight. Gidaspow (1994) drag model [182] 

is a combination of the Ergun equation [183] and the Wen and Yu (1966) [180] drag model, 

and describes gas-solid flow hydrodynamic in both dense and dilute phases. These two 

drag models mentioned above are derived from the experimental results for homogeneous 

system such as the fixed beds or particulate fluidization and have been used as the 

standard drag models in many fluidized bed simulations. Recent simulation works 

dedicated to improving the accuracy of predictions of the drag force acting on assemblies 

of spheres for a wide range of Reynolds numbers focused in two aspects: (1) developing 

highly accurate solid–fluid boundary conditions [192,241] and (2) introducing granular 
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temperature into the drag force correlation for assemblies of spheres [193]. For example, 

the drag force model by Tenneti et al. (2011) [192] is based on Particle-resolved 

Uncontaminated fluid Reconcilable Immersed Boundary Method (PUReIBM) 

simulations of monodisperse particles and worked well in the two-fluid model framework. 

Based on the results of PR-DNS simulations, Tang et al. (2016) [193] proposed a drag 

model, which is probably the first one to take into account the effects of granular 

temperature for a wide range of particle Reynolds numbers and solid volume fractions 

based on Immersed Boundary Method-Computational Fluid Dynamics (IBM-CFD) 

computations in which particles were allowed to move freely under the influence of fluid-

particle interactions and elastic particle-particle collisions. They will be compared in this 

work. The expressions for β in different drag models studied in this article are collected 

and described in Table 4-2. 

Table 4-1 Gas-solid drag relations. 

Syamlal-O’Brien (1989) [181] 
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𝐴 = 𝛼𝑔
4.14, 𝐵 = 0.8𝛼𝑔

1.28 𝑓𝑜𝑟 𝛼𝑔 ≤ 0.85                               (4-17) 

𝐴 = 𝛼𝑔
4.14, 𝐵 = 0.8𝛼𝑔

2.65 𝑓𝑜𝑟 𝛼𝑔 > 0.85                               (4-18) 

Gidaspow (1994) [182] 
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Tenneti et al. (2011) [192] 
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Tang et al. (2016) [193] 
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The frictional model of Schaeffer [200] for the particle phase and the Johnson and 

Jackson’s model for wall boundary conditions of solid phase [201] is used in this work. 

The no-slip boundary condition is set for the gas phase. The pressure-based approach is 

employed to solve the governing equations. Different discretization schemes for 

convection terms of each governing equation are employed: second-order upwind scheme 

is chosen for the momentum equation; the Quadratic Upwind Interpolation of Convective 

Kinematics (QUICK) scheme is chosen for the volume fraction of gas and solid. The 

phase coupled Semi-Implicit Method for Pressure Linked Equations (SIMPLE) algorithm 

is used to deal with pressure-velocity coupling. A time step for 0.00005s is selected for 

this study. The mathematical model is solved using commercial software ANSYS Fluent 
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18.1. The simulations ran for 100 s and time-averaged computational results are obtained 

from the period between 60 s and 100 s. 

4.3 Simulation conditions 

In CLC systems, the air reactor is usually a column riser. However, in the CDCL unit, 

the air reactor is composed of a combustor and a riser. In the CDCL unit, the combustor 

is an enlarged-bottom column with 6 in inner diameter and 25 in height. During 

experiments [242], the gas with a low velocity but slightly larger than the minimum 

fluidization velocity was introduced into the combustor and the solid particles was in a 

bubbling state. The aim of this design was to increase the solids residence time and the 

solids concentration in the riser and enhance the gas-solid contact without influencing the 

flow behaviour. The inner diameter of upper riser is 2 in and the height is 161 in. Because 

of the reduced cross-sectional area, the gas from the combustor enters the riser with a 

velocity over the terminal velocity so that particles can be transported upwards and back 

to the fuel reactor. A transition section was designed between the two reactors to avoid 

the sudden change of inner phenomenon and smooth the gas-solid flow. The reduced 

oxygen carrier particles from the fuel reactor, Fe3O4, were fed into the combustor from 

the bottom inlet as the bed material. Air was introduced into the reactor from the bottom 

to support the oxidant for the regeneration of oxygen carrier and transport particles back 

to the fuel reactor. These settings are primarily reproduced in the simulations. Moreover, 

the top section is set as the outlet at atmospheric pressure. Solid particles escaping from 

the outlet of air reactor will be recirculated through the side inlet to keep solids constant 
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in this work. Therefore, the boundary condition of the solid inlet is continuously changing 

as the total solid inventory in the air reactor changes. It should be noted that the effects 

of gas distributor above the bottom gas inlet are ignored and it is considered as a uniform 

inlet boundary condition for the sake of model simplification. Figure 1 shows the 3-D 

geometry and grids generated by ANSYS ICEM. The grids are meshed with hexahedrons 

in order to optimize the quality of the mesh. A calculation domain of 85941 cells is used. 

A comprehensive grid independence test is also done to ensure that the mesh used in this 

study is reasonable. In addition, a similar grid size was used in other simulations of similar 

systems [243–246]. These two points can clarify that such resolution is sufficient to 

predict the hydrodynamic behaviours in the system with acceptable simulation time and 

numerical accuracy. The material properties and the simulation parameters used of the 

base case are listed in Table 4-3. 
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(a) (b) 

Fig 4.1. Schematic geometry and mesh of simulated 3-D air reactor. 

Table 4-2 Material properties and computational settings of the base case. 

Solid Properties Values 

Density (s) 2500 kg/m3 

Average particle size (ds) 1.5 mm 

Minimum fluidization velocity (Umf) 1.12 m/s 

Restitution coefficient of particles (ess) 0.95 
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Restitution coefficient of particles (esw) 0.95 

Specularity coefficient (ϕ) 0.5 

Angle of internal friction 30° 

Friction packing limit 0.60 

Packing limit of solid 0.63 

Gas Properties Values 

Inlet gas velocity (Uf) 1.6 m/s 

Gas density (g) 1.225 kg/m3 

Gas viscosity ( g
) 

1.837×10-5
 pas 

Computational Settings Values 

Pressure-velocity coupling Phase coupled SIMPLE 

Gas-solid drag model  Gidaspow [182] 

Time step 5×10-5 s 

Max. number of iterations per time step 50 

Convergence criteria 10-3 
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4.4 Results and Discussion 

4.4.1 Model validation 

Due to the insufficient experimental data for the air reactor used in this study, the 

same model settings are applied to a lab-scale slugging fluidized bed [247] where the 

same fluidized particles were used in experiments. The slugging fluidized bed consists of 

a stainless-steel column with an inner diameter of 76.2 mm and 0.76 m height. An 

enlarged section with a diameter of 154 mm and a height of 0.3 m is installed on top of 

the 76.2 mm section to reduce the gas velocity and disengage the particle from the gas 

flow, so that there is no particle loss during the experiment. In the stainless-steel column 

experiments, the initial bed height under the fixed bed condition is 0.4 m. Besides the 

geometry and initial conditions, the materials and model settings are consistent with the 

model of the air reactor. A technology called electrical capacitance volume tomography 

(ECVT) was used in this experiment for 3-D multiphase flow imaging. In simulation 

setting, the transient solid volume fraction at the same domain as ECVT is monitored. 

Then solid volume fractions can be compared with the experimental data. 

First, the instantaneous solid volume fraction at a different time is shown at Ug=1.56 

m/s (Fig 4.2). It can be seen that the developed slugs under current condition fill the cross-

section of the bed completely, giving the so-called square-nosed slugs [248]. This 

phenomenon also can be observed from the reconstructed slug images through the ECVT 

sensor in experiments [247]. 
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Fig 4.2. Instantaneous snapshots of solid concentration distribution (25 ℃, 1.56 m/s). 

Then, the results of simulations and lab experimental measurements are compared at 

different superficial gas velocities of 1.56 m/s, 1.89m/s and 2.39 m/s. By counting the 

numbers of the recurring changes in the average solid volume fraction through the ECVT 

region, the average time intervals between two successive slugs can be obtained. As 

shown in Fig 4.3(a), when the superficial gas velocity is 1.56 m/s, the average time 

interval between two slugs is 1.82 s by removing the initial 5 s instability, which is 

comparable with the measured time interval ranging from 1.75 to 2 s in the experiment 

(Fig 4.4). When the superficial gas velocity is 1.89 m/s and 2.39 m/s, the average time 

interval between two slugs is around 1.58 s and 1.05 s, respectively. They are all within 



120 

 

the range of experimental measurements, as shown in Fig 4.4. That is, the average time 

internals from the simulation results agree quantitatively well with experimental data in 

a wide range of superficial velocity.  

 

  

(a) (b) 

 

 

(c)  

Fig 4.3. Time-evolution profiles of average solids holdup in ECVT region under three 

typical velocities: Ug=1.56 m/s (a); Ug = 1.89 m/s (b); Ug = 2.39 m/s (c). 
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Fig 4.4. Comparison of time intervals between experimental data [247] and simulation 

results under different velocities. 

 

4.4.2 Typical flow patterns 

Fig 4.5 shows the instantaneous snapshots of solid volume fraction distribution of 

the base case. From the contours of solid volume fraction at different time, segregation 

of gas and solid phases along the combustor can be seen obviously. By comparison, the 

flow in the combustor belongs to the round-nosed slug which is consistent with 

experiment observation [242]. In the riser, the solid phase distribution is dilute because 

of high gas velocity, larger than the terminal velocity. 
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0 s 0.5 s 1.0 s 1.5 s 2.0 s 2.5 s 3.0 s 3.5 s 4.0 s  

Fig 4.5. Instantaneous snapshots of solid volume fraction for the base case, Uf = 1.6 m/s. 

 

For the base case, the axial distribution of the time-averaged solid volume fraction is 

illustrated in Fig 4.6 by averaging cross-sectional solid volume fraction at different 
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heights. It can be seen that a lot of particles accumulate in the combustor which is 

beneficial to increase the solid inventory of the air reactor. Besides, the solid volume 

fraction shows a sudden decrease at the height of 0.65 m because of the smaller cross-

sectional area of the riser. In the riser, the time-averaged distribution of solid is dilute and 

uniform ranging from 0.031 to 0.035 due to high superficial gas velocity.  

 

Fig 4.6. Time-averaged solid holdup at different heights (Uf = 1.6 m/s.). 

Fig 4.7 shows the radial distributions of solid concentration at different heights in the 

air reactor. By comparing values at different radial positions, it can be found that in the 
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combustor, the solid concentration is small at the centre and large near the wall. This is 

because the slugs move upward in the central region and most particles are pushed to the 

wall. However, in the riser, the values of solids volume fraction are higher at the centre 

comparing with the wall which is a special phenomenon of Geldart D type particles at 

high superficial gas velocity-high solids flux conditions called the anti-core-annulus 

structure. It eliminates the undesirable core-annular regime which has been reported by 

many works of literature for the circulation of much smaller and lighter Geldart A and B 

particles [249–252]. Moreover, Kashyap (2011) [253] also observed a similar 

phenomenon for Geldart D particles under slugging condition. One explanation is that 

the flow of large and dense particles under high solid flux condition can break up the 

core-annular regime due to the larger particle inertia. Another explanation is that the 

particle-particle interaction for Geldart group D particles is weak, so heterogeneous 

structures like core-annulus structure will not form [254]. 

 

    

 0.1 m 0.2 m 0.4 m 0.5 m 



125 

 

    

1.0 m 2.0m 3.0 m 4.0 m   

  

Fig 4.7. The radial distributions of solid concentration at different heights in the air reactor 

(Uf = 1.6 m/s.). 

 

The radial distribution profiles of solid velocity at different riser heights are shown 

in Fig 4.8. The simulated results show that particles move upward in the central region 

and drop down near the wall in the combustor. This flow characteristic causes the internal 

circulation of particles and extends the residence time of the oxygen carrier for higher 

oxidation efficiency. In the riser, the simulated results show that particles move upward 

and no solid back-mixing happens across the whole cross section, which can provide a 

better circulation efficiency than general risers with undesirable core-annulus structure. 
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0.1 m 0.2 m 0.4 m 0.5 m 

    

1.0 m 2.0m 3.0 m 4.0 m   

  

Fig 4.8. The radial distributions of solid axial velocity at different heights in the air reactor 

(Uf = 1.6 m/s.). 
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this air reactor. As shown in Table 4, the pressure between the bottom and top of the air 

reactor increases with increasing gas velocity. This is in contrast to the situation for 

bubbling and homogeneously fluidized system [255–258]. The phenomenon appears to 

be largely due to the transformation, and eventual dissipation, of the potential energy 

developed by the rising solid slugs [258]. 

Table 4-3. Pressure drops between the bottom and top of the air reactor for different gas 

inlet velocity. 

Superficial gas velocity (m/s) 1.6 1.8 2.0 2.5 3.0 

Pressure drops (kPa) 11.44 13.36 20.23 54.00 119.14 

 

The axial distribution of the time-averaged solid volume fraction in the air reactor 

under different gas inlet velocities are plotted in Fig 4.9. Similar flow patterns can be 

observed under different gas inlet velocity: a dense flow regime in the bottom (h < 0.65m) 

with solid volume fraction ranging approximately from 30% to 50% and a typical dilute 

pneumatic transport section in the upper part where the holdup is about 3-15%.  

By comparing the solid volume fraction distribution under different gas inlet velocity 

at the same height, it can be seen that the gas inlet velocity shows a significant influence 

on solid distribution in the case of constant solid inventory. In the combustor, increasing 

the gas inlet velocity reduces the solid concentration, meaning the amount of solid 

material and solid residence time decrease in this section. In the riser, the solid 
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concentration increases with the increase of gas inlet velocity, which means the transport 

efficiency increases.  

 

Fig 4.9. Apparent axial solids holdup profiles of the air reactor under different gas inlet 

velocities. 

Fig 4.10 shows the radial distribution of solid volume fraction under different gas 
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fraction increases with the increase of gas inlet velocity in the riser, which means more 

solids are transported. Therefore, the gas inlet velocity has a significant influence on the 

efficiency of the CLC process and should be chosen carefully according to the required 

residence time for complete conversion of oxygen carrier and moderate solid circulation 

rate. 
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3.0 m 4.0 m 

Fig 4.10. Radial distributions of solid axial velocity at different gas inlet velocities in the 

air reactor. 

4.4.4 Effect of wall boundary conditions 

In addition to the governing equations, initial and boundary conditions are necessary 

for a complete description of gas-solid flow systems. In this model, as showed in Table 

4-1, the specularity coefficient (ϕ) is a parameter to describe the roughness of the reactor 

walls, which is difficult to determine and usually treated as an adjustable parameter in 

simulations. The values of specularity coefficient vary between zero and unity, which 

represent the roughness of the reactor walls. In this study, five values of 0, 0.3, 0.5, 0.8, 

and 1.0 are set to account for different slip boundary conditions to obtain an appropriate 

specularity coefficient for the air reactor model. 

Table 4-5 shows the values of the pressure drop over the whole air reactor for 

different specularity coefficients. It can be seen that a significant increase in pressure drop 

can be observed with the increase of specularity coefficients. This observation is 
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consistent with the findings of Loha et al. [49] for bubbling fluidized bed. By comparison 

with the experiment results, a low value ϕ = 0.0 is the closest to the experimental value 

and should be chosen for the model setting. 

Table 4-4 Pressure drops between the bottom and top of the air reactor for different 

specularity coefficients (Uf = 1.6 m/s). 

Specularity coefficient 0 0.3 0.5 0.8 1.0 Exp 

Pressure drops (kPa) 5.877 8.781 11.44 11.666 12.593 5.226 

 

The fluidization behaviour is illustrated in Fig 4.11, which shows instantaneous solid 

volume fraction contours in a combustor for the five specularity coefficients at t = 1.0 s 

(Uf = 1.6 m/s.). For ϕ = 0.0, the bubbles formed at the bottom of the bed are large and 

they merge very close to the inflow to create large slugs with a diameter approximately 

equal with the bed width. A similar picture of fluidization is shown in Fig 4.11 for ϕ=0.3, 

0.5, 0.8, 1.0. It can be seen that all of the fluidization behaviours lie in the slugging regime, 

but the size of the slugs is smaller than in the previous case. As the specularity coefficient 

increases, the formation of slugs is suppressed according to Fig 4.11. 
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0.0 0.3 0.5 0.8 1.0  

Fig 4.11. Instantaneous snapshots of solid concentration distribution for different 

specularity coefficients (Uf = 1.6 m/s). 

Fig 4.12 shows the profiles of the solid mass flow rates with different specularity 

coefficients, where the solid mass flow rates are monitored from the outlet of air reactor. 

In Fig 4.12 (a), the intense fluctuations of solid mass flow rates can be observed for all 

different specularity coefficients in the first 20 s, which can be regarded as the start-up 

process. Afterwards, the values of solid mass flow rates fluctuate around a constant value, 

which means the simulation results reach the quasi-stable state.   

For more accurate comparison among different specularity coefficients, the time-

averaged solid mass flow rates are calculated between 50 s and 75 s, as shown in Fig 4.12 

(b). It can be seen that the specularity coefficient of 0.0 shows reasonable data with the 

relative error of less than 3.1% by compared with the experiment value. With the increase 

of the values of specularity coefficients, the statistic solid mass flow rates decrease and 

all underpredicted it. 
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(a) (b) 

Fig 4.12. Solid mass flow rates with different specularity coefficients: (a)solid mass flow 

rates with the computational time and (b) time-averaged solid mass flow rates at the 

quasi-stable state (Uf = 1.6 m/s). 

 

4.4.5 Effect of drag models 

In the TFM, the interaction between the phases is accounted for by incorporating the 

drag force term β(ug-us), and the interphase momentum exchange coefficient β is provided 

by different drag models. The various expressions for β in different drag models studied 

in this article are described in Table 4-2.  

Fig 4.13 illustrates the comparison of time-averaged solid volume fraction and axial 

velocity distribution in the combustor section using different drag models under Uf = 1.6 

m/s. The existence of core-annular structure of the flow pattern where the dilute particles 

are carried up by the gas in the central region and fall down along the wall can be clearly 

observed by four drag models. By comparison, the Gidaspow and Tenneti drag model 
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gives very similar results. Meanwhile, the Tang drag model shows a significantly different 

solid concentration and axial velocity distribution. 

 

Fig 4.13. Time-averaged solid concentration and axial velocity distribution in the 

combustor section using different drag models: (a) Syamlal-O’Brien; (b) Gidaspow; (c) 

Tenneti et al; (d) Tang et al. (Uf = 1.6 m/s). 

Fig 4.14 shows the profiles of solid mass flow fluctuations with the computational 

time with different drag correlations. The data presented in Fig 4.14 (b) shows the time-

averaged values predicted by different models do not match very well with the observed 

experimental value. All the drag models predict a lower solid flow rate than the 

experimental value. By comparing the drag models presented in this work, the solid flow 

rate predicted by Syamlal-O’Brien drag model is closest and should be chosen in the 

relevant simulations. 
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(a) (b) 

Fig 4.14. Profile of the solid mass flow rate with different drag model (a) solid mass flow 

rate fluctuations with the computational time and (b) time-averaged solid mass flow rates 

at the quasi-stable state. (Uf = 1.6 m/s). 

4.5 Full-loop CDCL simulation  

Based on the parameters study of the air reactor model in the Ohio CDCL unit, the 

optimized mathematical model is applied to simulate the full-loop CDCL unit. 
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4.5.1 Simulation conditions 

 

Fig 4.15. Schematic geometry and grids of the 25 kWh coal direct chemical looping 

subpilot system. A-Reducer, B-Combustor, C-Riser, D-Cyclone. 

The schematic geometry of the 25 kWh CDCL sub pilot system constructed at OSU is 

shown in Fig. 4.15. It can be seen that the CDCL unit consists of two main reactors, a 

combustor (or AR) and a reducer (or FR), and these two reactors are connected by a 

cyclone and a non-mechanical L-valve to form a circulation loop. The FR in this CDCL 

unit adopted a counter-current moving bed design where the solid oxygen carriers move 

down by virtue of gravity in a dense phase. In contrast, gases, such as the fuel gasification 

enhancer (CO2 in this work) as well as the gasification products, move upward, counter-

current to the solids flow direction. The gas-solid counter-current moving bed provides 

many advantages over a fluidized bed such as greater control of the fuel residence time 

and conversion and the oxygen carrier conversions. In the reducer, the solid fuel particles 

are injected at the middle of the reducer. Then, the oxygen carriers are reduced by the gas 

products of solid fuel and the slow discharging velocity of oxygen carrier in moving bed 

reducer ensures a high utilisation efficiency of reactants. The reduced oxygen carrier 
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particles exit the reducer through a non-mechanical L-valve and flow into the combustor 

reactor. The role of the non-mechanical L-valve is to regulate the oxygen carrier 

circulation rate while providing the gas sealing between the combustor and the reducer. 

In the fluidized combustor reactor, the reduced iron particles are regenerated with air at 

high temperatures. The oxygen carrier particles reaching above the freeboard region of 

the combustor reactor become entrained into the riser section and pass through a cyclone 

to replenish the oxygen carrier at the top of the reducer reactor. The total height of the 

system is 5m. The more detailed physical dimensions can be found in the experimental 

study and Table 4-6. Fig. 4.15 also shows the grids of the CDCL unit used in this work. 

The computational domain, including AR, FR, cyclone and L-valve, are meshed with 

hexahedron elements. 

Table 4-5 Dimensions used for the three-dimensional simulation of the CDCL unit. 

Parameters Value in simulation 

AR reactor height 25 in 

AR reactor diameter 6 in 

FR reactor height 104 in 

FR reactor diameter 8 in 

Riser height 161 in 

Riser diameter 2 in 

L-valve length 

Vertical 26 in 

Horizontal 34 in 

L-valve diameter 2 in 

Cyclone diameter  8 in  
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Coal inlet diameter  1 in 

Enhancer gas inlet diameter  1 in 

L-valve gas inlet  1 in 

 

The velocity inlet boundary conditions are set for all the gas inlets and coal inlet. The 

pressure outlet boundary condition is selected for the cyclone top outlets and reducer 

outlet. The Schaeffer frictional model [200] for particle phase and the Johnson and 

Jackson’s model [200] for wall boundary conditions of the solid phase are used. The no-

slip boundary condition is adopted for the gas phase. Variable discretisation schemes for 

convection terms of each governing equation are employed: The Quadratic Upwind 

Interpolation of Convective Kinematics (QUICK) scheme is chosen for the volume 

fraction of gas and solid phases; the second-order upwind scheme is chosen for the 

momentum equation and the first-order upwind scheme is set for the turbulent kinetic 

energy and turbulent dissipation rate. The phase coupled Semi-Implicit Method for 

Pressure Linked Equations (PC-SIMPLE) algorithm is used to deal with pressure-velocity 

coupling. The Green-Gauss cell-based method is applied to estimate the gradients. The 

simulation is performed on the platform of commercial software ANSYS Fluent 19.2. 

The time step is assigned as 0.0001 s. The simulation parameters are listed in Table 4-7. 

Table 4-6 Gas-solid properties and computational settings. 

Properties Values 

Restitution coefficient of particles (ess) 0.95 

Restitution coefficient of particles (esw) 0.95 

Specularity coefficient (ϕ) 0.01 

Angle of internal friction 30° 

Friction packing limit 0.60 

Gas density (
g
) 1.225 kg/m3 
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Gas viscosity (μ
g
) 1.837×10-5 pas 

Boundary condition  

AR gas  Flow rate  Air  1.6 m/s 

L-valve gas Flow rate  Air 30 lpm 

Computational Settings Values 

Pressure-velocity coupling Phase coupled SIMPLE 

Time step 1×10-4 s 

Max. number of iterations per time step 50 

Convergence criteria 10-4 

4.5.2 Results and discussion  

In this session, the typical gas-solid flow patterns in the DCFB are discussed first for a 

general description in the DCFB. Then  

Model validation 

In this section, the model validation is conducted by setting the model to the cold and hot 

experimental conditions [259] and comparing the simulation results with the 

measurements. Fig. 4.16(a) shows the profiles of the solid flux monitored at the L-valve 

outlet. The intense fluctuations of solid flux between 0 and 30 s can be observed, which 

is commonly regarded as the start-up process. Afterward, the solid fluxes fluctuate around 

a constant value, which generally is regarded as the quasi-stable state. The instantaneous 

values of solid fluxes are averaged during the quasi-steady state. Fig. 4.16(b) shows that 

the time-averaged values at the L-valve show reasonable agreement with experimental 

data. 
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(a)  (b)  

Fig 4.16. Time-evolution of solid flux (a) and time-averaged solid flux (b) at the L-valve. 

Typical gas-solid flow in CDCL 

Initially, the solid loadings are packed in the lower part of the CDCL unit with an initial 

solid volume fraction 0.5 at FR and L-valve, 0.4 at AR for faster convergence. As 

different gas species are introduced from several inlets, the solid start to circulate in the 

CDCL unit. Fig 4.17 shows the time-evolution of instantaneous solid volume fraction in 

the CDCL unit. Different fluidisation regimes can be observed in the system: slugging 

fluidisation in the bottom combustor, fast fluidisation in the riser, and moving bed 

fluidisation in the L-valve and reducer, which corresponds to their functions. The cyclone 

dipleg is always under the bed material in the reducer, forming a seal to avoid high-

temperature coal flowing into the cyclone separator, which may cause blockage and 

damage of cyclone wall. The dense solid state in the L-valve can effectively isolate the 

atmosphere between two reactors. During the operating process, a small cavity is formed 

under the outlet of reducer hopper due to particle blockages at the hopper. The particle 

blockages at the outlet are a common issue for hopper or silo discharge. When the gas 

velocity in L-valve is too large, most solid material is blown out to AR and the sealing 

function will be lost. Therefore, the L-valve gas must be within a suitable range.  
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t=0s t=25s t=50s t=75s t=100s  

Fig 4.17. Contours of instantaneous solid volume fraction in the CDCL unit. 

 

Fig 4.18 and Fig 4.19 show the time-averaged solid volume fraction and velocity through 

the full-looping system and two reactors. In the reducer, the bed material is packed in a 

dense state and flows downward with a slow velocity, which forms a counter-current flow 

with the enhancer gas and increases the residence time of oxygen carrier for higher 

conversion. In the combustor, a back-mixing phenomenon occurs, which is beneficial to 

increase the residence time of the oxygen carrier and ensure the reduced oxygen carrier 

can be completely oxidised by O2 in the air. In the riser, the solid phase distribution is 
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dilute because of the high gas velocity, in which the regenerated oxygen carrier can be 

transported to the reducer faster. 

  

 

 

 

(a)  (b)  (c)  

Fig 4.18. Profile of time-averaged solid volume fraction along the central line of the 

AR (a); Contours of time-averaged solid volume fraction in the CDCL unit (b); 

Profile of time-averaged solid volume fraction along the central line of the FR (c). 
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(a) (b) (c) 

Fig 4.19. Profile of time-averaged solid velocity along the central line of the AR (a); 

Contours of time-averaged solid velocity in the CDCL unit (b); Profile of time-

averaged solid velocity along the central line of the FR (c). 

The pressure balance is an essential property for the complex CFB systems because it 

maintains the solid circulation between the AR and FR and can also reflect the fluidisation 

state within the full system. Fig 4.20 (a) shows the time-averaged pressure profiles along 

the centre line throughout the full-loop system. The characteristics of pressure 

distribution in the CDCL unit can be observed that the pressure gradient is large at the 

bottom and comparatively small at the top. It is noted that pressure decreases along with 

the height of the riser and is small, ranging from the riser outlets to the cyclone inlets. 

The pressure is nearly constant in the cyclone and reducer. In further comparison, it can 

be seen that the pressure in the L-valve is slightly lower than that in the combustor, which 

is the main cause of the gas leakage from the AR to FR. The gas leakage in CLC units is 
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a very common issue and decreases the efficiency of the CO2 separation. The result 

predicted by CFD illustrates that optimisation should be done in terms of operation 

condition and design to minimise the gas leakage. Compared with dual fluidized bed CLC 

unit, the pressure drop in this moving bed CDCL unit is low where the system is more 

stable. For better illustration, the transient pressure drop across the reducer is monitored, 

as shown in Fig 4.20 (b). After a start-up stage of about 65s, the pressure drop of the 

reducer reaches a quasi-steady state. The magnitude and fluctuation of pressure drop in 

the reducer are small, which means the reducer operates in a relatively stable condition.  

 

(a) 
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Fig 4.20. Time-averaged pressure profile along the central line throughout the full-loop 

system (a); time-evolution of pressure drop across the reducer (b). 

 

The solid circulation rate in the dual circulating fluidized bed reactor is an important 

factor influencing heat balance and stable operation of CDCL systems. In order to explore 

the influence of gas velocity in system on the solid circulation rate, different combustor 

gas velocity and L-valve gas velocity are used in both experiment and simulation. By 

comparing the results in Fig 4.21. It was also noted that the solid flux through the L-valve 

is not affected when the combustor gas velocity increases form 1.6 m/s to 1.8 m/s. The 

solid circulation rate is controlled by the flow rate of aeration gas on the standpipe of L-

valve. This conclusion is consistent with the experimental measurements [242]. 
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Fig 4.21. Time-evolution of solid fluxes at the L-valve. 

 

The influence of different boundary condition on the pressure distribution is further 

studied. Fig 4.22 shows the time-averaged pressure profiles throughout the full-loop 

system for three different boundary conditions. The profiles show, higher combustor gas 

velocity can reduce the pressure magnitude of the whole system; increase of L-valve gas 

velocity has slightly influence on the pressure distribution of system but just increase the 

local pressure at the L-valve. Besides, refer to the previous discussion, increasing the L-

valve gas velocity maybe an effective way to minimise the gas leakage, where a high 

pressure can be built.  
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Fig 4.22. Time-averaged pressure profile along the central line throughout the full-loop 

system. 

4.6 Conclusions 

In this paper, a comprehensive 3-D numerical simulation has been carried out to 

simulate the gas-solid flow characteristics in a two-staged air reactor and full-loop CDCL 

unit using TFM. The gas-solid flow behaviors, especially solid distribution, solid axial 

velocity and solid circulating characteristics are investigated. Moreover, the effects of gas 

inlet velocity, specularity coefficient, and drag model is explored in detail. The following 

conclusions can be drawn: 

(1) In the combustor, the solid material shows a dense solids slug movement where the 
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particles move upward in the central region and drop down near the wall, which is 

beneficial to increase solid residence time for oxidation. In the riser, the solid phase 

distribution is dilute because of high gas velocity. The particles move upward in the 

whole radial positions and shows an anti-core-annulus flow pattern, which is 

beneficial for solid transportation. 

(2) In the combustor, increasing the gas inlet velocity can reduce the solid 

concentration, meaning the amount of solid material and solid residence time 

decrease in this section. In the riser, the solid concentration increases with the 

increase of gas inlet velocity, meaning the transport efficiency increases 

(3) The specularity coefficient of zero and Syamlal-O’Brien drag model are found 

suitable for the 3-D air reactor model to reasonably predict gas-solid flow 

behaviors. 

(4) Different fluidisation regimes can be observed in the system: slugging fluidization 

in the bottom combustor, fast fluidisation in the riser, and moving bed fluidization 

in the L-valve and reducer, which corresponds to their functions. 

(5) Compared with dual fluidized bed CLC unit, the pressure drops in the whole CDCL 

unit and moving-bed reducer are low which means the system is more stable. 

(6) The SCR is controlled by the flow rate of aeration gas on the standpipe of L-valve.  
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CHAPTER.5 Reactive Flow Behaviours in an Iron-

based Coal Direct Chemical Looping Combustion 

Process 

As a promising combustion technology with the CFB configuration, CLC ia taken as an 

example to investigate the thermochemical characteristics in the CFB chemical 

engineering system. In this chapter, a multi-fluid model based on the hybrid of the 

Eulerian-Eulerian-Lagrangian framework is used to study the reactive flow 

characteristics in a unique moving-bed CDCL unit. Multiple homogenous and 

heterogeneous reactions are considered, including the redox reaction of the oxygen carrier, 

devolatilization, moisture release and char gasification of coal particles. The simulation 

results show a good agreement with the experimental data. The model predicts transport 

characteristics of discrete coal powder in the reducer under cold and hot conditions and 

the results are compared to explain the mechanism of the mixing and separation 

behaviours between the oxygen carrier and coal in the system. The distribution of gas-

solid species and reaction rates are shown to explore the reaction characteristics of this 

system. This work provides a deep understanding of this unique moving bed CDCL unit 

and can be used to further design and optimize similar CLC process performance.  

The paper “Three-dimensional transient modeling of an iron-based coal direct chemical 

looping combustion process ” is under revision based on the content of this chapter. 
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ABSTRACT 

In this chapter, a multi-fluid model based on the hybrid of the Eulerian-Eulerian-

Lagrangian framework is used to study the reactive flow characteristics in a unique 

moving-bed CDCL unit. In the CDCL process, iron-based oxygen carriers belong to 

Geldart D particles are used. The reaction characteristics in such a system have been 

seldom studied. The gas mixture and dense oxygen carrier phase are treated as the 

continuum with the two-fluid model (TFM) and the dilute coal powder as the discrete 

element with the Discrete Particle Model (DPM). Multiple homogenous and 

heterogeneous reactions are considered, including the redox reaction of the oxygen carrier, 

devolatilization, moisture release and char gasification of coal particles. The simulation 

results show good agreement with the experimental data. The model predicts the typical 

gas-solid flow in the full-looping CDCL unit. Transport characteristics of discrete coal 

powder in the reducer under cold and hot conditions are compared to explain the 

mechanism of the mixing and separation behaviours between the oxygen carrier and coal 

in the system. The gas leakage is captured by simulation and the cause is analysed based 

on simulation results. Accordingly, some suggestions are given to minimize gas leakage. 

The distribution of gas-solid species and reaction rates are shown to explore the reaction 

characteristics of this system. This work provides a deep understanding of this unique 

moving bed CDCL unit and can be used as a tool for further designing and optimising 

similar CLC process performance. 
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5.1 Introduction 

In recent decades, chemical looping combustion (CLC) technology has been regarded as 

the latest and most promising combustion technology due to its unique property [13]. In 

conventional combustion processes, the fuel usually mixes with air or high concentration 

oxygen in the combustor to produce heat and energy. A massive volume of exhaust gas 

will exit from the combustor, consisting of primarily carbon dioxide, steam and nitrogen. 

Separating CO2 from the exhaust gas requires considerable energy and extra costs. 

However, in CLC technology, CO2 separation can be easily achieved because the fuel is 

isolated with the air during the operation process. The net chemical reaction and energy 

release of the CLC process are identical to that of the conventional combustion of fossil 

fuels without the extra CCS cost. A small amount of energy is spent on solid circulation 

(0.3% of the total energy released) [14]. A typical CLC system usually consists of two 

interconnected fluidized bed reactors, a fuel reactor (FR) and an air reactor (AR), as 

illustrated in Fig 5.1. The solid oxygen carrier, which is often a metal oxide, is usually 

applied in a chemical looping combustion process to transfer oxygen from the gaseous 

oxygen source of the air to the fuel, which can effectively avoid the direct contact of 

gaseous oxygen and fuel and hence decrease the energy penalty of separation. 
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Fig 5.1. Schematic diagram of the CLC process. 

In the last decade, there are many CLC plants which have been built and tested worldwide 

and many researchers carry out amounts of bench-scale or pilot-scale experiments to 

explore the characteristics of flow, heat and mass transfer inside the chemical looping 

combustion unit. By 2020, there are 22 testing CLC plants worldwide burning solid fuels, 

ranging from 0.5 KWh to 4 MWth. The total operational time has exceeded 4000h for 

over 100 experiments. Many researchers have conducted fundamental experiments to 

find out optimum operating conditions of industrial units. The first attempt of 10 KWh 

CLC system with solid fuels was started in 2008 established by Berguerand and Lyngfelt 

at Chalmers University of Technology [29–31]. They tested the combustion of 

bituminous coal and petcoke in a 10 KWh experimental rig for solid fuels. Many 

operational parameter variations, such as particle circulation, fluidising velocities, fuel 

load and fuel reactor temperature were tested and the influence on the operation 

performance include CO2 capture, solid fuel and gas conversions from the fuel reactor 

were discussed. The research group of Professor. Shen at Southeast University has built 
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and tested two chemical looping combustion units for 1 KWh [49,51,54] and 10 KWh 

[50,61]. These two units have similar configurations where the air reactor is a riser and 

fuel reactor uses a spouted bed. A good performance has been achieved because of the 

strong solids mixing and long residence time of coal particles in the spout-fluid bed. The 

exploration of chemical looping technology with the dual circulating fluidized bed 

configuration experienced rapid improvement at Huazhong University of Science & 

Technology (HUST) [95,96]. Over 300 h of continuous operation experience of HUST 

CLC units contributes to the demonstration of this technique. At Ohio State University 

(OSU), a 25 KWh pilot-scale Coal-Direct Chemical Looping (CDCL) plant has been built 

for electric power generation with the characteristic of inherent CO2 capture [102–104]. 

The FR in this CDCL unit adopted a counter-current moving bed design. Over 230 h of 

operation experience has been conducted. 

Although significant developments have been made in fossil fuel combustion using the 

CLC technology during the last decades, the detailed inner information cannot be 

obtained by experiments because of complicated flow pattern in the system and backward 

measuring equipment. The present knowledge, understanding, and experience of the CLC 

process mainly come from a limited number of research groups operating small CLC 

plants. Besides, because the lab- or pilot-scale results cannot safely be translated to an 

industrial scale, the performance of the actual industrial CLC unit is still uncertain. 

Having a deep understanding of the dynamic characteristic and reaction performance is 

essential for optimal design and scale-up of the CLC system. With the development of 

computer technology and parallel computing, numerical simulation has become the 

primary method to accelerate the growth of the CLC technology, reduce the cost of design 

and operating time, as well as reduce the technical risks.  
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The existing CFD methods can be divided into two main categories, i.e. Eulerian-

Lagrangian method and Eulerian-Eulerian method. One approach is the Eulerian-

Lagrangian approach, which treats the particle phase using the discrete element/particle 

method (DEM/DPM) or the Computational Particle Fluid Dynamics (CPFD) method. It 

can provide detailed particle motion information, such as the trajectories and transient 

forces acting on individual particles and thus is very accurate to describe the gas-solid 

flow behaviours. However, an extensive computational resource (CPU and memory 

resource requirements) is required based on Lagrangian methods to simulate the gas-solid 

system in the actual experimental unit, let alone the industrial plants. In the Eulerian–

Eulerian model, the gas and solid phases are treated mathematically as interpenetrating 

continua. Thus, the computational load is affordable even towards the industry-scale 

simulations, but the disadvantage is the lower accuracy as the modelling of the granular 

phase is based on several assumptions and simplifications. The priority of the two 

methods depends on the research object and application background. For the CFD study 

of CLC processes, both methods have been adopted to investigate the flow and reaction 

behaviours [97,107–110,130]. The full-loop CLC systems simulations mainly focus on 

the solid circulation process, gas leakage performance, and reaction processes such as 

reactant distribution, product distribution, and temperature distribution. Guan et al. 

[148][108] established a three-dimensional (3D) full-loop model to investigate the 

hydrodynamics of a single CFB CLC unit based on the Eulerian-Eulerian TFM model. 

The different fluidisation states in the full-loop system were captured by simulation. The 

effects of operating gas velocity, particle size and total solids inventory on the solids 

circulation rate (SCR) were also investigated based on the system pressure balance. 

Simulation results showed the SCR increased significantly with the increase of gas 
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velocity in the riser. And the SCR became smaller for larger particles but increased with 

solids inventory. Parker [150] investigated a CLC system provided by the National 

Energy Technology Laboratory (NETL) based on the CPFD method. Multiple 

heterogeneous and homogenous reactions were considered in the CLC model, including 

the oxidation and reduction reactions of the metal oxide carrier and gasification reactions. 

Modelling results showing fluidisation regimes, circulation rate, reactor efficiencies, and 

temperature profiles were presented to demonstrate the utility of the model. Chen et al. 

[134] investigated a 50 kWh DCFB reactor for CLC of coal using the  CPFD method. 

The characteristics of the gas-solid reactive flow in the full-loop system were simulated 

in detail, and the relationships among the complex factors of hydrodynamics and 

reactions were better understood. However, present simulations are still very limited for 

the full-loop CLC system, especially the reaction process in some complex configurations. 

In addition, the simulation work of the hydrodynamic and reaction behaviours of the 

unique counter-current moving-bed CDCL process has not been investigated yet where 

details of the flow and reaction have not been revealed and fully understood. 

Therefore, the current work is to comprehensively analyse gas-solid flow and reaction 

characteristics of the 25 kWh sub-pilot unit for the CDCL process developed at OSU (Fig 

5.2) based on a 3D hybrid model. The hybrid model of this work is introduced firstly, 

followed by the validation of numerical results with experimental data. Subsequently, the 

typical gas-solid flow is discussed. And then the transport characteristics of coal powder 

in the reducer and gas leakage phenomena in the whole system are all captured and 

explained through the simulation results. Finally, the reaction behaviours in the system 

are detailed explored. 
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Fig 5.2. Sketch of the CDCL unit. 

5.2 CFD model 

In the present work, a Eulerian-Eulerian-Lagrangian (E-E-L) hybrid model has been used 

to study the CDCL unit regarding the exchange of momentum, heat and mass transfer 

among the gas, oxygen carrier phase and coal powder, as shown in Fig 5.3. This hybrid 

model treats the dense granular phase of oxygen carrier as the continuum and the dilute 

particle phase, fine coal powder, as the discrete element. This strategy does not only 

improve the computation efficiency by describing the macroscopic circulation motion of 

the oxygen carriers as the continuous granular phase but also takes advantage of the DPM 

to track the detailed motion of the coal powders in the FR.  
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Fig 5.3. Diagram of the TFM-DPM hybrid model. 

5.2.1 Governing equations 

For the E-E-L hybrid model used in this work, the gas mixture and dense oxygen carrier 

phase are treated as the continuum with the two-fluid model (TFM) and the dilute coal 

powder as the discrete element with the Discrete Particle Model (DPM). When describing 

the solid continuum phase, the kinetic theory of granular flow (KTGF) is used in the 

transport equation, describing the particle collision and fluctuation. For the dilute coal 

powder, this work employs a DPM method to track dilute particle motion accurately. 

Lagrangian particle tracking is combined with a continuum description of the gas phase. 

The particle movements are calculated based on Newton’s second law for DPM, where 

the gas drag force and the turbulence dispersion are taken into consideration. 
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The integrated interaction of gas-oxygen carrier reaction and gas-coal reaction should be 

considered in a two-way fashion. The governing equations of each phase, including the 

conservations of mass, momentum, and energy, are shown in Table 5-1. 

Table 5-1 Governing equations of gas, oxygen carrier and coal phases. 

Gas phase  

∂

∂t
(αgρ

g
𝑌g)+∇∙(αgρ

g
u⃗ g𝑌g)=-�̇�𝑔 + 𝑆𝑔𝑠 + �̇�𝑝 

(5-1) 

∂

∂t
(αgρ

g
u⃗ g)+∇∙(αgρ

g
u⃗ gu⃗ g)=-αg∇p+∇∙τ ̿g+αgρ

g
g⃗ +β(u⃗ s-u⃗ g)+𝐹 𝑡𝑑,𝑔 − �̇�𝑔𝑠u⃗ 𝑔 

(5-2) 

∂

∂t
(αgρ

g
ℎg)+∇∙(αgρ

g
u⃗ gℎg)=-𝛼𝑔

𝜕𝑝

𝜕𝑡
+ 𝜏�̿�: ∇𝑢𝑔⃗⃗⃗⃗ − ∇𝑞𝑔⃗⃗⃗⃗ + 𝑆𝑔 + 𝑄𝑠𝑔 +𝑚𝑠𝑔̇ ℎ𝑠𝑔

+ 𝑄𝑔𝑝 + 𝑆𝑝 + 𝑄𝑟𝑎𝑑 

(5-3) 

Solid phase (oxygen carrier)  

∂

∂t
(α𝑠ρ𝑠𝑌𝑠)+∇∙(αsρsu⃗ s𝑌s)=-�̇�𝑠𝑖 + 𝑆𝑠𝑖 

(5-4) 

∂

∂t
(αsρs

u⃗ s)+∇∙(αsρsu⃗ su⃗ s)=-αs∇p+∇∙τ ̿s+α𝑠ρsg⃗ +β(u⃗ g-u⃗ s)+𝐹 𝑡𝑑,𝑠 − �̇�𝑠𝑔u⃗ 𝑠 
(5-5) 

∂

∂t
(αsρs

ℎs)+∇∙(αsρsu⃗ sℎs)=-𝛼𝑠
𝜕𝑝

𝜕𝑡
+ 𝜏̿𝑠: ∇𝑢𝑠⃗⃗⃗⃗ − ∇𝑞𝑠⃗⃗  ⃗ + 𝑆𝑠 +𝑄𝑔𝑠 −𝑚𝑠𝑔̇ ℎ𝑠𝑔 

(5-6) 

Powder phase (pulverised coal)  

𝑑𝑚𝑝

𝑑𝑡
= −�̇� 

(5-7) 

𝑑�⃗� 𝑝
𝑑𝑡

=
�⃗� − �⃗� 𝑝
𝜏𝑟

+
𝑔 (𝜌𝑝 − 𝜌)

𝜌𝑝
+ 𝐹  

(5-8) 

𝑚𝑝𝐶𝑃
𝑑𝑇𝑝
𝑑𝑡

= ℎ𝐴𝑝(𝑇∞ − 𝑇𝑝) − 𝑓ℎ
𝑑𝑚𝑝

𝑑𝑡
𝐻𝑟𝑒𝑎𝑐  

(5-9) 
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The standard k- dispersed turbulence model is used for computing the turbulent kinetic 

energy and the dissipation rate of gas phase is as follows: 

 

μ
gt

=ρ
g
Cμ

k
2

ε
 (5-10) 

∂

∂t
(αgρ

g
k)+∇∙ (αgρ

g
u⃗ gk)=∇⋅ (αg

μ
gt

σk

∇k)+αgGk-αgρ
g
ε+αgρ

g
∏

k
 (5-11) 

∂

∂t
(αgρ

g
ε)+∇⋅ (αgρ

g
u⃗ gε)=∇⋅ (αg

μ
gt

σε

∇ε)+αg

ε

k
(C1Gk-C2ρ

g
ε)+αgρ

g
∏

ε
 (5-12) 

 

In eqns (5-10) -(5-12), k represents the turbulent kinetic energy and   is the dissipation 

rate of turbulent kinetic energy. ∏
k
 and ∏

ε
 stand for interphase turbulence exchange 

terms. The constants in the equations are 𝐶𝜇 = 0.09, 𝐶1 = 1.44, 𝐶2 = 1.92, σk=1.0 and 

σε=1.3. 

The Gunn model [260] is adopted to describe the interphase heat transfer. The gas-solid 

heat transfer coefficient hgs can be formulated as: 

ℎ𝑔𝑠 =
6𝑘𝑔𝛼𝑠𝛼𝑔𝑁𝑢𝑠

𝑑𝑝2
 (5-13) 

𝑁𝑢𝑠 is the Nusselt number:  
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𝑁𝑢𝑠 = (7 − 10𝛼𝑔 + 5 𝛼𝑔
2) (1 + 0.7𝑅𝑒𝑠

0.2𝑃𝑟
1
3) + (1.33 − 2.4𝛼𝑔

+ 1.2𝛼𝑔
2)𝑅𝑒𝑠

0.7𝑃𝑟
1
3 

(5-14) 

kg is the thermal conductivity of the gas; Res is the Reynolds number and Pr is the Prandtl 

number.  

The P-1 radiation model [261] is adopted to simulate the thermal radiation, where the 

heat source due to radiation is calculated by: 

𝑄𝑟𝑎𝑑 = 𝑎𝐺 − 4𝑎𝑛2𝜎𝑇4 (5-15) 

Where ɑ is the absorption coefficient, n is the refractive index of the medium, G is the 

incident radiation, σ is the Stefan-Boltzmann constant. 

In the TFM framework, the KTGF is used to express the solid pressure and viscosities in 

terms of the granular temperature [106] for gas-oxygen carrier submodel. 

∂

∂t
(αsρsu⃗ s)+∇∙(αsρsΘsu⃗ s)=

2

3
(-psI+̿αsτ̿s):∇u⃗ s + ∇ ∙ (ks∇Θs)-γΘs-3βΘs (5-16) 

The collisional energy dissipation term γ
Θs
 is given by: 

γ
Θs

=
12(1-e2)αs

2𝜌𝑠𝑔0𝛩𝑠
3/2

dp√π
 (5-17) 

The bulk viscosity of the particle phase accounts for the resistance of granular particles 

to compression and expansion, given by Lun et al. (1984) [196]: 

λs=
4

3
αs

2ρ
s
dpg

0
(1+e)√

Θs

π
 (5-18) 
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The particle shear viscosity is calculated by the sum of collisional viscosity, kinetic and 

frictional viscosity: 

μ
s
=μ

s,col
+μ

s,kin
+μ

s,fr
 (5-19) 

μ
s,col

=
4

5
αs

2ρ
s
dpg

0
(1+e)√

Θs

π
 (5-20) 

μ
s,kin

=
αsρs

dp√πΘs

6(3-e)
[1+

2

5
(1+e)(3e-1)g

0
αs] (5-21) 

μ
s,fr

=
p

s
sin ϕ

2√I2D

 (5-22) 

where 𝜙 is the angle of internal fraction; I2D is the second invariant of the deviatoric 

stress tensor. 

The Syamlal-O’Brien drag model [181] is used in this work which was derived based on 

the terminal velocity of particles. The drag model is written as follows: 

𝛽 =
3

4

𝛼𝑠𝛼𝑔𝜌𝑔
𝜐𝑟,𝑠2 𝑑𝑝

𝐶𝐷 (
𝑅𝑒𝑠
𝜐𝑟,𝑠

) |u⃗ 𝑠 − u⃗ g| 
(5-23) 

where 

𝐶𝐷 = [0.63 +
4.8

√𝑅𝑒𝑠 𝜐𝑟,𝑠⁄
]

2

 
(5-24) 

and  

𝜐𝑟,𝑠 = 0.5(𝐴 − 0.06𝑅𝑒𝑠 +√(0.06𝑅𝑒𝑠)2 + 0.12𝑅𝑒𝑠(2𝐵 − 𝐴) + 𝐴2) (5-25) 

with  

A = 𝛼𝑔
4.14, 𝐵 = 0.8𝛼𝑔

1.28          for 𝛼𝑔 ≤ 0.85 (5-26) 

or 
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A = 𝛼𝑔
4.14, 𝐵 = 𝛼𝑔

2.65          for 𝛼𝑔 > 0.85    (5-27) 

 

Further, the turbulent dispersion force is described by the equation proposed by Lopez 

De Bertodano [262], which is given by: 

 

𝐹 𝑡𝑑,𝑔 = −𝐹 𝑡𝑑,𝑠 = 𝐶𝑡𝑑𝜌𝑔𝑘𝑔∇𝛼𝑠    (5-28) 

 

Dispersion of Lagrangian coal particles due to the fluctuation of the continuous-phase 

velocity is modelled by employing the Random Walk model [263] in order to consider 

the contribution of turbulent dispersion on the trajectory of a Lagrangian particle. 

In this hybrid model, the gas-oxygen carrier Eulerian-Eulerian and gas-coal Eulerian-

Lagrangian are two-way coupled by exchanging gas phase quantities in terms of flow, 

temperature and gas species concentrations. Under this framework, the DPM are fully 

coupled with the gas phase at each time step, in which the data is transferred between the 

gas and coal phases through the related source term. Meanwhile, the exchange of mass, 

momentum and energy between the continuous gas and oxygen carrier phases is 

conducted through the related source terms. 

5.2.2 Chemical kinetics 

In this model, the complex pulverised coal combustion is regarded as a multistage process 

involving: (1) preheating; (2) devolatilization of raw coal, producing VM (volatile matter) 

and char; (3) reduction reaction between VM and oxygen carrier; and (4) gasification of 

residual char. The pulverised coal is injected at the middle of the moving bed, whereby 
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the coal inlet splits the reactor roughly into two different reaction sections. In the upper 

chamber, the volatile matter from the coal devolatilization moves upward and is oxidised 

by the oxygen carrier to carbon dioxide and steam. Meanwhile, the carbon char which is 

left after coal devolatilization flows down into the lower chamber and is gasified by the 

enhancer gas (CO2 in this work). The detailed reaction steps are shown in Fig 5.4. 

 

Fig 5.4. Scheme of the iG-CLC process for solid fuel combustion. 

 

The devolatilization model of raw coal 

The devolatilization process of raw coal is modelled by the two-competing-reactions 

model [35] considering the proximate and ultimate analyses of the Powder River Basin 

(PBR) coal. The PRB coal used in this simulation is a sub-bituminous from the Black 
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Thunder mine of Wyoming, USA. The material properties of PBR coal used in the 

simulation are summarised in Table 5-2. Coal particles are assumed to have a constant 

size distribution 90 μm and to be initially composed of 50.8 wt.% carbon char, 41.29 wt.% 

volatile organics, 7.91 wt.% ash with an initial particle density of 1470 kg/m3 [104].  

Table 5-2. Properties of PRB coal in CDCL process at OSU. 

Proximate analysis  

Component  Value  Units 

Ash 7.91 wt.% db 

Volatile matter 41.29 wt.% db 

Fixed matter 50.8 wt.% db 

Moisture  13.505 wt.% ar 

Ultimate analysis   

Carbon  71.25  wt.% db 

Hydrogen  4.54 wt.% db 

Nitrogen 1.13 wt.% db 

Sulfur  0.46 wt.% db 

Oxygen (by difference)  14.68 wt.% db 

Average particle size, dc 90 𝜇𝑚 

Density, 𝜌𝑐 1473 kg/m3 
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The volatile organics in the coal particles will volatilised into 66.8% methane, 24.4% 

carbon monoxide, 5.9% water, and 2.83% carbon dioxide on a weight basis [150]. The 

kinetic reaction model can be expressed as: 

𝑅𝑑𝑒𝑣𝑜 = (𝑌𝑎𝑘𝑎 + 𝑌𝑏𝑘𝑏)𝐶𝑐𝑜𝑎𝑙 (5-29) 

With 𝐶𝑐𝑜𝑎𝑙  is the concentration of non-reacted coal in the solid particles, and the reaction 

rate constant ki can be expressed using the Arrhenius form: 

𝑘𝑖 = 𝐴𝑖𝑒𝑥𝑝(−
𝐸𝑖
𝑅𝑇𝑝

) 
(5-30) 

𝑌𝑎 = 𝑉𝑀(𝑑𝑎𝑓) (5-31) 

𝑌𝑏 = 1.25𝑌𝑎
2 + 0.92𝑌𝑎 (5-32) 

 

The relevant parameters in the two-competing reaction rate are as follows: 

𝐴𝑎 = 3.7 × 105𝑠−1, 𝐸𝑎 = 18000𝐾 (5-33) 

𝐴𝑏 = 1.46 × 1013𝑠−1, 𝐸𝑎 = 30189𝐾 (5-34) 

 

Char gasification model 

The reaction between the char remaining after the release of the volatiles and the oxygen 

carrier is not direct but involves an intermediate gasification step with the gases. The 

carbon char in the coal particles is gasified through steam gasification and 

CO2 gasification reactions. The detailed reaction relationships are listed in Table 5-3. 



167 

 

Table 5-3. Char gasification reaction models 

Steam gasification  𝐶(𝑠) + 𝐻2𝑂 → 𝐶𝑂 +𝐻2 

 
𝑅𝐻2𝑜,𝑔𝑎𝑠𝑖 = 6.36𝑇𝑐𝑜𝑎𝑙 exp (−

22645𝐾

𝑇
) [𝐻2𝑂] 

𝐶𝑂2 gasification 𝐶(𝑠) + 𝐶𝑂2 → 2𝐶𝑂 

 
𝑅𝑐𝑜2,𝑔𝑎𝑠𝑖 = 6.36𝑇𝑐𝑜𝑎𝑙 exp (−

22645𝐾

𝑇
) [𝐶𝑂2] 

 

Heterogeneous reaction model  

The selected oxygen carrier particles for the CDCL process consist of reactive metal 

oxides (Fe2O3) and inert supports. The iron-based oxygen carrier particles in this study 

are specially developed for the counter-current moving bed chemical looping processes 

for the conversion of both gaseous or solids fuel feedstock [104,233]. The material 

properties of PBR coal used in the simulation are summarised in Table 5-4. 

Table 5-4 Properties of oxygen carrier in the CDCL process at OSU 

Parameter  Value  Units 

Reactive metal  Fe2O3 - 

Reduce product  FeO - 

The weight content of inert supports  40% Al2O3 wt.% 

Density, 𝜌𝑜𝑐   2500  kg/m3 

Average particle size, doc 1.5 mm 

 

The reactions for oxidation of ilmenite by oxygen in the AR and the reduction of ilmenite 

in the FR by methane, hydrogen, and carbon monoxide are represented by the conversion 
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between FeO and Fe2O3. As described in the previous section, the metallurgical coke 

gasification is the rate-determining step, so the increase in CO2 flowrate results in higher 

carbon conversion by enhancing the kinetics of metallurgical coke gasification, as shown 

in Table 5-5. 

Table 5-5. Oxidation and reduction reactions of the oxygen carrier. 

𝐶𝐻4 reduction  4𝐹𝑒2𝑂3 + 𝐶𝐻4 → 8𝐹𝑒𝑂 + 𝐶𝑂2 + 2𝐻2𝑂 

 
𝑅𝐶𝐻4,𝑟𝑒𝑑𝑢𝑐 = 8.957 × 104 exp (−

1.62617 × 104

𝑇
) (𝑚𝐹𝑒2𝑂3

)2/3(𝑚𝑝)
1/3[𝐶𝐻4] 

𝐻2 reduction 𝐹𝑒2𝑂3 +𝐻2 → 2𝐹𝑒𝑂 + 𝐻2𝑂 

 
𝑅𝐻2,𝑟𝑒𝑑𝑢𝑐 = 142.153exp (−

7.81814 × 103

𝑇
) (𝑚𝐹𝑒2𝑂3

)2/3(𝑚𝑝)
1/3[𝐻2] 

𝐶𝑂 reduction 𝐹𝑒2𝑂3 + 𝐶𝑂 → 2𝐹𝑒𝑂 + 𝐶𝑂2  

 
𝑅𝐶𝑂,𝑟𝑒𝑑𝑢𝑐 = 229.279 exp (−

9.70652 × 103

𝑇
)(𝑚𝐹𝑒2𝑂3

)2/3(𝑚𝑝)
1/3[𝐶𝑂]0.8 

Oxidation  4𝐹𝑒𝑂 + 𝑂2 → 2𝐹𝑒2𝑂3  

 
𝑅𝑜𝑥𝑖 = 2.776exp (−

3.06712 × 103

𝑇
) (𝑚𝐹𝑒𝑂)

2/3(𝑚𝑝)
1/3[𝑂2] 

Water-gas shift reaction model 

The water-gas shift reaction model is also taken into consideration： 

𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 +𝐻2 

𝑅𝑤𝑔𝑠 = 1.31706× 10−5𝑃1.504𝑇𝑎𝑠ℎ
2 exp (−

8417.81𝐾

𝑇
− 8.91) [𝐶𝑂][𝐻2𝑂] 
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5.3 Computational details  

The schematic geometry of the 25 kWh CDCL sub-pilot system constructed at OSU is 

shown in Fig. 5.5. It can be seen that the CDCL unit consists of two main reactors, a 

combustor (or AR) and a reducer (or FR), and these two reactors are connected by a 

cyclone and a non-mechanical L-valve to form a circulation loop.  The FR in this CDCL 

unit adopted a counter-current moving bed design where the solid oxygen carriers move 

down by virtue of gravity in a dense phase. In contrast, gases, such as the fuel gasification 

enhancer (CO2 in this work) as well as the gasification products, move upward, counter-

current to the solids flow direction. The gas-solid counter-current moving bed provides 

many advantages over a fluidized bed such as greater control of the fuel residence time 

and conversion as well as of the oxygen carrier conversions. In the reducer, the solid fuel 

particles are injected at the middle of the reducer. Then, the oxygen carriers are reduced 

by the gas products of solid fuel. The slow discharging velocity of oxygen carrier in 

moving bed reducer ensures a high utilisation efficiency of reactants. The reduced oxygen 

carrier particles exit the reducer through a non-mechanical L-valve and flow into the 

combustor reactor. The role of the non-mechanical L-valve is to regulate the oxygen 

carrier circulation rate while providing the gas sealing between the combustor and the 

reducer. In the fluidized combustor reactor, the reduced iron particles are regenerated 

with air at high temperatures. The oxygen carrier particles reaching above the freeboard 

region of the combustor reactor become entrained into the riser section and pass through 

a cyclone to replenish the oxygen carrier at the top of the reducer reactor. The total height 

of the system is 5m. More detailed physical dimensions can be found in the experimental 

study [103,104,242] and Table 5-6. Fig. 5.5 also shows the grids of the CDCL unit used 
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in this work. The computational domain, including AR, FR, cyclone and L-valve, are 

meshed with hexahedron elements. 

 

Fig 5.5. Schematic geometry and grids of the 25 kWh coal direct chemical looping sub-

pilot system. A-Reducer, B-Combustor, C-Riser, D-Cyclone. 

 

Table 5-6.  Dimensions used for the three-dimensional simulation of the CDCL unit. 

Parameters Value in simulation 

AR reactor height 25 in 

AR reactor diameter 6 in 

FR reactor height 104 in 

FR reactor diameter 8 in 

Enhancer gas

Z

X
Unit: mm

Air

L-valve gas

Coal

Reducer outlet

Cyclone outlet

A

B

C

D

5
0

0
0
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Riser height 161 in 

Riser diameter 2 in 

L-valve length 

Vertical 26 in 

Horizontal 34 in 

L-valve diameter 2 in 

Cyclone diameter  8 in  

Coal inlet diameter  1 in 

Enhancer gas inlet diameter  1 in 

L-valve gas inlet  1 in 

 

The velocity inlet boundary conditions are set for all the gas inlets and coal inlet. The 

pressure outlet boundary condition is selected for the cyclone top outlets and reducer 

outlet. The Schaeffer frictional model [200] for particle phase and the Johnson and 

Jackson’s model [200] for wall boundary conditions of the solid phase are used. The no-

slip boundary condition is adopted for the gas phase. Variable discretisation schemes for 

convection terms of each governing equation are employed: The Quadratic Upwind 

Interpolation of Convective Kinematics (QUICK) scheme is chosen for the volume 

fraction of gas and solid phases; the second-order upwind scheme is chosen for the 

momentum equation and the first-order upwind scheme is set for the turbulent kinetic 

energy and turbulent dissipation rate. The phase coupled Semi-Implicit Method for 

Pressure Linked Equations (PC-SIMPLE) algorithm is used to deal with pressure-velocity 

coupling. The Green-Gauss cell-based method is applied to estimate the gradients. The 

simulation is performed on the platform of commercial software ANSYS Fluent 19.2. 

The time step is assigned as 0.0001 s. The simulation parameters are listed in Table 5-7. 
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Table 5-7. Gas-solid properties and computational settings. 

Properties Values 

Restitution coefficient of particles (ess) 0.95 

Restitution coefficient of particles (esw ) 0.95 

Specularity coefficient (ϕ) 0.01 

Angle of internal friction 30° 

Friction packing limit 0.60 

Gas density (
g
) Volume-weighted-mixing-law 

Gas viscosity (μ
g
) Mass-weighted-mixing-law 

Boundary condition  

AR gas  

Flow rate  Air   1.6 m/s 

Temperature  900 ℃ 

Enhancer gas 

Flow rate  CO2 3 lpm 

Temperature  785 ℃ 

L-valve gas 

Flow rate  N2 30 lpm 

Temperature  900 ℃ 

Coal flow 

Flow rate  20.8 g/min 

Temperature  984 ℃ 

Computational Settings Values 

Pressure-velocity coupling Phase coupled SIMPLE 

Time step 1×10-4 s 
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Max. number of iterations per time step 50 

Convergence criteria 10-4 

 

5.4 Results and discussion  

In this session, the numerical results are validated with experimental data. Subsequently, 

the typical gas-solid flow is discussed. And then the transport characteristics of coal 

powder in the reducer and gas leakage phenomena in the whole system are all captured 

and explained through the simulation results. Finally, the reaction behaviours in the 

system are detailed explored. 

5.4.1 Grid independence test 

A grid-sensitivity analysis is conducted to ensure a suitable number of the grid for 

accurate simulation results. Three different computational domains of 232188, 332081 

and 522962 grid elements are tested for the same operation. The comparison in Fig 5.6 

shows that the time-averaged pressure profile along the air reactor in the coarse-grid case 

of 232188 grids is significantly different from those of the others. Meanwhile, the 

pressure using the 332081 (medium) and 522962 (fine) grids show similar trends with 

small deviations. Therefore, 522962 grids are adopted in this work, as it achieves 

sufficient accuracy. 
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Fig 5.6. Time-averaged pressure profiles along the AR with different grid numbers. 

 

5.4.2 Model validation 

In this section, the model validation is conducted by setting the model to the cold and hot 

experimental conditions [259] and then comparing the simulation results with the 

measurements. Fig. 5.7(a) shows the profiles of the solid flux monitored at the L-valve 

outlet. The intense fluctuations of solid flux between 0 and 30 s can be observed, which 

is commonly regarded as the start-up process. Afterwards, the solid fluxes fluctuate 

around a constant value, which generally is regarded as the quasi-stable state. The 

instantaneous values of fluxes are averaged during the quasi-steady state. Fig. 5.7(b) 
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shows that the time-averaged values at the L-valve show reasonable agreement with 

experimental data. 

 

  

(a) (b) 

Fig 5.7. Time-evolution of solid flux (a) and time-averaged solid flux (b) at the L-valve. 

Fig. 5.8 (a) gives the time-evolution profiles of the CO2 volume fraction at the reducer 

outlet and O2 volume fraction at the combustor outlet. According to the experiment [103], 

the steam (H2O) and Nitrogen (N2) are removed when calculating the gas volume fraction. 

At the initial condition, the system is filled by N2, while the content of other gas species 

is zero. As the simulation starts, different gas components are introduced into the system 

with a constant flow rate, as shown in Table 5-7. The O2 concentration of the combustor 

is analyzed to monitor the regeneration degree of the oxygen carriers. The concentration 

profile of O2 in Fig 5.8(a) is shown to be approximately 18 vol % after the system 

becomes a quasi-steady state, which is less than atmospheric (21%), indicating 

consumption of O2 by the reduced oxygen carrier. The CO2 monitored at the reducer 

outlet is mainly generated through various reactions, including the devolatilisation 

process of raw coal,  reduction reactions of the oxygen carrier with the CH4, H2 and CO 

and the water-gas shift reaction. Part of the CO2 monitored at the reducer outlet is from 
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the residual enhancer gas. After the system reaches the quasi-steady state, the 

concentrations of CO2 in the reducer outlet and O2 in the combustor outlet are averaged 

by time and compared with the experimental measurements. It can be seen the simulation 

results of gas concentrations agree well with the experimental data within an acceptable 

range. Meanwhile, it also can be observed that the concentration of O2 in combustor by 

simulation is slightly higher than experimental data, which represents a lower oxidation 

degree of the oxygen carrier, and the concentration of CO2 in reducer by simulation is 

slightly lower than experimental data, which represents a lower reduction degree of the 

oxygen carrier. This is because, in this model, the one-step reduction and oxidation 

reaction are considered, like the most of previous simulation work of CLC processes 

[150,177,178]. Actually, three-step reduction and oxidation of oxygen carriers occur in 

this CDCL system due to the unique moving bed reducer design, indicating the oxygen 

carrier has a higher degree of oxidation and reduction, so more O2 is consumed in the 

combustor and more CO2 is produced in the reducer. However, the complex kinetic model 

is too computer-consuming to be implemented in the full-loop CDCL model in this work. 

More exploration of the kinetic model will be done in our future work. 
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Fig 5.8. Time-evolution of CO2 concentration at the reducer outlet and O2 concentration 

at the combustor outlet (a); Time-averaged concentration of CO2 in reducer and O2 in 

combustor (b). 

5.4.3 Transport characteristics of coal powder in the reducer 

In CDCL processes, the fine coal powder is not allowed to flow into the AR and non-

combustible waste (e.g., coal ash) must be removed in the reducer. Meanwhile, the 

migration pattern of the solid fuel powder and its contact time with coarse particles 

(oxygen carrier) can significantly affect the reaction rate and the product yield. A suitable 

residence time of coal powder in the FR is an important factor for CDCL performance. 

In the Ohio CDCL process, the oxygen carrier particle size (Geldart group D) can be an 

order of magnitude larger than the pulverised coal (Geldart group A), where the coal 

powder can flow through the interstitial space among coarse particles, as shown in Fig 

5.9. Due to differences of the particle size and density, the minimum fluidisation velocity 

of coarse oxygen carrier particles is orders of magnitude higher than that of the fine coal 

powder particles. It provides a direct way to control the transport behaviour of coal 

powders through the reasonable selection of the enhancer gas velocity. 
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Fig 5.9. Typical fine particles migration pattern with upward aeration. 

 

Fig 5.10 shows time evolutions of the distribution of DPM coal particles in the Ohio 

CDCL system under the cold condition and hot condition, respectively. Due to numerous 

particles in the system, for the better display of the particle distribution, only 500 particles 

were tracked for post-processing. After being injected from the middle coal inlet, the coal 

particles permeate and transport in the oxygen carrier bed driven by the combination of 

gravity, drag force (from enhancer gas flow), and collision (interaction with 

packed oxygen carrier particles) forces. At room temperature, there is no chemical 

reactions for raw coal particles in the system. Meantime, the gas velocity inside the 

reducer is lower than the minimum fluidisation velocity of raw coal particles. Therefore, 

it can be observed clearly by Fig 5.10(a) that the raw coal keeps falling after entering the 

reducer and finally, it will flow to the AR. Upon heating, the coal powders will rapidly 

volatilised and release volatile matter into the moving bed, as described in Chapter 4. It 
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can be founded in Fig 5.10 (b) that near the coal inlet zone the density of coal particles 

decreases after the fast devolatilization process. Then, the char left in the coal particles 

continues to permeate into the moving bed and react with the CO2 and H2O from the 

enhancer gas and volatile matter. The density of coal further decreases until all char can 

be consumed completely. At this time, due to the decrease of density and the production 

of a large amount of reaction gas, the gas velocity in the reducer is greater than the 

terminal velocity of coal particles. The ash residue of the coal particles can be carried out 

of the reducer by the reducer flue gas. By adjusting the enhancer gas velocity under the 

reducer, the residence time of coal particles can be controlled precisely to ensure the 

complete coal conversion and the residue in coal particles can be separated directly 

without needing a separate unit operation. 
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(a) Cold unit      

  .   

 

(b) Hot unit     

    
t=2s t=4s t=10s t=20s  

Fig 5.10. Snapshots of the time evolution of DPM particle distribution coloured by the 

particle density. Cold unit (a); Hot unit (b). 
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The residence time distribution (RTD) of coal particles in the reducer under the hot unit 

is quantified by making statistics on all the data during 70~100s. It can be seen from Fig 

5.11 that the particle residence time of coal has a wide range of RTD in the reducer, 

presenting the characteristics of an “early peak with a long tail” pattern from 9s to 62s. 

Most of the coal particles are concentrated in the range of 10s~20s, which indicates the 

mean residence time of coal particles in the reducer. The extended range of the RTD 

indicates the existence of solids back-mixing behaviour, which means that the solids 

reflux within the bed and cannot exit in time. 

 

Fig 5.11. The probability density distributions of the coal particle residence time in the 

reducer during 70~100s. 
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5.4.4 Analysis of the gas leakage during continuous operation of a 

CLC reactor 

Gas leakage is an issue commonly encountered in the operation of a CLC system. 

Minimisation of the gas leakage between the AR and FR is essential for high-efficiency 

CO2 capture and high coal purity. Although variable loop seals are designed to isolate the 

atmosphere between AR and FR, some gas leakage is expected in a real CLC system 

[164,177,264]. Most of the relevant studies focus on the gas leakage of a high 

concentration CO2 leaking from the FR to the AR, along with the oxygen carrier 

circulation [178,265,266]. However, the issues of gas leakage in this work come from 

different sources. 

Fig 5.12 (a) shows the contour of the instantaneous CO2 distribution in the full reactor 

over time. According to this figure, a high concentration of CO2 only exists in the FR and 

no CO2 flows into the AR. This is because the circulation rate of the oxygen carrier is 

relatively slow in this CDCL unit compared with other CLC configurations [178,265,266]. 

However, in Fig 5.12(b), a small amount of O2 from the AR leaks into the FR and dilutes 

the CO2 at the outlet of the FR, which causes a slight gas leakage phenomenon. The main 

reason for this phenomenon is the pressure distribution, as shown in Fig 14: The gas 

always flows from the high-pressure domain to the low-pressure domain. However, the 

pressure in the L-valve is slightly lower than that in the combustor and higher than the 

reducer, which is the main cause of the gas leakage from the AR to FR. In this CDCL 

Unit, the amount of the leaking O2 in the reducer is limited, which is less than 5%. An 

effective method to overcome this problem is to add one gas seal between the reducer and 

L-valve gas inlet to form a high-pressure point, where the pressure should be higher than 

for the L-valve and combustor. 
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(a) 

     

(b) 

     

 t = 10s t = 50s t = 100s t =120s  

Fig 5.12. Instantaneous distributions of the gas specie molar fraction: Mole fraction of 

CO2 (isovolume>1 mol%) (a); mole fraction of O2 (isovolume>1 mol%) (b). 

5.4.5 Temperatures inside CLC system  

For coal particles, the temperature decreases near the coal injection zone because the coal 

devolatilization and char gasification are endothermic reactions. Following the complete 

conversion, the temperature of coal particles changes little, as shown in Fig 5.13(a). The 

heat generated in the CLC system is the net result of the exothermic oxidation reaction 

occurring in the AR and the endothermic reduction and gasification reactions occurring 



184 

 

in the FR. As a result, the high temperatures in the CLC system are seen in the AR riser 

and in the cyclone whereas the low temperatures are present in the bottom of the fuel 

reactor and the L-valve, as shown in Fig 5.13(b). A more detailed temperature distribution 

can be seen in Fig 5.14. With the height increased, both gas and solid temperatures are 

increased in the AR. Owing to the endothermic reaction in the FR, there is a decrease in 

both gas and solid temperatures at the middle of the FR where the coal is injected. It can 

be found that the highest temperature occurs in the cyclone, while the lowest one occurs 

in the L-valve. Besides, as a result of inter-phase heat transfer between phases, the 

difference is not obvious. 

 

 
  

(a) (b) (c) 

 Fig 5.13. DPM coal particle temperatures at 100 s (a); time-averaged gas temperatures 

in CDCL system (b); time-averaged solid temperatures in CDCL system (c). 
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Fig 5.14. Instantaneous temperature profile of the gas and oxygen carrier along the central 

line throughout the full-loop system. 

5.4.6 Analysis of the reactions in the system 

Fig 5.15 represents the normalized concentration profile of the reducer gas species during 

the operation under hot condition. As illustrated by the curves, the CO2 concentration is 

maintained greater than 90 vol.% (left y-axis) with negligible concentrations of CO and 

CH4 (right y-axis) throughout the demonstration. 
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Fig 5.15.  Reducer outlet concentration profiles of the CO2, CH4 and CO (dry and N2 

free basis). 

 

Fig 5.16 shows the mass fraction of the char in coal particles and the molar fraction 

distributions of gas species. It can be seen that the change of the char mass fraction goes 

through two stages: Firstly, the value of char mass fraction increases near the coal 

injection region. This is because the fast coal devolatilization takes place and the volatile 

matter releases to variable gas species; and then the char mass fraction decreases because 

the char reacts with the H2O and CO2 and produces H2 and CO. Accordingly, there is a 

high concentration of H2, CO and CH4 near the coal feeding domain because of the fast 

coal devolatilization and char gasification. Secondly, the middle products H2 CO and CH4 

concentrations are decreased along the height of the reducer because they are consumed 

by the reduction reactions of oxygen carriers and transferred to the final products, H2O 

and CO2. The H2O volume fraction is relatively low at the bottom of the reducer because 

only a small amount of coal is consumed in this region. Part of the CO2 from the enhancer 
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gas is consumed by the char gasification near the coal injection inlet. Therefore, high 

concentrations of H2O and CO2 are obtained at the top of the reducer. 

 

    

(a) (b) (c) (d) 

Fig 5.16 Char mass fraction in coal particles at 100 s (a); Time-averaged molar fractions 

of gas species. Mole fraction of H2 (b); Mole fraction of CO (c); Mole fraction of CH4 

(d). 

 

Fig 5.17 shows the heterogeneous reaction rates of the oxygen carrier. It can be seen the 

oxidation reaction mainly takes place in the combustor because of the high O2 

concentration and FeO content. Besides, a very low reaction rate can be found in the 

reducer because of the O2 leakage from the AR, as discussed before. The reductions of 

oxygen carrier with CH4, H2 and CO have a high reaction rate near the coal injection 

domain because of the high concentration of gas species and mainly occur above the coal 

injection inlet due to the upward diffusion of devolatilization gas. 
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(a) (b) (c) (d) 

 

Fig 5.17 Instantaneous heterogeneous reaction rate of oxygen carrier at 100 s. oxidation 

rate of oxygen carrier (a); CH4 reduction rate (b); H2 reduction rate (c); CO reduction rate. 

 

The optimal reaction state of the AR and FR is to realise the full oxidation and full 

reduction, respectively. However, the actual reaction degree is always below the optimal 

reaction state. To better quantify the reaction degree in the CDCL system, the degree of 

oxidation is defined to estimate the degree of reaction: 

X =
m −mred

m𝑜𝑥 −mred
 (5-29) 

Where m is the actual mass of the sample, mred is the mass of the sample when fully 

reduced, and m𝑜𝑥 is the mass of the sample when fully oxidised. To better explore the 

reaction process in the system, at the initial condition, the fully oxidised oxygen carrier 

(Fe2O3) is packed in the reducer and L-valve, while the fully reduced oxygen carrier (FeO) 

is packed in the combustor. In Fig 5.18, the oxidation levels of the oxygen carrier particles 

in the system are shown at different times. The oxidation and reduction reactions continue 

in the combustor and reducer over time, as shown in Fig 5.18 and Fig 5.19, respectively. 

It can be seen that at the initial condition, a fully reduced oxygen carrier is packed in the 
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bottom combustor and a fully-oxidised oxygen carrier is packed in the reducer and L-

value, and then the degree of oxidation increases in the combustor, riser and cyclone due 

to the oxidation reaction. while the degree of oxidation decreases at the top of the reducer 

due to a series of reduction reactions. After the system forms a stable oxygen carrier 

circulation, the local oxidation degree of the oxygen carrier is the result of two aspects: 

one is the process of reactions, and the other is the oxygen carrier circulation and mixing 

between AR and FR. The time-averaged distribution of the oxygen carrier oxidation 

degree shows there is a lower oxidation degree of oxygen carrier in the reducer because 

of the various reduction reactions and a higher oxidation degree in the AR because of the 

oxidation reaction happening. In the AR, as shown in Fig 5.19 (b), the oxidation degree 

of the oxygen carrier gradually increases along the riser, but the complete oxidation is not 

being achieved by looking at the particles leaving the riser. In the FR, as shown in Fig 

5.19 (c), it has been known that reduction of oxygen carrier mainly occurs above the coal 

injection, so the oxidation degree of oxygen carrier is lowest above the coal injection 

region. Near the cyclone outlet, due to the regenerated oxygen carrier from AR, there is 

an increase in the oxidation degree of the oxygen carrier.  

 

   

t=0s t=10s t=20s 
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t=30s t=50s t=100s 

 

Fig 5.18 Contours of instantaneous oxidation degree of oxygen carrier in the CDCL unit 

at different times. 

 

  
(a) (b) (c) 

 

Fig 5.19. Contours of time-averaged oxidation degree of oxygen carrier in the CDCL unit 

(a); Profile of time-averaged oxidation degree of oxygen carrier along the centre line of 

the AR (b); Profile of time-averaged oxidation degree of oxygen carrier along the centre 

line of the FR (c). 
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5.5 Conclusions 

In the present work, a 3D Eulerian-Eulerian-Lagrangian (E-E-L) hybrid model is used to 

study the gas-solid flow and reaction characteristics of the 25 kWh sub-pilot CDCL 

process with the unique moving bed FR developed at OSU. The flow behaviours of both 

oxygen carrier and powder coal are investigated under cold and hot conditions. And the 

reaction characteristics are also detailed discussed. Based on the numerical results, 

conclusions can be drawn as follows: 

(1) The mixing and separation process of the coarse oxygen carrier and fine coal 

powder is captured by simulation, and the mechanism is further explained by 

numerical results. The residence time of most coal particles in the reducer is 

concentrated in the range of 10s~20s. 

(2) Gas leakage phenomena are analysed by simulation in the system. Results show 

that there is no CO2 leakage from FR to the AR because of the low circulation 

rate of the oxygen carrier in the reducer, while a small amount of O2 from the AR 

leaks into the FR because the pressure in the L-valve is slightly lower than that in 

the combustor and higher than the reducer. 

(3) The high temperatures in the CLC system are seen in the AR riser and in the 

cyclone, whereas the low temperatures are present in the bottom of the fuel reactor 

and the L-valve. 

(4) The reaction rates and reactants distribution of all reactions considered in this 

work are reasonably predicted by simulation, showing the applicability of the 

hybrid model to investigate the CDCL unit. 
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CHAPTER.6 Investigation of the Non-uniformity in a 

Full-loop Circulating Fluidized Bed with Symmetrical 

Parallel Loops 

The non-uniformity of the solid distribution is a common issue in most of the CFB system, 

not only for symmetrical configurations but also existing in all CFB systems with multiple 

branches. In this chapter, two types of CFB systems with symmetrical configurations is 

adopted,  as two extreme and ideal examples, to investigate the non-uniformities in CFB 

systems. In this section 1, the maldistribution characteristics of complex symmetrical 

CFB units with the parallel cyclones are deeply investigated by using the Eulerian multi-

fluid model. Simulation results verify the maldistribution phenomenon with parallel 

symmetrical CFB units, and the model settings are validated by experimental data. The 

maldistribution phenomena are discussed and evaluated in terms of bed inventory 

evolution and gas-solid distribution in symmetrical parts. The effects of key operating 

parameters, including total bed inventory, gas aeration rate, and wall roughness on non-

uniformity degree are then studied. Simulation results show that the maldistribution 

degree between the two symmetrical parts will increase with the increase of total bed 

inventory and gas aeration rate. And through the analysis of pressure fluctuation, the 

instability of the system is aggravated. However, wall roughness does not show a clear 

influence and tendency. Conclusions in this chapter provide an insightful understanding 

of non-uniformity and will help further optimize symmetrical complex CFB systems. 

In section 2, the non-uniformity characteristics of complex symmetrical CFB units with 

the symmetrical series loops are deeply investigated by using the Eulerian multi-fluid 

model. The non-uniformity phenomenon in identical symmetrical CFB units is verified 

by simulation results, and the model settings are validated by experimental data. The non-

uniformity phenomena are discussed and evaluated in terms of bed inventory evolution 
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and gas-solid distribution in symmetrical parts. The effects of key operating parameters, 

including total bed inventory, gas aeration rate, and wall roughness on non-uniformity 

degree are then studied. The simulation results show that the non-uniformity degree 

between the two symmetrical parts will increase with the increase of total bed inventory 

and gas aeration rate. And through the analysis of pressure fluctuation, the instability of 

the system is aggravated. However, wall roughness shows an indefinite influence and 

tendency. This work provides an insightful understanding of non-uniformity and will help 

further optimise symmetrical CLC systems. 

The paper “CFD investigation of maldistribution in a full-loop circulating fluidized bed 

with double parallel cyclones” has been published based on the content of this chapter in 

the journal of Powder Technology. 

The paper “CFD study of nonuniformity of gas-solid flow through a chemical looping 

combustion system with symmetrical series loops” has been accepted based on the 

content of this chapter to the journal of Powder Technology. 

S. Li, Y. Shen, CFD investigation of maldistribution in a full-loop circulating fluidized 

bed with double parallel cyclones, Powder Technol. 381 (2020) 665-684. 

S. Li, Y. Shen, CFD study of nonuniformity of gas-solid flow through a chemical 

looping combustion system with symmetrical series loops. Powder Technol. (2021) 
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ABSTRACT 

In this chapter, the characteristics of the maldistribution phenomenon in a symmetrical 

dual-side refeed circulating fluidized bed and symmetrical CLC unit are numerically 

studied. This chapter is divided into two sections. In section 1, the influence of 

maldistribution on the performance of different sections is discussed. The results show 

that the maldistribution lowers the total performance of parallel cyclones and the L-valve 

has a self-balancing to lower the degree of maldistribution. Moreover, the effects of gas 

inlet velocity, total solid inventory and wall function on the degree of maldistribution are 

explored. The simulation results confirm that the maldistribution can be captured in the 

system. The degree of the maldistribution in parallel external loops decreases with the 

increase of gas inlet velocity and total solid inventory; however, it is not sensitive to the 

wall roughness. This work provides insight of the cause of gas-solid maldistribution and 

the influence of different operation conditions on the degree of maldistribution.  

In section 2, the non-uniformity in a CLC apparatus is studied. First, the typical non-

uniformity phenomenon is evaluated in terms of bed inventory evolution and gas-solid 

distribution in symmetrical parts. The effects of key operating parameters including total 

bed inventory, gas aeration rate, and wall roughness on non-uniformity degree are then 

studied. The simulation results show that the non-uniformity degree between the two 

symmetrical parts will increase with the increase of total bed inventory and gas aeration 

rate. And through the analysis of pressure fluctuation, the degree of system instability 

becomes more serious. However, wall roughness shows an indefinite influence and 

tendency. This work provides an insight understanding of non-uniformity and will help 

further optimise symmetrical CLC systems. 
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6.1 . Investigation of the Non-uniformity in a Full-loop 

Circulating Fluidized Bed with Symmetrical Parallel Loops 

6.1.1 Introduction  

Multiphase systems where gas-liquid or gas-solid passes going through multiple identical 

paths in parallel have been commonly practised in many practical chemical engineering 

processes, such as gas-liquid heat exchangers to exchange heat in parallel channels [267], 

fuel cells using parallel flow channels [268–270], multi-orifices distributor to assist good 

fluidization via parallel flow channels [271,272], and gaps between particles in packed 

beds [273–275] also can be regarded as parallel paths. In these cases, the parallel channels 

have the function to maximize the interaction area. Specifically, in the chemical industry, 

a circulating fluidized bed (CFB) is commercially used for fluid catalytic cracking (FCC) 

[16,276], coal combustion [274,277,278], and biomass gasification [279,280] processes 

because of its good mixing efficiency, excellent heat and mass transfer, and feedstock 

flexibility. In a typical CFB configuration, the cyclone is widely used as the primary gas-

solid separator to circulate particles between each reactor owing to its simple 

configuration and ease of operation [281,282]. In order to facilitate the high separation 

efficiency within the system, multiple cyclones arranged in parallel are commonly 

adopted in the CFB. However, it has been widely reported in the literature that the flow 

distribution is largely non-uniform in the parallel-paths of multiphase systems [283–289] 

including the non-uniform gas-solid flows in parallel cyclones [285–287,290]. It is 

reported that these non-uniformities will decrease cyclone efficiency, suppress reactor 

performance, trigger surface erosion, and unbalance heat transfer. Although the 

maldistribution phenomenon has been frequently reported for years [16,291], the 

fundamental mechanism is not yet understood well. Thus, it is important to study the 

maldistribution of gas-solid flow in the circulating fluidized bed system with a parallel 

cyclone layout.  
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Many experiments have been conducted to explore the maldistribution of parallel 

cyclones in CFBs. For example, Masnadi et al. [286] showed that differential fouling 

exits in the six identical parallel cyclones of an industrial-scale fluidized bed reactor. 

Zhou et al. [284] measured the gas-solids flow distribution in a CFB with a pant-leg 

bottom furnace and six parallel cyclones. They found that the non-uniform distribution 

occurs mainly in the three cyclones on the same side, that is, the middle cyclones have 

higher particle velocities, lower solids volume fractions, lower solids fluxes, and lower 

solids circulating rates. Yue et al. [292] carried out several experiments to investigate the 

fluid dynamics in a 300 MWe CFB boiler with a single-bottom furnace and three parallel 

cyclones. The results showed that the solid flow rate and the material distribution in the 

loops differ remarkably. Shuai et al. [293] carried out an experimental study in a cold 

test-rig of a CFB with two water-cooled pillars and six cyclones. The results showed that 

non-uniformity exists among the six circulating loops, and the solid circulating rate of the 

middle cyclones is lower than those of the side cyclones.  Although some conclusions 

have been obtained from the abovementioned experiments towards the maldistribution 

phenomenon in the CFB system with parallel cyclones, many factors for studying the 

maldistribution phenomenon in experiments inevitably affect the reliability of 

experimental data. One possibility is that the observed differences in flow arise from the 

amplification of minimal geometric differences among the parallel paths. Moreover, the 

maldistribution may arise from the external parameters, such as the minor differences of 

blower equipment. Therefore, it is impossible to maintain the experimental conditions 

exactly the same for each individual path in experiments. Meantime, the data acquired 

from these experiments may lack the quality due to the limited accuracy of measurement 

instruments, and thus it cannot provide detailed information inside experimental plants. 

The above multiple factors inevitably result in some discrepancies of the experimental 

measurements, and thus a more high-fidelity method to investigate the maldistribution 

phenomenon is in urgent need. 
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As an alternative, computational fluid dynamics (CFD) as a powerful tool in modelling 

multiphase flows can be used to study gas-solid flow dynamics and the maldistribution 

phenomenon in CFB apparatuses with parallel cyclones [171,294,295]. Specifically, the 

CFD method can eliminate the influence of structure and external conditions on flow 

fields by ensuring the symmetry of geometry, boundary and operating conditions in each 

external loop. For example, Zhang et al. [294] calculated a three-dimensional full-loop 

CFB boiler with two parallel cyclones using an Eulerian granular multiphase model. They 

found that minor difference of the average solid mass flux exists in the two cyclones (i.e., 

5.74 and 6.05 kg·m-2·s-1) and pointed out that the maximum solids mass flux alternates 

between these two cyclones. Luo et al. [295] and Wang et al. [296] studied gas-solid 

motions in a three-dimensional full-loop dual-side refeed circulating fluidized bed by 

using a large-eddy simulation coupled with the discrete element method (LES-DEM) 

approach. The maldistribution in identical cyclone paths can be observed in both of their 

works by comparing the solid distribution and pressure fluctuation. Wang et al. [171] 

further investigated gas-solid hydrodynamics in six parallel cyclones with central 

symmetry and axial symmetry arrangements in a full-loop CFB. They pointed out that for 

a uniform distribution of solid mass flux in parallel cyclones, axial symmetry is better 

than central symmetry. The middle cyclones on both sides have higher solid velocity and 

solid holdup than other corner cyclones. Although the maldistribution phenomenon has 

been reported in the past, the geometries, grids and operating conditions in these studies 

lack an advance verification of symmetry, which means it cannot be ruled out that some 

minor differences may cause the maldistribution in terms of geometries, grids, and 

operating conditions during simulations. In addition, there is still a lack of comprehensive 

work to assess the influence of some parameters on the non-uniform performance of the 

parallel cyclone arrangement in CFBs. 

In this chapter, numerical simulation is used to study the maldistribution phenomenon of 

gas-solid pneumatic flows through identical external loops in a dual-side re-feed 

circulating fluidized bed (DRCFB) with symmetry in geometries, grids, and operating 
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conditions. Moreover, an index for assessing the degree of maldistribution is proposed 

and the influence of different parameters on the degree of maldistribution are explored.  

The paper is organized as follows: In section 2, the governing equations of the multifluid 

model are formulated and the drag model used in this work is presented. In section 3, the 

geometry configuration and computational grids for studying the maldistribution 

phenomenon are highlighted. The computational settings, including gas-solid properties 

and operating parameters, are tabulated. In section 4, the proposed model is validated 

with the experimental data, and the symmetry of geometry, grid and operation conditions 

is verified before analysing the maldistribution phenomenon. Then, the maldistribution 

phenomenon is discussed from various perspectives. Finally, the effects of several key 

operating parameters (i.e., gas inlet velocity, initial solid inventory, and wall roughness) 

on the degree of maldistribution are thoroughly investigated. 

 

6.1.2 Mathematical Model 

Governing equations  

Two-fluid model (TFM) under the Eulerian-Eulerian framework with the standard kinetic 

theory of granular flow (KTGF) is used in the present work [106,182]. The gas phase and 

solid phase are regarded as penetrating continua. Subscripts ‘g’ and ‘s’ represent the gas 

phase and solid phase, respectively. The governing equations for each phase and KTGF 

are listed in sections 3.2.1 and 3.2.2. 

The Syamlal-O’Brien drag model [181] is used in this work which was derived based on 

the terminal velocity of particles. The drag model is written as follows: 

𝛽 =
3

4

𝛼𝑠𝛼𝑔𝜌𝑔
𝜐𝑟,𝑠2 𝑑𝑝

𝐶𝐷 (
𝑅𝑒𝑠
𝜐𝑟,𝑠

) |u⃗ 𝑠 − u⃗ g| 
(6-1) 
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where 

𝐶𝐷 = [0.63 +
4.8

√𝑅𝑒𝑠 𝜐𝑟,𝑠⁄
]

2

 
(6-2) 

and  

𝜐𝑟,𝑠 = 0.5(𝐴 − 0.06𝑅𝑒𝑠 +√(0.06𝑅𝑒𝑠)2 + 0.12𝑅𝑒𝑠(2𝐵 − 𝐴) + 𝐴2 (6-3) 

with  

A = 𝛼𝑔
4.14, 𝐵 = 0.8𝛼𝑔

1.28          for 𝛼𝑔 ≤ 0.85 (6-4) 

or 

A = 𝛼𝑔
4.14, 𝐵 = 𝛼𝑔

2.65          for 𝛼𝑔 > 0.85 (6-5) 

  

Computational details 

As shown in Fig. 6.1(a), a lab-scale DRCFB designed in Ref. [295] and [296] is used to 

study the maldistribution phenomenon of the parallel system. The full-loop DRCFB 

consists of a riser, two cyclones, two standpipes, and two L-valves. Chemical reactions 

mainly occur in the riser. The cyclone has a function of gas-solid separation. The 

standpipe located below the cyclone is usually used as the heat exchanger or the catalytic 

cracking regenerator. Besides, it is also used for material storage. The non-mechanical L-

valve can control solid flow circulation. The height and inner diameter of the riser are 1.2 

m and 0.065 m, respectively. Besides, the inner diameter of the cyclone and the standpipe 
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are 0.07 m and 0.04 m, respectively. Particles enter the riser from two symmetrically 

rectangular side ports 0.017 m in edge length and 0.029 m above the gas distributor (from 

the centre line of the L-valve). Particles exit the riser through two symmetrical rectangular 

side ports 0.06 m in height, 0.022 m in width about 1.17 m above the gas distributor. The 

solid particles are sand with a mean diameter of 1.5 mm and a density of 2500 kg/m3, 

which are categorized as Geldart group D particles. The total amount of solid inventory 

in the computational domain is adjusted according to different operating conditions. 

Aeration inlet is assigned at the bottom of the riser to transport solid materials and two 

inlets are located at the side of L-valves to recirculate particles to the bottom of the riser 

with a relatively small air flow rate. 

Fig. 6.1(b, c) shows the grids of the DRCFB used in this simulation. All the computational 

domains, including riser, cyclones, standpipes, and L-valves, are meshed with structured 

hexahedron elements. The distribution of grids in two external loops are identical through 

the fine control of grid distribution. The total number of grids used in this work is 150028. 

The independence study of grid resolution is done in section 6.1.4 which shows such grid 

resolution is sufficient to predict the gas-solid hydrodynamics in such system with a 

compromise of numerical accuracy and computational costs. 
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Fig 6.1. Schematic geometry [295] and grids of the investigated three-dimensional 

DRCFB: geometry (a); grids of the whole bed (b); grids of local regions (c). 

 

Initially, the particles are symmetrically packed in the lower part of the DRCFB with a 

solid volume fraction of 0.5. The velocity inlet boundary conditions are set for the inlet 

of the riser and L-valve in both sides. The pressure outlet condition is selected for the 

cyclone top outlets. The frictional model of Schaeffer [200] for particle phase and the 

Johnson and Jackson’s model [200] for wall boundary conditions of the solid phase are 

used. The no-slip boundary condition is specified for the gas phase. Different 

discretization schemes for convection terms of each governing equation are employed: 

the second-order upwind scheme is chosen for the momentum equation; the Quadratic 

Upwind Interpolation of Convective Kinematics (QUICK) scheme is chosen for the 

volume fraction of gas and solid phases, and the first-order upwind scheme is chosen for 
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the turbulent kinetic energy and turbulent dissipation rate. The Semi-Implicit Method for 

Pressure Linked Equations (SIMPLE) algorithm is used to deal with pressure-velocity 

coupling. The simulation is performed on the platform of commercial software ANSYS 

Fluent 19.2. The time step is assigned as 0.0001 s and the total simulation time for each 

case is 150 s. The material properties and simulation parameters are listed in Table 6-1. 

Table 6-1. Material properties and computational settings for the base case. 

Solid Properties Values 

Particle density 2500 kg/m3 

Particle size 1.5 mm 

Minimum fluidization velocity 1.12 m/s 

Restitution coefficient of particles 0.95 

Restitution coefficient of particle and wall 0.95 

Specularity coefficient 0.5 

Angle of internal friction 30° 

Friction packing limit 0.60 

Packing limit of particles 0.63 

Gas Properties  

Gas inlet velocity 8 m/s 

Aeration gas velocity  0.2 m/s 

Gas density 1.225 kg/m3 

Gas viscosity 1.837×10-5 Pas 

Computational Settings  
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Pressure-velocity coupling SIMPLE 

Drag model  Syamlal and O’Brien 

Time step 1×10-4 s 

Max. number of iterations per time step 50 

Convergence criteria 10-4 

6.1.3 Results and discussions  

Grid independence test 

A grid-sensitivity analysis is conducted to ensure the number of the grid is suitable for 

this simulation. Three different computational domains of 86640, 150028 and 255440 

grid elements are assigned for the same operation. The comparison in Fig 6.2 shows that 

the time-averaged pressure profile along the riser height in the coarse-grid case of 86640 

grids is significantly different from those of the others. Meanwhile, the pressure using the 

150028 (medium) and 255440 (fine) grids show similar trends with small deviations. 

Therefore, 150028 grids are adopted in this work, as it achieves a trade-off between 

sufficient accuracy and computational cost. 
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Fig 6.2. Time-averaged pressure profiles along the riser with different grid numbers. 

Model validation 

The TFM with the KTGF framework has been well validated in previous work towards a 

slugging bed and a chemical looping combustion system [297]. Hence, the validation 

work is briefly described below for completeness. 

The first validation is based on a lab-scale slugging bed with a height of 0.76 m and an 

inner diameter of 76.2 mm. The upper part of the bed is an enlarged region with 0.3 m in 

height and 154 mm in diameter. Particles are initially packed in the bottom region of bed 

with a height of 0.4 m. The parameters for gas phase and particles in the validation case 
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and associated square-nosed slugs are qualitatively comparable to the experimental 

observations. Besides, the averaged intervals between two successive slugs are in line 

with the experimental data in a wide range of superficial gas velocities. 

The second validation is based on a pilot-scale air reactor of a chemical looping 

combustion system [297]. The air reactor is composed of a combustor and a riser. The 

combustor is an enlarged-bottom column with 6-inch inner diameter and 25-inch height. 

The inner diameter of the upper riser is 2 inches, and the height is 161 inches. During the 

experiments, the gas flow with a low velocity but slightly larger than the minimum 

fluidization velocity is introduced into the combustor and the solid particles are fluidized 

with a bubbling fluidization regime presented. Because of the reduced cross-sectional 

area, the gas from the combustor enters the riser with a velocity over the terminal velocity 

where the solid particles show a fast fluidization regime. The effect of drag models on 

the simulation results was explored by comparing prediction results with experimental 

data qualitatively and quantitatively. It was found that the Syamlal-O’Brien drag model 

showed the best agreement with the experimental results for the time-averaged solid mass 

flow rate. Therefore, the Syamlal-O’Brien drag model is used in the present study. 

Based on the above qualitative and quantitative validations, the current TFM-KTGF with 

Syamlal-O’Brien drag model is reasonable to study gas-solid hydrodynamics the CFB 

apparatuses. 

Verification of Symmetry 

In this work, the target is to ensure identical geometry and grids of the left and right side 

of this DRCFB system. For further verification of system symmetry, a gas stream is 

introduced into the empty DRCFB without solid particles and the gas flow behaviour is 

monitored inside the system. Similar verification method can be found in some literatures 

[286,288,293]. It is well received that when a fluid phase passes continuously at a steady 

state through identical parallel paths, the flow may distribute itself uniformly among the 
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multiple pathways [285,287]. For the DRCFB configuration in this work, the gas flow 

bifurcates at the top of the riser and then separates into two streams to enter the adjacent 

cyclones. For gases located at the centre of the riser, the flow direction is a stochastic 

process and the probability of gas entering different branches should be the same. 

Fig. 6.3(a) shows the time-averaged gas velocity distribution throughout the full-loop 

DRCFB with the single gas phase introduced. In comparison, a symmetrical distribution 

of gas velocity can be recognized in both riser and external loops. The instantaneous 

values of the gas mass flow rate are monitored during the simulation and averaged 

between 30 s and 50 s, and the time-averaged values are 21.6 kg/s at both cyclone inlets. 

Besides, the flow behaviours in the DRCFB can be characterized and quantified by fast 

Fourier transform. From Fig. 6.3(b), it can be found by comparing the fluctuation signal 

that the dominant frequency and amplitude of gas mass flux are identical in both external 

loops. Therefore, based on the above results, the geometry and grids can be regarded as 

identical in the left and right external loops. 
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(a) (b) 

Fig 6.3. Contours of the time-averaged gas velocity distribution throughout the full-loop 

system (a); frequency spectra of gas mass flow rate at the left and right cyclone inlet (b). 

Maldistribution phenomenon 

Fig. 6.4 shows the evolution of instantaneous solid volume fraction in the DRCFB. 

Initially, all particles are symmetrically packed on the bottom of the riser and two external 

loops (including a standpipe and an L-valve). Meanwhile, the gas flow is introduced from 

both sides of L-valve to circulate particles. From initial time to 10 s, the bed heights in 

the two external loops are symmetric. At around 10 s, the system reaches a breakpoint of 

balance where the solid mass distribution becomes slightly asymmetric. After this time, 

an asymmetric mass distribution continuously exists and the bed heights in both sides 
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keep going up and down. The results demonstrate that even in a symmetric DRCFB 

system, the unbalanced solid distribution inevitably appears. This non-uniformity 

phenomenon is commonly termed as maldistribution [298,299]. Moreover, the mass 

imbalance causes a deflection of the centre of gravity position of the device, which is 

unfavourable and unsafe for the long-time running of CFB systems. 
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t = 0 s t = 3 s t = 10 s t = 20 s t = 30 s  

 

 

 

 

t = 50 s t = 70 s t = 110 s t = 130 s t = 150 s  

Fig 6.4. Contours of instantaneous solid volume fraction in the DRCFB.

αs
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Fig. 6.5(a) shows the time evolution of bed inventory in the external loops and riser. It is 

noted that the maldistribution phenomenon of bed inventory in the left and right external 

loops exists in most of the simulation time. Meanwhile, the bed inventory in the riser is 

relatively stable and slightly fluctuates around an average value, which means the total 

mass in two external loops is stable and just the proportion of mass continuously changes.  

In order to quantitatively quantify the maldistribution between two external loops, the 

relative deviation (Dev) of bed inventory is proposed to define the degree of 

maldistribution: 

Dev =
|m

l
− mr|

ml + mr

 (6-6) 

where ml and mr are the mass in the left and right external loops, respectively. Dev is a 

number between 0 and 1. The value of 0 represents the solid mass is same in both external 

loops, which is an ideal distribution. The value of 1 represents all particles transported 

into one external loop and the other one is empty, which is the worst situation.  Fig. 6.5(b) 

describes the relative deviation of bed inventory between the left and right external loops. 

Firstly, the relative deviation gradually increases over time and reaches a peak during 20 

s to 30 s. Then, the relative deviation decreases and reaches a new balance during 40 ~ 

50 s. Subsequently, the relative deviation rises and falls alternately. The process described 

as above indicates that the DRCFB system shows a significant maldistribution 

phenomenon and has a self-balancing ability to some extent at the same time. 
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(a) (b) 

Fig 6.5. Time-evolution profiles of bed inventory in the external loops and riser (a); and 

relative deviation (Dev) of bed inventory between the left and right external loops (b). 

As seen in Fig.6.6(a), particle flow changes from the vertical direction to the horizontal 

direction at the top region of the riser and enters the cyclone. Due to the restriction effect 

of the cyclone, the drag force on the particles is not in the gravitational direction. Thus, 

the particles spin down along the inner cyclone surface under the influence of gravity. 

The solid velocity decreases during the falling procedure, as shown in Fig.6. 6(b). By 

comparison from Fig. 6.6(a, b, c), it can be found the higher solid and gas velocity occurs 

in the right side which is opposite to the direction of higher solid volume fraction. This 

phenomenon can be explained that as more particles enter one side, more gas will enter 

the other side. As a result, the velocity of gas increases at the cyclone inlet with the 

constant area and the velocity of the particle increase due to drag force. A similar 

phenomenon can be found in some experimental works [171,284]. The distributions of 

solid volume fraction, and gas and solid velocity are apparently different in two identical 

external loops and the asymmetric hydrodynamic behaviours are observed. 

 

   

(a) (b) (c) 

Fig 6.6. Instantaneous distribution of gas-solid flows at the top section of the DRCFB at 

t = 30 s: solid volume fraction (αs) (a); solid velocity (Us); (c) gas velocity (Ug) (b). 
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Fig. 6.7(a) shows the profiles of solid flux sampled at the cyclone inlet of the left and 

right external loops. The solid flux has drastic fluctuations over the entire simulation time 

and the maximum value alternates in these two cyclone inlets. The solid flux on both 

sides shows a significant difference and the accumulation of these differences over time 

leads to the mass maldistribution of the system. The pressure drop over a cyclone is a 

major performance parameter reflecting the rate of energy dissipation [282,290,300,301]. 

Fig. 6.7(b)(c) illustrates the pressure drop in the cyclone as a function of solid flux. The 

results show that the pressure drop of the cyclone experiences a non-linear change by 

analysing the trend of scatters under the different values of solid fluxes. When the solid 

flow is dilute, the pressure drop of cyclone decreases with the increase of solid flux due 

to the drag reduction effect [300] until a turning point is reached. After this point, the 

pressure drop of cyclones increases with the augment of solid flux. This phenomenon is 

consistent with experimental observations [284,300,301]. Therefore, the different solid 

fluxes at the left and right cyclone inlets lead to different pressure drops over two cyclones 

which reduce the overall performance of the cyclone and severely limit the power output 

of the whole system. 
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(b) (c) 

Fig 6.7. Comparison of solid flux at the cyclone inlet (a); scatter plot of the pressure drops 

over the left (b) and right (c) cyclones as a function of solid flux. 

Fig. 6.8 shows the instantaneous distribution of solid volume fraction, solid velocity, and 

gas velocity in various cross-sections of the bottom section of the DRCFB. Particles 

separate from the cyclone deposit with a slowly downward velocity and then form a 

packed bed in the standpipe with the aim to circumvent gas bypassing. Part of the aeration 

gas drives particles to transport into the riser via the horizontal component of the L-valve 

and the rest of aeration gas lose particles packed in the vertical component of the L-valve. 

By comparing the solid volume fraction and gas-solid velocities at the bottom region of 

the DRCFB, it is noted that there is no significant difference in the flow pattern at the 

bottom of the external loops. However, a significantly uneven distribution can be found 

in the lower part of the riser section. 
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(a) (b) (c) 

Fig 6.8. Instantaneous distribution of gas-solid flows at the bottom section of the DRCFB 

at t = 30 s: solid volume fraction (αs) (a); solid velocity (Us); (c) gas velocity (Ug) (b). 

Fig. 6.9(a) shows the time-evolution profiles of the solid flux at the L-valve outlet. The 

solid flux is generally stable over time while it is slightly larger in the side with a larger 

bed inventory. Increasing the height of particles in the standpipe causes the increase of 

pressure at the bottom of the standpipe. Larger pressure causes more solid particles to be 

delivered back to the bottom of the riser. Fig.6.9(b) illustrates the pressure drop over the 

horizontal section of L-valve as a function of solid flux. It is noted that the solid flux is 

proportional to the pressure drop, which indicates that the standpipe and L-valve have an 

automatic control ability [302]. Moreover, the fluctuation amplitude of solid mass flux at 

the cyclone inlet is more intense than that at the outlet of the L-valve. Therefore, the 

change of bed inventory in the two external loops mainly depends on the solid flux at the 

cyclone inlet. 
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(a) (b) 

Fig 6.9. Comparison of solid flux at the L-valve outlet (a); scatter plot of the pressure 

drops over the L-valve as a function of solid flux (b). 

Since the gas flow is uniformly distributed at the bottom of the riser, the flow pattern in 

the riser is mainly influenced by the flow resistance caused by the uneven distribution of 

solid volume fraction and solid velocity. Taking the results at 30 s as an example, the 

distributions of pressure and solid volume fraction along the central line of the left half 

and right half of the riser are illustrated in Fig. 6.10 (a, c). At t = 30 s, more particles are 

accumulated on the left side than the right side of the DRCFB, which leads to a lateral 

pressure drop (Fig. 6.10 (a, c)). The lateral pressure gradient between two sides generates 

a lateral gas flow from the left to the right side and then leads to a lateral solid flow due 

to the drag force. Therefore, particles are transported to the right side until the lateral 

pressure gradient is eliminated. However, due to the inertia of solid particles, particles 

will continue to be transported to the right side, which causes a new lateral pressure 

gradient and drives the solid particles back to the left side, as shown in Fig. 6.10 (b). From 

Fig 6.10 (a, c), it is noted that the lateral pressure gradient and solid clusters alternate 

between left and right sides below 0.5 m and particles continue to move laterally due to 

the inertia in the upper region of the riser. Besides, the difference of pressure near the 

height of the cyclone inlets indicates that the cyclone re-distributes gas-solid flows. The 

lateral pressure gradient between the left and right side of the riser indicates that there are 
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two pressure balance loops in the DRCFB. This lateral pressure gradient in the riser and 

near the cyclone inlets are generally thought to account for the maldistribution of the 

DRCFB system [284,303]. 

 

   

(a) (b) (c) 

Fig 6.10. Pressure profiles along the central lines of the left half and right half of the riser 

at t = 30 s (a); distribution of solid velocity in the riser at t = 30 s (b); solid volume fraction 

profiles along the central lines of the left half and right half of the riser at t = 30 s (c). 

Effect of gas inlet velocity 

Fig. 6.11 shows the time-evolution profiles of bed inventory in the external loops and 

riser with the wall roughness and total bed inventory fixed. It can be found that increasing 

gas inlet velocity gives rise to the increase of solid carrying capacity in the riser. 

Specifically, more particles are carried from the riser to the cyclone and then to the 

standpipe, causing the increase of packed bed inventory in both standpipes. Fig. 6.12 

shows the time-evolution of solid flux at the cyclone inlet and L-valve outlet. It is noted 
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that the fluctuation amplitude of solid flux decreases at the cyclone inlet but increases at 

the L-valve with the increase of gas inlet velocity in the riser, because higher pressure at 

the top of L-valve causes more solid particles to return to the riser. The combination of 

multiple sections in the DRCFB results in the different mass distribution for different 

operating conditions. 

  

(a) (b) 

 

(c) 

Fig 6.11. Time-evolution profiles of bed inventory in the external loops and riser at 

different gas inlet velocities: Uf = 7 m/s (a); Uf = 8 m/s (b); Uf = 9 m/s (c). 
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(a) (b) 

Fig 6.12. Time-evolution profiles of solid flux at different gas inlet velocities: cyclone 

inlet (a); L-valve outlet (b). 

The particle clusters lead to the heterogeneous solid distribution in the riser, which 

strongly affects the fluctuation of pressure. Therefore, the pressure fluctuation in a 

fluidized bed provides potential information about what happens in a specific fluidization 
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regime. To investigate the influence of gas inlet velocity on solid maldistribution in the 

DRCFB, the Fourier spectral analysis of pressure drop in the external loops at different 

gas inlet velocities is compared, as shown in Fig. 6.13(a). The dominant frequency of 

pressure drops over the loop seal with low gas inlet velocity (Uf = 7.0 m/s) is 0.00795 Hz. 

As the gas inlet velocity increases, both the dominant frequency and the amplitude of the 

fluctuation step down gradually. Nevertheless, due to the status of packed bed in the 

standpipe, the frequency of pressure drop is relatively low (all < 0.01 Hz) when compared 

with other fluidization regimes. By comparing Fig. 6.14, the relative deviation of the bed 

inventory in both sides decreases with the increase of gas inlet velocity. In other words, 

the mass distribution becomes more uniform with the increase of gas inlet velocity to 

some extent. 
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(c) 

Fig 6.13. Fourier spectral analysis of pressure drop in the external loops region at different 

gas inlet velocities: Uf = 7 m/s (a); Uf = 8 m/s (b); Uf = 9 m/s (c). 

  

(a) (b) 

 

(c) 

Fig 6.14. Relative deviation (Dev) of bed inventory between left and right external loops 

at different gas inlet velocities: Uf = 7 m/s (a); Uf = 8 m/s (b); Uf = 9 m/s (c). 

0.0 0.1 0.2 0.3 0.4 0.5

0

20

40

60

80

100

120

140
Uf = 9 m/s

Mt= 1.5 kg

A
m

p
li

tu
d

e 
(P

a
)

Frequency (Hz)

 Left

 Right

Dominant frequency: 2´10-4 Hz

Maximum amplitude:101.1 Pa

0 20 40 60 80 100 120 140

0.00

0.05

0.10

0.15

0.20

0.25

Uf = 7 m/s

Mt = 1.5 kg

D
ev

Time (s)

 Dev

0 20 40 60 80 100 120 140

0.00

0.05

0.10

0.15

0.20

0.25

Uf = 8 m/s

Mt=1.5 kg

=0.5

D
ev

Time (s)

 Dev

0 20 40 60 80 100 120 140

0.00

0.05

0.10

0.15

0.20

0.25

Uf = 9 m/s

Mt=1.5 kg

D
ev

Time (s)

 Dev



222 

 

 Effect of solid inventory 

Fig. 6.15 shows the time-evolution profiles of bed inventory in two external loops and 

riser with the gas inlet velocity and wall roughness fixed. It can be found that the bed 

inventory in the riser is relatively stable (around 0.7 ~ 0.9 kg) without significant 

deviations as the total solid inventory increases. The difference in mass distribution is 

mainly on both external loops. Enlarging the total solid inventory increases the packed 

bed inventory in both standpipes. 

 

  

(a) (b) 

  

(c) (d) 

Fig 6.15. Time-evolution profiles of bed inventory in external loops and riser at different 

total solid inventories: Mt = 1.0 kg (a); Mt = 1.5 kg (b); Mt = 1.75 kg (c); Mt = 2.0 kg (d). 
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Fig. 6.16 shows the time-evolution profiles of solid mass fluxes at the cyclone inlet and 

L-valve outlet. It is noted that the solid flux increases at both the cyclone inlet and the L-

valve outlet with the increase of total solid inventory. When the total solid inventory is 1 

kg, the bed inventories in both external loops are approximately 0.1~0.2 kg. The solid 

flow has a different behaviour comparing with other cases at the outlet of the L-valve. 

This is because the solid inventory is not enough to form a seal at the structure of the L-

valve which leads to the fluidizing gas entered from the riser inlet flowing into the 

external loops, causing the gas leakage. The gas leakage, if sufficient, affects the stability 

and intensity of the inner vortex of the cyclone and re-entrains separated particles into the 

inner core vortex of the cyclone, thus reducing the separation performance and possibly 

increasing erosion in the cone area [304]. Therefore, it is necessary to avoid gas leakage 

during the operation of the DRCFB by keeping a certain bed height in the standpipe. 
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(a) (b) 

Fig 6.16. Time-evolution profiles of solid flux at different total solid inventories: 

cyclone inlet (a); L-valve outlet (b). 

As shown in Fig. 6.17, a high dominant frequency of pressure drop over the loop seal 

with less solid inventory (Mt = 1.0 kg) can be observed, which is caused by solid 

fluidization in the L-valve where the bed height is not enough to form a loop seal to avoid 

the gas leakage. When the total solid inventory is larger, there is only one dominant 

frequency can be observed. With the increase of total solid inventory, the dominant 

frequency is very similar, but the maximum amplitude of the fluctuation increases. 

Meanwhile, the amplitude of the relative deviation of the bed inventory in both sides 

decreases with the increase of total solid inventory (Fig. 6.18). A negative correlation is 

observed between the total solid inventory and solid balance distribution. 
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(a) (b) 

  

(c) (d) 

Fig 6.17. The Fourier spectral analysis of pressure drop in the loop seal at different total 

solid inventories: Mt = 1.0 kg (a); Mt = 1.5 kg (b); Mt = 1.75 kg (c); Mt = 2.0 kg (d). 
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(c) (d) 

Fig 6.18. The relative deviation (Dev) of bed inventory between left and right external 

loops at different total solid inventories: Mt = 1.0 kg (a); Mt = 1.5 kg (b); Mt = 1.75 kg (c); 

Mt = 2.0 kg (d). 

Effect of wall function 

The specularity coefficient (ϕ) is a critical parameter to describe the roughness of the 

reactor walls, which is difficult to determine. The value of the specularity coefficient 

commonly varies between 0 and 1. In this study, three values of 0, 0.5 and 1.0 are 

specified to account for different slip boundary conditions to compare the influence of 

different wall roughness on solid maldistribution. 

Fig. 6.19 shows the time-evolution profiles of the bed inventories in two external loops 

and riser with the gas inlet velocity and total bed inventory fixed. It can be found that the 

solid carrying capacity in the riser increases with the specularity coefficient increases. 

More particles are carried from the riser to the cyclone and then to the standpipe, causing 

the packed bed inventory in both standpipes to increase. 
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(a) (b) 

 

(c) 

Fig 6.19. Time-evolution profiles of bed inventory in the loop seal and riser at wall 

roughness: ϕ = 0.0 (a); ϕ = 0.5 (b); ϕ = 1.0 (c). 

Fig. 6.20 shows the time-evolution profiles of solid fluxes at the cyclone inlet and L-valve 

outlet. It shows that the solid flux decreases at the cyclone inlet and the L-valve with the 

increase of the specularity coefficient. The solid distribution under different operating 

conditions is caused by the comprehensive function of all parts of the system. 
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(a) (b) 

Fig 6.20. Time-evolution profiles of solid mass flux at different wall roughness: cyclone 

inlet (a); L-valve outlet (b). 

As shown in Fig. 6.21, it can be found that the dominant frequencies are very similar at 

different specularity coefficients and the maximum amplitude gradually increases. The 

relative deviations of bed inventory between two external loops are also very 
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approximated except for occasional high deviation (Fig. 6.22). It indicates the wall 

roughness greatly affects the solid flux in the full-loop DRCFB unit, but it has an 

insignificant impact on the degree of the mass maldistribution. 

 

  

(a) (b) 

 

(c) 

Fig 6.21. The Fourier spectral analysis of pressure drop in the external loops region at 

different wall roughness: ϕ = 0.0 (a); ϕ = 0.5 (b); ϕ = 1.0 (c). 
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(a) (b) 

 

(c) 

Fig 6.22. The relative deviation (Dev) of bed inventory between left and right external 

loops at different wall roughness: ϕ = 0.0 (a); ϕ = 0.5 (b); ϕ = 1.0 (c). 

6.1.4  Conclusions 

In this work, the characteristics of the maldistribution phenomenon in a symmetric dual-

side refeed circulating fluidized bed (DRCFB) is numerically studied by a multi-fluid 

model based on the Eulerian-Eulerian framework. The influence of solid maldistribution 

on the performance of the cyclone, standpipe, L-valve, and riser in the DRCFB is 

discussed. Moreover, the effects of gas inlet velocity, solid inventory, and wall function 

on the degree of maldistribution are comprehensively explored. Based on the numerical 

results, the main conclusions can be drawn as follows: 

(1) The solid maldistribution is an inevitable phenomenon in a DRCFB system with 

dual identical geometry configuration and operating parameters in each side. 
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(2) The maldistribution of solid mass in the DRCFB unit causes a deflection of the 

centre of gravity position of the device and the drastic difference of solid fluxes at 

the cyclones to lower the overall performance of cyclone. 

(3) The solid mass flux at the L-valve outlet is proportional to the bed inventory in the 

standpipe. The standpipe and L-valve have an automatic control ability to some 

extent. 

(4) This lateral pressure gradients in the riser and near the cyclone inlets are generally 

recognized as the main reason resulting in the maldistribution of the full-loop 

DRCFB system 

(5) The relative deviation of the bed inventory in both external loops decreases with the 

increase of gas inlet velocity and total solid inventory. However, it is not sensitive 

to the wall roughness. 

(6) The relative deviations of bed inventory in both external loops do not show a direct 

relationship with the transient changes of flow by analysing the pressure drop signal. 

6.2  Investigation of the Non-uniformity in a Full-loop 

Circulating Fluidized Bed with Symmetrical Series Loops 

6.2.1 Introduction 

Multiple paths are usually connected to form circulating loops in many industrial 

applications, where the paths configuration can be identical or non-identical, and they 

may be connected in parallel or in series. The chemical looping combustion (CLC) system 

is regarded as one of the most promising clean combustion technologies because of the 

inherent CO2 separation [305–308]. A typical CLC system consists of two fluidized bed 

reactors: an air reactor (AR) and a fuel reactor (FR). They are structurally interconnected 

but atmosphere isolated, enabling the clean combustion and inherent CO2 separation. 
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Oxygen carriers continuously circulate between the two reactors to transport oxygen in 

the air from the AR to the fuel in the FR. Usually, the AR can be a fast fluidized bed 

reactor [152,163,309] due to the fast oxidation of reduced oxygen carriers, as the role to 

transfer the oxygen carriers back to the FR; the FR can generally be a bubbling fluidized 

bed reactor [152,163,310] or a moving bed reactor [102,310]. Generally, the geometry of 

AR and FR is non-identical. In recent years, many CLC units are established based on 

the symmetrical dual circulating fluidized bed (DCFB) where the AR and FR have 

identical configurations [198,311–313]. This structure effectively reduces the operating 

cost, and the circulation rate can be flexibly adjusted by altering superficial gas velocity 

and bed inventory. Therefore, it is important to understand the hydrodynamics of gas-

solid flows in the symmetrical CLC units, where the identical paths can be connected in 

series.  

Several experimental efforts have been made to explore the hydrodynamics of gas-solid 

flows in the symmetrical CLC units [198,312–314]. For example, IFP Energies Nouvelles 

[311,313] developed and studied the pilot-scale CLC consisting of two identical reactor 

configurations. The Cranfield Pilot-Scale Advanced CO2 Capture Technology (PACT) 

chemical looping reactor comprising two identical interconnected CFB components was 

also developed and studied [312]. A dual circulating fluidized bed (DCFB) with 

symmetrical CFB components were experimentally studied by Geng et al. [198] for 

investigating particle behaviours between AR and FR. In these works, the boundary and 

operating conditions in the symmetrical CLC configuration are generally non-identical 

because of the different reactions taking place in the AR and FR. On the other hand, it is 

widely accepted that when multiphase flows travel through identical paths, a uniform 

distribution is commonly expected. However, the observations in the previous works that 

the flow distribution can be significantly non-uniform among the multiple paths even the 

boundary conditions are identical [292,294,309,315,316]. Such non-uniformity of gas-

solid distribution is expected to deteriorate process units and cause various issues such as 

sub-optimal reactor performance, formation of differential erosion and fouling through 
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different paths, more frequent shutdowns, and unbalanced heat transfer [285–287,290]. 

It is proposed that the minor or slight asymmetry in geometry and operation conditions 

will possibly magnify the deviation caused by the non-uniformity compared with the 

completely symmetrical configuration [317]. Therefore, the asymmetry of this operation 

condition in the CLC unit will worsen the non-uniformity and further break the originally 

stable CLC operation, leading to great difficulties to control the flow and reaction of the 

system. Thus, it is necessary to study the gas-solid flow non-uniform phenomenon in 

detail. 

Although the non-uniformity of mass distribution in CLC units can be studied by setting 

identical initial and boundary conditions for symmetrical paths, the experimental method 

shows some limits. This method is time-consuming and expensive; the reliability of 

experimental data may be affected by many factors and anomalies, including minor 

differences and fluctuation in two blower equipment. It is extremely hard to maintain 

exactly the same for each path in real experiments. A more high-fidelity method should 

be helpful for investigating the non-uniformity phenomenon in CLC units.  

Computational fluid dynamics (CFD), as an alternative to the experimental method, has 

been increasingly used to unveil the intrinsic mechanism of gas-solid flows in the DCFB 

CLC units. Specifically, the CFD method can eliminate the influence of structure and 

external conditions on flow fields by ensuring the absolute and perfect symmetry of 

geometry, boundary and operating conditions in symmetrical paths.  

In summary, the fundamental mechanism of the non-uniform distribution in the CFB 

system has been investigated through many theoretical and experimental studies 

[184,318,319]. However, to date, nearly all of these studies about the non-uniformity of 

bed inventory in DCFB system are based on parallel-connected paths, such as pant-leg 

structure [320,321] or multi-cyclone arrangements [286,289], because of their extensive 

applications in industries. The comprehensive study about the non-uniformity of bed 

inventory in the symmetrical CLC unit, which is a series circulation system, has not been 
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reported, although they were developed and practised widely [28,307,308,322]. 

Moreover, the simulation studies about the non-uniformity of gas-solid flow through the 

symmetrical CLC system which consists of two series paths have not been reported yet; 

and the relationship between non-uniform gas-solid distribution and the performance of 

the symmetrical CLC are yet being understood. 

To overcome this deficiency, in the present work, the non-uniformity phenomenon of 

gas-solid distribution in a DCFB CLC unit with two identical paths connected in series is 

numerically studied, where the two paths are perfect symmetrical in terms of geometries, 

grids, and operating conditions. An index for assessing the degree of solid non-uniform 

distribution is proposed, and the influences of several key parameters are explored. The 

paper is organised as follows: In section 2, governing equations of the multifluid model 

are formulated including drag model. In section 3, geometry configuration and 

computational grids are given for studying the non-uniformity phenomenon. In section 4, 

the proposed model is validated against the experimental data, and the symmetry setting 

in terms of geometry, grid and operation conditions is verified. Then, the non-uniformity 

phenomenon is discussed, and the effects of several key operating parameters (i.e., gas 

inlet velocity, total solid inventory, and wall roughness) on the degree of maldistribution 

are thoroughly investigated. 

6.2.2  Mathematical model  

In this work, the Eulerian-Eulerian two-fluid model (TFM) framework with the standard 

kinetic theory of granular flow (KTGF) is used to simulate the hydrodynamic behaviour 

in a symmetrical DCFB CLC unit [106,182]. The model has been well established and 

outlined below for completeness.  
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Governing equations  

The gas phase and solid phase are both mathematically regarded as an interpenetrating 

continuum. The continuity equations for gas and particle phases are given by   Ding and 

Gidaspow [323]. A detailed description of the governing equations and KTGF can be 

found in sections 3.2.1 and 3.2.2. 

Drag force model  

The energy-minimisation multi-scale (EMMS) drag model is adopted to describe drag 

force between the gas-solid phases, which is expressed by: 

β=
3

4

αsαgρ
g
|u⃗ s-u⃗ g|

dp

CDαg
-2.65HD (6-7) 

where 𝐻𝐷  is defined as β/β
0

 to account for the hydrodynamic disparity between 

homogeneous and heterogeneous fluidisation.CD represents the standard drag coefficient 

for particle phase: 

 

𝐶𝐷 = {
 
24

𝑅𝑒𝑠
(1 + 0.15𝑅𝑒𝑠

0.687),                   𝑅𝑒𝑠 < 1000

                  0.44  ,                            𝑅𝑒𝑠 ≥ 1000

 (6-8) 

Res=
ρ

g
|u⃗ s-u⃗ g|

μ
g

dp (6-9) 

In this work, the EMMS model built by Lu et al. [197] for full-loop CFB is used. Table 

6-2 summarises the formulas of HD for CFB structure.  

Table 6-2. Summary of formulas of HD in EMMS model for the DCFB CLC unit. 

Model parameters 

 ( s(Re ) ,0.001 Re 1000c

D sH a b= +   ) 

Range 

(
1mf g  

) 
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6.2.3  Simulation conditions 

The geometry of the symmetrical CLC unit studied in this work is established according 

to a pilot-scale apparatus designed by Geng et al. [198], as shown in Fig. 6.23. The whole 

test rig includes two identical unit A and B which are connected in series, forming the 

symmetrical DCFB unit. Each of unit A and B consists of a riser with an inner diameter 

of 0.1 m and a height of 3 m, a cyclone separator, a downcomer with 0.1 m inner diameter 

and 1.73 m height, and a loop seal. The solid materials are sand with an average diameter 

of 140 m and an apparent density of 2600 kg/m3. The total amount of solid mass loading 

in the experiments is approximately 70 kg. One gas inlet is installed at the bottom of the 

riser to transport particles with massive gas velocity and two aeration inlets are located at 
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the bottom of loop seal to stabilise the gas-solid flows with a relatively small air flow rate. 

Fig 6.23 also shows the 3D geometry and grids of the CFB. The computational domain, 

including riser, cyclones, downcomers and loop seals, are meshed with 466,028 

hexahedron elements. The geometry and also distribution of the grids of both units are 

identical, guaranteeing the comparison criteria.  

 

 

          (a)                   (b)                   (c) 

Fig 6.23. Schematic geometry [198] and grids of the investigated three-dimensional 

DCFB CLC unit: geometry (a); grids of the whole bed (b); grids of local regions (c). 

 

Initially, the solid loadings are packed in the lower part of the CFB symmetrically with 

an initial solid volume fraction of 0.5. The velocity inlet boundary conditions are set for 

the inlet of the riser and loop seal in both units. The pressure outlet condition is adopted 

for the cyclone outlets. The frictional model of  Schaeffer for the particle phase and the 

Johnson and Jackson’s model [200] for wall boundary conditions of the solid phase are 
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used. The no-slip boundary condition is set for the gas phase. Different discretisation 

schemes for convection terms of each governing equation are employed: the second-order 

upwind scheme is chosen for the momentum equation; the Quadratic Upwind 

Interpolation of Convective Kinematics (QUICK) scheme is chosen for the volume 

fraction of gas and solid phases; the first-order upwind scheme is chosen for the turbulent 

kinetic energy and turbulent dissipation rate. The phase coupled Semi-Implicit Method 

for Pressure Linked Equations (SIMPLE) algorithm is used to deal with pressure-velocity 

coupling. The time step is assigned as 0.0001 s in this study. The mathematical model is 

solved using commercial software ANSYS Fluent v19.2. The total simulation time for 

each case is 120 s. Other material properties and simulation parameters are listed in Table 

6-3. 

Table 6-3. Gas-solid properties and computational settings. 

Solid Properties Values 

Density (
s
) 2600 kg/m3 

Average particle size (dp) 140 m 

Restitution coefficient of particles (ess) 0.95 

Restitution coefficient of particles (esw ) 0.95 

Specularity coefficient (ϕ) 0.01 

Angle of internal friction 30° 

Friction packing limit 0.60 

Gas Properties Values 

Aeration rate 

A1 80/120/160 m3/h 

B1 80/120/160 m3/h 
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A2 3 m3/h 

B2 3 m3/h 

A3 30 m3/h 

B3 30 m3/h 

Gas density (
g
) 1.225 kg/m3 

Gas viscosity (μ
g
) 1.837×10-5 pas 

Computational Settings Values 

Pressure-velocity coupling Phase coupled SIMPLE 

Time step 1×10-4 s 

Max. number of iterations per time step 50 

Convergence criteria 10-4 

 

6.2.4  Results and discussion  

Grid independence test 

A grid-sensitivity analysis is conducted to determine the optimal number of grids. Three 

groups of grids, 127310, 334358 and 466028, are tested using the same case. Fig. 6.24 

shows the time-averaged pressure profile along the riser height is significantly different 

in the coarse-grid case from that of the other two cases. Meanwhile, the pressures of the 

334359 and 466028 grids show a similar trend with a slight deviation. In this work, the 

fine grids are used in order to obtain more accurate numerical results.  
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Fig 6.24. Time-averaged pressure profiles along the riser of unit A with different grid 

numbers. 

 

Verification of computational domain symmetry 

In this work, one obvious concern is to ensure identical geometry and grids of unit A and 

unit B in the full-loop CLC system and avoid the difference of non-negligible effects on 

flow patterns. For verifying the system symmetry, a gas stream is introduced into the 

empty CLC unit and the gas flow behaviour is monitored inside the symmetrical system. 

It is widely accepted that when a single-phase gas flow passes identical paths, the flow 

distributes itself uniformly among the multiple paths [285,287]. 
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Fig. 6.25(a) shows the time-averaged gas velocity distribution in the full-loop CLC 

system with the air introduced. The identical distribution of gas velocity in the 

corresponding section of Unit A and Unit B can be observed. Fig. 6.25 (b) and (c) show 

the time-averaged air velocity and pressure distributions along the central lines of the 

riser A and riser B, respectively. The comparison shows that both the velocity and 

pressure distributions are nearly identical at most altitudes of unit A and unit B. Therefore, 

based on the discussion of the results above, the geometry and grid in unit A and unit B 

can be regarded as numerically identical. 

 

   

(a) (b) (c) 

Fig 6.25. Contours of the time-averaged gas velocity distribution in the full-loop system 

(a); time-averaged air velocity profiles along the central lines of the riser (b); time-

averaged pressure profiles along the central lines of the riser (c). 
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Model validation 

In this section, the model validation is conducted by applying the model to the case by 

Geng et al. [198] and then comparing the simulation results with the measurements. Fig. 

6.26(a) shows the profiles of the solid mass flow rates of riser A and riser B, respectively, 

where the solid mass flow rates are sampled from a horizontal cross-section set in the 

riser. The intense fluctuations of solid mass flow rates between 0 and 30 s can be observed, 

which is commonly regarded as the start-up process. Afterwards, the solid mass flow rates 

fluctuate around a constant value, which generally is regarded as the quasi-stable state. 

The instantaneous values of solid mass flow rates are averaged during the quasi-steady 

state. Fig. 6.26(b) shows that the time-averaged values predicted at the same height of the 

riser A and riser B show reasonable agreement with experimental data with a slight 

overestimation. 

From Fig. 6.26(a), the system reaching a quasi-steady state means the flow characteristics 

will remain approximately stable for a long time. However, it can be seen in Fig. 6.26(b) 

that there is a difference of time-averaged solid mass flow rates between unit A and unit 

B although the identical geometry and boundary conditions are implemented. It is known 

that the components of the CLC unit are connected in series and there will be inevitable 

interactions between the intersecting sections. Therefore, whether the system stability can 

be judged by local variables changes only will require further research. 
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(a) (b) 

Fig 6.26. Profile of the solid mass flow rate with different drag models: time-evolution 

solid mass flow rate (a) and time-averaged solid mass flow rates (b). 

 

Typical phenomena of non-uniformity in a symmetrical CLC unit 

Fig. 6.27 shows the instantaneous distribution of solid volume fraction in the CLC unit. 
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downcomer which indicates the non-uniform gas-solid flow in the system has appeared. 

After this, an asymmetrical solid volume fraction distribution continuously exists, as 

shown in Fig 6.27. The results indicate that the non-uniform solid distribution indeed 

exists even in a symmetrical CLC system. 
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Fig 6.27. Instantaneous distributions of solid volume fraction (αs) in the DCFB CLC unit. 

 

For further comparison, the profiles of time series of bed inventory in unit A and unit B 

are plotted and compared. Fig. 6.28(a) shows the time series of bed inventories in the two 

identical series units. For both units, the non-uniformity of bed inventories exists in most 

of the simulation time. Besides, the difference in non-uniformity of mass distribution 

gradually increases over time. In order to quantitatively discuss the non-uniformity 
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between two identical units, the relative deviation (Dev) of bed inventory is adopted to 

define the degree of non-uniformity, which is defined as: 

𝐷𝑒𝑣 =
|𝑚𝐴 −𝑚𝐵|

𝑚𝐴 +𝑚𝐵
 (6-10) 

where 𝑚𝐴 and 𝑚𝐵 are the solid mass in unit A and unit B, respectively. Dev is a number 

between 0 and 1. The value of 0 represents an ideal situation that the solid mass is same 

in both units while the value of 1 represents the worst situation that all solid particles are 

transported into a specific unit and another unit is empty. Fig. 6.28(b) describes the 

relative deviation of bed inventory between unit A and B, which is averaged in every 5 s. 

It can be seen that the degree of deviation increases with time and the maximum bed 

inventory alternately occurs in the following time. The process, as described above, 

indicates that this symmetrical CLC system shows a significant non-uniform solid 

distribution and the amplitude of the Dev gradually increases along time, as shown in Fig. 

6.28(b). 

 

 

Fig 6.28. Time series of bed inventory in unit A and unit B (a); and relative deviation 

(Dev) of bed inventory between unit A and unit B (b). 
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the wall region of the high solid concentration surrounds a region of low solid 

concentration at the centre of the riser. In the comparisons in terms of solid volume 

fraction and velocity distribution, it can be seen that the flow patterns in Unit A and Unit 

B are asymmetric. Moreover, the pressure balance closely relates to the fluidisation state 

(e.g., bed inventory and solid circulation). On the other hand, the specific initial solid 

arrangement, as well as the operational conditions, will determine the pressure balance in 

turn. The pressure profiles of the system are used to compare the difference in flow 

behaviours. The time-averaged static pressure profiles along the axial direction in the full-

loop system are presented in Fig. 6.30. It can be seen that the pressure drop in the 

expansion section of unit A and unit B is respectively 14525 Pa and 15263 Pa, which 

highly depends on the bed inventory in the unit A and Unit B. For the whole unit, the 

pressure gradient of unit B is higher than that of unit A. The pressure drop of each part 

can be further compared in riser, cyclone, downcomer and loop seal, respectively. It can 

be seen the pressure drop has a different value, indicating the different fluidisation states 

of the corresponding section between the two units. For the risers, the pressure of the riser 

A is larger than that of riser B. However, for the section of downcomer and loop seal, the 

pressure in unit B is larger than A. This difference is a result of the different allocations 

of solid bed inventory in different sections of the whole loop.  
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Fig 6.29. Time-averaged solid volume fraction and velocity distribution in the full-loop 

system with several horizontal cross sections at different heights of the riser. 

 

Fig 6.30. Time-averaged static pressure profile along the central line in the full-loop 

system. 
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The pressure balance plays an important role in the stable operation of the CLC system. 

The pressure difference between different units drives the solids circulation in the whole 

loop. The pressure balance established in the CLC system is important for assessing the 

overall system performance, and one of pressure balances established in this CLC unit 

can be written as: 

 

∆𝑃1 = ∆𝑃𝑟𝑖𝑠𝑒𝑟 + ∆𝑃𝑐𝑦𝑐𝑙𝑜𝑛𝑒−𝑖𝑛𝑙𝑒𝑡 + ∆𝑃𝑐𝑦𝑐𝑙𝑜𝑛𝑒−𝑜𝑢𝑡𝑙𝑒𝑡  (6-11) 

 

where the ∆𝑃1 can reflect the flow characteristics in the riser in both unit A and unit B. 

Fig.6.31 demonstrates the time-evolution of ∆𝑃1 in unit A and unit B, respectively. At the 

initial stage, the pressure drop increases as the solids inventory builds up. It then levels 

off, indicating that the solids circulating pattern has been fully developed and a 

statistically steady state has been achieved. To avoid the start-up effect, the first 40 s 

simulation is discarded for postprocessing. From Fig. 6.31(a), it can be seen although two 

pressure drops reach the quasi-stable state after 40 s, the difference still exists between 

the identical paths, which results from the non-uniformity of the instantaneous mass 

distribution.  

To further investigate the slight difference of fluidisation state between unit A and unit B 

in the system, the Fourier spectral analysis of two pressure drops is compared, as shown 

in Fig. 6.31(b). It can be obtained by analysing that the dominant frequency of pressure 

drops ∆𝑃1with identical conditions are 6.25e-5 Hz and 3.12e-4 Hz in unit A and unit B, 

respectively. The low frequency indicates the dilute regime flow pattern in both units. 

Meanwhile, the amplitudes of pressure drop have a discrepancy where the amplitude of 

pressure fluctuation is 2439 and 2646 Pa respectively for two units, indicating the 

difference of flow behaviours between two units. 
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(a) (b) 

Fig 6.31. Profiles of the time-evolution profiles of ∆𝑃1 (a); the Fourier spectral analysis 

of ∆𝑃1 (b). 

 

Re-scaled range analysis, also named R/S analysis, was first used for the analysis of 

pressure fluctuations in fluidized beds by Fan et al. [324]. The R/S analysis can 

characterise correlations of signal series via the Hurst exponent. That is, the Hurst 

exponent indirectly reflects the dynamic behaviours of gas-solid flows in CFBs [325,326]. 

In the R/S analysis, the equation can be shown as follows: 

 

𝑅(𝑡, 𝜏) = max
0≤𝑢≤𝜏

{𝑋∗(𝑡 + 𝑢) − 𝑋∗(𝑡) −
𝑢

𝑡
[𝑋∗(𝑡 + 𝑢) − 𝑋∗(𝑡)]}

− min
0≤𝑢≤𝜏

{𝑋∗(𝑡 + 𝑢) − 𝑋∗(𝑡) −
𝑢

𝑡
[𝑋∗(𝑡 + 𝑢) − 𝑋∗(𝑡)]} 

(6-12) 

where X and R denote the discrete series of signal and the corresponding extreme 

difference, respectively. With  being time intervals, 𝑋∗ can be defined as: 
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𝑋∗(𝑡) = ∑𝑥(𝑢)         (𝑢 = 1, 2,⋯ , 𝑡)

𝑡

𝑢=1

 (6-13) 

The standard deviation of time series pressure signal sequence 𝑆(𝑡, 𝜏) is demonstrated as 

follows: 

𝑆2(𝑡, 𝜏) =
1

𝜏
∑ 𝑃2(𝑢)

𝑡+𝜏

𝑢=𝑡+1

− [ ∑ 𝑃(𝑢)

𝑡+𝜏

𝑢=𝑡+1

]

2

 (6-14) 

 

An empirical power law between the expectation of R/S and time lag  is applied to 

determine the Hurst exponent:  

𝑅(𝑡, 𝜏)

𝑆(𝑡, 𝜏)
∝ 𝜏ℎ (6-15) 

where H is the Hurst exponent, the Hurst exponent for the curve of the interval can be 

obtained through the slopes of log(R/S) and log(τ). Each slope of this curve is equal to a 

Hurst exponent. Moreover, if the Hurst exponent equals 0.5, the time series is random. If 

it is larger than 0.5, the time series is persistent. It implies that if the trend in the time 

series increases or decreases, it has the chance of continuous increase or decrease in the 

future. Moreover, the strength of trend-reinforcing behaviour, or persistence, increases as 

the Hurst exponent approaches 1.0. Conversely, if the Hurst exponent is smaller than 0.5, 

the time series is anti-persistent. This means that whenever the trend in the time series 

increases, it will be more likely to decrease in a short time period. The strength of anti-

persistence increases as the Hurst exponent approaches zero. A decrease in the value of 

the Hurst exponent indicates that higher disorder exists in the time-series data and higher 

pulsations occur in the flow. In contrast, an increase in the value of the Hurst exponent 

indicates the lower disorder for the time-series data and the decrease of turbulence or 

pressure fluctuations. 
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The R/S analysis is shown in Fig 6.32 through estimating the pressure signal ∆𝑃1−𝐴 and 

∆𝑃1−𝐵   for various subperiod lengths. The slope of this logarithmic plot gives the Hurst 

exponent of the signal. It can be seen that the rescaled range estimated from the riser of 

unit A and unit B correlates linearly with the subperiod length. Both of the Hurst 

exponents exceed 0.9 for two pressure balances which means the motion of the solid is 

strong ‘persistent’ in both units and it highly depends on gas/bubble motion. The Hurst 

exponent in unit A is slightly larger than it in unit B, which implies a stronger persistence 

to repeat an increasing or decreasing trend of the signal itself. The difference of Hurst 

exponents also can reflect that the non-uniformity in the two units will be further 

intensified. 

  

(a) (b) 

Fig 6.32. Variation of the rescaled range estimated from the signals shown in Fig.7. 9 for 

various subperiod length: ∆𝑃1−𝐴 (a); ∆𝑃1−𝐵 (b). 

 Effects of key variables on non-uniformity  

In the actual process, the operational parameters of CFB may vary over a wide range.  A 

clear understanding of the effects of different operating parameters is of great significance 

for maintaining a stable and balanced system. In this section, the effects of total bed 

inventory, aeration rate and wall roughness on the degree of non-uniformity are discussed.   
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 Effect of total bed inventory 

Fig. 6.33(a) shows the time-evolution profiles of bed inventory in unit A and unit B, 

respectively, with other variables fixed. It is found that increasing total bed inventory 

increases the fluctuation amplitude of bed inventory difference and increases the 

maximum amplitude and frequency of the relative deviation of bed inventory via 

comparing the value of Dev (Fig. 6.33(b)), which means the system becomes more 

unstable. 

  

  

  

（a） (b) 

Fig 6.33. Time-evolution profiles of bed inventory (a); relative deviation (Dev) of bed 

inventory (b) in unit A and unit B at different total solid inventory. 
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Fig. 6.34(a) compares the pressure drop ∆𝑃1  in the two units. When the total bed 

inventory increases from 60 kg to 80 kg, it is found that the pressure drops for both ∆𝑃1 

of unit A and unit B are increased significantly due to more energy dissipation from 

particle-particle/wall interactions. The fluctuation frequency of ∆𝑃1 of unit A and unit B 

for three different solid inventories are very close within the range of 10-5~10-4 Hz due to 

the dilute flow pattern. However, the amplitude of the dominant frequency shows a 

significant rising tendency with the increase of solid inventory, indicating that the 

stronger intensity of the signal and the flow structure at the corresponding scale. As 

shown in Fig. 6.34(b), the frequency and amplitude of pressure fluctuations are different 

in units A and B for all cases, indicating the non-uniformity of flow patterns is not an 

accidental phenomenon in CFBs. Moreover, the solid inventory increases from 60 kg to 

80 kg, with the amplitude of pressure fluctuation correspondingly increasing from around 

1500 to 4000 Pa for both units A and unit B, indicating the gas-solid flow pattern becomes 

more unstable with the increase of total solid inventory.  
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(a) (b) 

Fig 6.34. Profiles of the time evolution profiles of ∆𝑃1 (a) ; the Fourier spectral analysis 

of ∆𝑃1 (b) at different bed inventory. 

 

Fig. 6.35 shows the Hurst exponents estimated from the logarithmic plot of the rescaled 

range at different solid inventories. The estimations of the Hurst exponent are close to 1.0 

for all pressure drops, indicating that gas-solid flow behaviours in the CFB display strong 

persistent features under the conditions examined. The comparison shows that, increasing 

total bed inventory slightly decreases the Hurst exponent. This demonstrates that the 

fluctuations of the time series become more significant and more unstable. The difference 

of Hurst exponent between unit A and unit B gradually enhances from 60 kg to 80 kg, 

which also indicates the degree of non-uniformity will be intensified in the predictable 

short-term future with the increase of total solid bed inventory. 
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Fig 6.35. Comparison of Hurst exponent estimated at different solid inventory. 

 

 Effect of aeration rate 

Fig.6.36(a) shows the time-evolution profiles of bed inventory for different aeration rates 

in unit A and unit B, respectively, with other variables fixed. It can be found that 

increasing the gas fluidisation rate increases the fluctuation amplitude of bed inventory. 

Meanwhile, with the increase of gas fluidisation rate, the maximum amplitude and 

frequency of the relative deviation of bed inventory increases by comparing the value of 

Dev (Fig 6.36(b)), which means the system becomes more unstable.  
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(a) (b) 

Fig 6.36. Time-evolution profiles of bed inventory (a); relative deviation (Dev) of bed 

inventory (b) in unit A and unit B at different gas aeration rates. 

To investigate the influence of gas aeration rates on gas-solid hydrodynamics in the 

symmetrical CLC unit, Fig. 6.37 shows the time series of pressure fluctuations of  ∆𝑃1 of 

unit A and unit B at different aeration rates of 80, 120 and 160 Nm3/h. As can be observed, 

by increasing the gas aeration rate, the amplitude of time series fluctuations increases 

owing to the increase of gas-solid interactions. As shown in Fig. 6.37(a), the dominant 

frequency of ∆𝑃1 of unit A and unit B for three different aeration rates are very close 

within the range of 10-5~10-4 Hz due to the dilute flow pattern. However, as the gas 

aeration rate increases, the amplitude of the fluctuation steps up gradually, indicating a 

more unstable gas-solid flow pattern. Meantime, both the frequency and amplitude of 

0 20 40 60 80 100 120

30

32

34

36

38

40

Bed inventory: 70 kg

A1/B1: 80 Nm
3
/h

A2/B2: 3 Nm
3
/h

A3/B3: 30 Nm
3
/h

B
ed

 i
n

v
en

to
ry

 (
k

g
)

Time (s)

 Mass-Unit A

 Mass-Unit B

0 20 40 60 80 100 120

0.00

0.02

0.04

0.06
A1/B1: 80 Nm

3
/h

A2/B2: 3 Nm
3
/h

A3/B3: 30 Nm
3
/h

Bed inventory: 70 kg

D
ev

Time (s)

 Dev

0 20 40 60 80 100 120

30

32

34

36

38

40

Solid inventory: 70 kg

A1/B1: 120 Nm
3
/h

A2/B2: 3 Nm
3
/h

A3/B3: 30 Nm
3
/h

F : 0.05

B
ed

 i
n

v
en

to
ry

 (
k

g
)

Time (s)

 Mass-Unit A

 Mass-Unit B

0 20 40 60 80 100 120

0.00

0.02

0.04

0.06
A1/B1: 120 Nm

3
/h

A2/B2: 3 Nm
3
/h

A3/B3: 30 Nm
3
/h

Solid inventory: 70 kg

F : 0.05

D
ev

Time (s)

 Dev

0 20 40 60 80 100 120

30

32

34

36

38

40

Bed inventory: 70 kg

A1/B1: 160 Nm
3
/h

A2/B2: 3 Nm
3
/h

A3/B3: 30 Nm
3
/h

B
ed

 i
n

v
en

to
ry

 (
k

g
)

Time (s)

 Mass-Unit A

 Mass-Unit B

0 20 40 60 80 100 120

0.00

0.02

0.04

0.06
A1/B1: 160 Nm

3
/h

A2/B2: 3 Nm
3
/h

A3/B3: 30 Nm
3
/h

Bed inventory: 70 kg

D
ev

Time (s)

 Dev



257 

 

pressure drop are non-identical between unit A and unit B and the degree of non-

uniformity further aggravates. 

  

  

  

      (a)      (b) 

Fig 6.37. Profiles of the time evolution profiles of ∆𝑃1 (a); the Fourier spectral analysis 

of ∆𝑃1 (b) at different gas aeration rates. 
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The Hurst exponent diagram of pressure fluctuations of  ∆𝑃1 in unit A and unit B at the 

gas aeration rate of 80, 120 and 160 Nm3/h are demonstrated in Fig. 6.38 Increasing the 

gas aeration rate decreases the value of Hurst exponent. A decrease in value of Hurst 

exponent indicates that higher disorder exists in the time-series data and higher pulsations 

occur in the gas-solid flows. Meantime, the difference of Hurst exponent between unit A 

and unit B is gradually enhanced from 80 to 160 Nm3/h, indicating that the degree of non-

uniformity will be intensified in the predictable short-term future. 

 

 

Fig 6.38.Comparison of the Hurst exponent estimated for various subperiod lengths at 

different gas aeration rates. 
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Fig. 6.39 shows the time-evolution profiles of the bed inventories for different wall 

roughness in unit A and unit B, with the gas inlet velocity and total bed inventory fixed. 

The distribution and relative deviations of bed inventory between two identical units 

are very random, and there is not a clear tendency. One possibility is that the influence 

of wall-particle collisions has a more complicated mechanism and more 

comprehensive factors need to be considered in future studies. 
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(a) (b) 

Fig 6.39. Time-evolution profiles of bed inventory (a); relative deviation (Dev) of bed 

inventory (b) in unit A and unit B at different wall roughness. 
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complicated mechanism and more comprehensive factors need to be considered.  
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(a) (b) 

Fig 6.40. Profiles of the time evolution profiles of ∆𝑃1(a); the Fourier spectral analysis 

of ∆𝑃1 (b) at different wall roughness. 

 

 

Fig 6.41. Comparison of the Hurst exponent estimated for various subperiod lengths at 

different wall roughness. 
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6.2.5  Conclusions 

In this work, the non-uniformity of the gas-solid distribution in a symmetrical DCFB 

CLC unit is numerically studied using a multifluid CFD model based on Eulerian-

Eulerian framework. The phenomenon of non-uniformity is discussed by comparing the 

deviation of bed inventory and flow patterns in unit A and unit B, respectively. Moreover, 

the effects of total solid inventory, gas aeration rate, and wall roughness on the degree of 

non-uniformity are comprehensively explored. Based on the numerical results, 

conclusions can be drawn as follows: 

(1) The non-uniformity of gas-solid distribution can be observed in terms of solid mass 

distribution and local flow patterns in a symmetrical DCFB CLC system with an 

identical geometry configuration and operating parameters. 

(2) Enlarging the total bed inventory increases the relative deviation of non-uniformity 

(Dev), the pressure fluctuation and the deviation of Hurst exponent, demonstrating 

the system becomes more unstable. 

(3) Elevating the gas aeration rate increases the relative deviation of non-uniformity 

(Dev), the pressure fluctuation, and the deviation of Hurst exponent, indicating 

demonstrating the system becomes more unstable. 

(4) The specularity coefficient has an uncertain influence on the degree of non-

uniformity. 

To summarise, the non-uniformity phenomenon is revealed by simulation results, and the 

influences of several critical operating variables on the degree of non-uniformity are 

studied. These fundamental mechanism of non-uniformity phenomenon should be helpful 

for the design and optimisation of CLC processes. 
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CHAPTER.7 Online Regulation of Maldistribution in 

a Full-loop CFB by Combining CFD and Process 

Simulation 

Complex CFB units in industries require continuous monitoring and effective control to 

maintain product specifications and meet safety criteria. In this chapter, an integrated 

simulation method is firstly established by combining the CFD model and process 

simulation based on Ansys-Fluent and MATLAB platform. The detail coupling scheme 

of the Ansys-Fluent and MATLAB platform is described. To fulfill the availability of this 

method, an example is conducted based on this method to reduce the degree of 

maldistribution in one symmetrical DRCFB system (chapter 6) through online regulation 

of L-valve aeration rate and the better operating performance after coupling with the 

process controller is discussed. This work provides a new numerical method to test and 

optimise practical industrial CFB processes. 

The paper “Online Regulation of Maldistribution in a Full-loop CFB by Combining CFD 

and Process Simulation” is under revision based on the content of this chapter. 
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ABSTRACT 

Complex CFB units in industries require continuous monitoring and effective control to 

maintain product specifications and meet safety criteria. In this work, an integrated 

simulation method is firstly established by combining the CFD model and process 

simulation based on Ansys-Fluent and MATLAB. An example is conducted based on this 

method to reduce the degree of maldistribution in one symmetrical DRCFB system 

through online regulation of L-valve aeration rate and the better operating performance 

after coupling with the process controller is discussed. This work provides a new 

numerical method to test and optimise practical industrial CFB processes. 
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7.1  Introduction 

Circulating fluidized bed (CFB) has been widely applied to many chemical engineering 

processes, such as fluid catalytic cracking [327], coal combustion [328] and gasification 

[329] due to its good gas-solid mixing, wide fuel flexibility, and excellent heat and mass 

transfer performance. The critical point for CFB technology is to ensure long-term 

operational stability. However, some threats (e.g., bed agglomeration, material leakage, 

even unexplained shutdowns and fire explosion) significantly deteriorate the stability and 

efficiency of the CFB system. Therefore, to maintain product specifications and meet 

safety criteria, continuous monitoring and effective control of CFB processes are in 

urgent need. 

Industrial control and automation technologies have benefited many large industrial 

plants for a long time [330,331]. They receive inputs from sensors, meters and so on, 

provide control functions, and deliver output control signals to controlled devices in 

plants. Despite the improvement in automation and information technology, the majority 

(i.e. 85-95%) of the feedback control loops in the process industries are based on the 

proportional-integral (PI) and proportional-integral-derivative (PID) control techniques 

[332–335]. These methods provide a quick control signal to guarantee system stability. 

However, this kind of simple logic or constraint-based control is commonly limited to 

simple linear systems [336,337]. Meantime, it is challenging to obtain a well-tunning PID 

controller for practical industrial chemical engineering processes which are integrated, 

nonlinear and multivariable systems [338,339]. In recent years, some advanced control 

algorithms (e.g. fuzzy control, neural networks, genetic algorithms, and expert systems) 

also have been proposed and applied in various CFB apparatuses from lab-scale to 
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industrial-scale [340–342]. However, the performance of most advanced control 

strategies has not been thoroughly tested in the experimental plants because of large lags 

in current measurement technologies. Due to the lack of comprehensive validation of 

efficiency, most of the advanced controllers cannot be finely implemented, leading to the 

difficulty of CFB apparatuses operating at healthy states in the industrial plants [343].  

To overcome the above disadvantages of experimental methods, two numerical 

technologies (e.g. process simulation and CFD) have attracted increasing attention, with 

the rapid development of computer science [344,345]. Process simulation has been 

widely used to study individual unit operations as well as multiple interconnected units 

or even entire plants [5]. Nowadays, many process simulations are available for industrial 

plants, which offer a variety of solution algorithms, numerical models and component 

libraries. For example, Sun et al. (2011) [346] established a dynamic model of the Shell 

gasifier to explore the system performance via changing the oxygen-to-coal and steam-

to-coal ratios in integrated coal gasification combined cycle (IGCC). The critical outlet 

variables, including the gas temperature, slag mass flow rate, thicknesses of slag layer 

and volume percentages of syngas, were dynamically obtained. Jin et al. [347] established 

a steady-state model and control system for a 600 MWe oxy-combustion pulverised-coal-

fired boiler. The control system, aiming to regulate O2 concentration in flue gas 

automatically, was integrated into the boiler model. The designed controller in this model 

gave a robust performance for different dynamic cases. 

To accurately monitor and control the system, the precise flow characteristics and state 

changes in the CFB system should be well obtained. However, most of the mathematical 

models in process simulations either ignore all spatial field variations within each unit or 

https://www.sciencedirect.com/topics/engineering/gasifiers
https://www.sciencedirect.com/topics/engineering/coal-gasification
https://www.sciencedirect.com/topics/engineering/mass-flowrate
https://www.sciencedirect.com/topics/engineering/syngas
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are constrained to simple geometries. Besides, process models include many empirical 

formulas, which describe physical processes incompletely. Another method to build 

accurate mathematical models in process simulations is the artificial neural network 

(ANN) [348–350]. However, its training process may be influenced by indeterministic 

factors, such as random noise. Besides, to obtain detailed flow and reactions, a 

considerable dataset is required for the training procedure, which is expensive and time-

consuming [351,352]. Therefore, it is challenging to build comprehensive and accurate 

mathematical models in process simulations.  

As another important computer-aided technology, the CFD simulation has become a cost-

effective technique for overcoming the disadvantages of experimental methods and 

process simulations regarding instantaneous multiphase hydrodynamics and reactions in 

CFB systems. Over the last two decades, CFD simulations have been extensively 

conducted to unveil thermophysical behaviours in various CFB systems. Li and Shen 

(2020) [353] numerically modelled the full-loop CFB system using the Eulerian-Eulerian 

CFD method and the non-uniform distribution of solid holdup were well captured.  Zhang 

et al. (2015) [354] implemented a CFD model based on the Eulerian–Eulerian multiphase 

framework to simulate the coal gasification processes in a CFB gasifier and the effects of 

many parameters were explored. To summarise, most of CFD simulations on CFB 

systems only revealed microscale phenomena based on separate reactor components, and 

the boundary and operating conditions were fixed during the simulation process without 

the external adjustment and environment change considered.  

In the past many years, these two virtual simulation methods individually grow towards 

their maturity only in their field. Although the subjects, methods and purposes of the two 
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virtual technologies are different, the research objects of them are coordinated to improve 

the performance of chemical engineering processes in the actual industries. They can 

complement each other in function: the CFD can provide more accurate results than 

conventional, lumped-parameter unit operation models used in process simulations; and 

the process simulation can dynamically regulate the CFD boundary and operation 

conditions according to production demand and environmental change. More information 

can be obtained, including not only response characteristics of dynamic system 

performance at macroscale but also the transient in-furnace flow and reaction details at 

the microscale.  

In recent years, a few attempts have been made to combine CFD modelling with process 

simulation. The most common method is to embed the control algorithm of process 

simulation into CFD simulation process through user-defined function (UDF), which is a 

specific tool for ANSYS Fluent [355,356]. The UDF can be dynamically loaded to extend 

the functionality of the standard solver. However, all previous studies using UDFs 

adopted simple control logic algorithms due to the problematic implementation of 

advanced and complex control algorithms (ANSYS Fluent  Theory Guide, 2013). Besides, 

UDF is usually called on a per-cell basis every iteration, which dramatically slows the 

calculation of the CFD process. Therefore, the interaction of CFD modelling and process 

control based on UDFs is not an ideal coupling method. Moreover, some coupling 

methods between CFD packages (e.g., Fluent, CFX) and process platforms (e.g., Aspen 

Plus, gPROMS, HYSYS) also have been proposed based on some third interfaces such 

as CAPE-OPEN standards [358], USER3 protocol [359] or TCP/IP protocol [360]. 

However, the stability and accuracy of third interfaces to transfer data between CFD and 

process simulation software limits its further application.  
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To fulfil the knowledge gap, effectively realising the closed-loop modelling of chemical 

engineering processes by combining CFD and process simulation is an urgent need. In 

this work, an integrated online regulation method is firstly established to realize the 

collaborative simulation of the transient CFD model and process control algorithm based 

on Ansys-Fluent and MATLAB platforms. Then, an attempt to realise the online 

regulation of the CFB system through collaborative simulation is carried out, and the 

better operating performance of CFD results after coupling process controller is discussed.  

7.2  Computational details 

7.2.1 CFD model 

Mathematical model 

The CFD simulation is performed using ANSYS Fluent 19.2, in which the multiphase 

Eulerian granular model is used. The drag coefficient is closed by Syamlal-O’Brien drag 

model [181], which has been validated in our previous simulations of the same model 

[353], which can be found in section 3.2.3. The governing equations with the standard 

kinetic theory of granular flow (KTGF) are given in Sections 3.2.1 and 3.2.2.  

Geometry, boundary condition and mesh 

As shown in Fig. 7.1(a), a lab-scale DRCFB designed by Luo et al. (2017) is used in this 

work to show the maldistribution phenomenon of the parallel system in the separate CFB 

device, and as the target device to couple the process control unit. The symmetrical 

DRCFB consists of a riser and two external loops (consist of a cyclone, standpipe, and L-

valve). The riser usually is used as the main reaction regime. The cyclone has a function 
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of gas-solid separation and collects solid material. The standpipe located below the 

cyclone is used for material storage. The non-mechanical L-valve can control solid flow 

circulation. Detailed size of geometry can be seen in Fig. 7.1(a). Particles exit the riser 

through two symmetric rectangular side ports 0.06 m in height, 0.022 m in width about 

1.17 m above the gas distributor and enter the riser from two symmetrically rectangular 

side ports 0.017 m in edge length and 0.029 m above the gas distributor (from the centre 

line of the L-valve). The solid particles are sand with a mean diameter of 1.5 mm and a 

density of 2500 kg/m3. The total amount of solid inventory in the computational domain 

is 1.5 kg. The gas inlet is assigned at the bottom of the riser to transport solid materials 

and two aeration inlets are located at the side of L-valves to recirculate particles to the 

bottom of the riser with a relatively low aeration rate. 

Fig. 7.1(b, c) shows the grids of the DRCFB generated by ICEM to discrete the 

calculation domain. All the computational domains used in this situation have meshed 

with structured hexahedron elements. The distribution of grids in two external loops are 

totally symmetric, which is generated by mirroring.  

For the setting of boundary conditions, the velocity inlet boundary conditions are set for 

aeration inlets at the bottom of the riser and the side of L-valves. The pressure outlet 

boundary condition is selected for two outlets of the cyclone vortex finder. The Schaeffer 

frictional model for particle phase and Johnson and Jackson’s model [200] for wall 

boundary conditions of the solid phase is used. The no-slip boundary condition is 

specified for the gas phase. Different discretisation schemes for convection terms of each 

governing equation are employed: the second-order upwind scheme is chosen for the 

momentum equation; the Quadratic Upwind Interpolation of Convective Kinematics 

(QUICK) scheme is chosen for the volume fraction of gas and solid phases, and the first-
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order upwind scheme is chosen for the turbulent kinetic energy and turbulent dissipation 

rate. The Semi-Implicit Method for Pressure Linked Equations (SIMPLE) algorithm is 

used to deal with pressure-velocity coupling. The material properties and simulation 

parameters are listed in Table 7-2. 

 

 

 

Fig 7.1. Schematic geometry [295] and grids of the investigated three-dimensional 

DRCFB: geometry (a); grids of the whole bed (b); grids of local regions (c). 

Table 7-1. Gas-solid properties and computational settings for the base case. 

Solid Properties Values 

Outlet

Aeration

Inlet

(a) (b) (c)

Φ70

Φ20

Φ65

9
5

5

1
2

0
0

Unit: mm
X

Z

X

Z

Y
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Particle density 2500 kg/m3 

Particle size 1.5 mm 

Minimum fluidization velocity 1.12 m/s 

Restitution coefficient of particles 0.95 

Restitution coefficient of particle and wall 0.95 

Specularity coefficient 0.5 

Angle of internal friction 30° 

Friction packing limit 0.60 

Packing limit of particles 0.63 

Gas Properties  

Gas inlet velocity 8 m/s 

Aeration gas velocity  0.2 m/s 

Gas density 1.225 kg/m3 

Gas viscosity 1.837×10-5 Pas 

Computational Settings  

Pressure-velocity coupling SIMPLE 

Drag model  Syamlal and O’Brien 

Time step 1×10-4 s 

Max. number of iterations per time step 50 

Convergence criteria 10-4 

Problem description  

Multiple identical paths are usually connected to form circulating loops in industrial 

reactors. The equal allocation generally is expected among multiple identical paths. 
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However, the flow pattern has been proven highly non-uniform in these identical paths, 

compromising the stability. In our previous work [353], the characteristics of the gas-

solid distribution in a symmetrical DRCFB is numerically studied by a CFD multifluid 

model based on the Eulerian-Eulerian framework. The results demonstrate that even in a 

symmetrical DRCFB system, the unbalance solid distribution inevitably appears, as 

shown in Fig 7.2. This non-uniformity phenomenon is commonly termed as 

maldistribution [298,299]. In steady operation, chemical reactions will be affected by the 

disturbances in the feed-rate of the fuel and by the incomplete mixing of the fuel in the 

bed, which may cause changes in the burning rate, oxygen level and increase CO 

emissions. Moreover, the mass imbalance causes a deflection of the centre of gravity 

position of the device, which is unfavourable and unsafe for the long-time running of 

CFB systems. Therefore, it is necessary and urgent to reduce the maldistribution 

phenomenon in large chemical CFB systems by coupling with the online regulation. 
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t = 0 s t = 3 s t = 10 s t = 20 s t = 30 s  

 

 

 

t = 50 s t = 70 s t = 110 s t = 130 s t = 150 s  

Fig 7.2. Contours of instantaneous solid volume fraction in the DRCFB. 

 

To quantitatively quantify the maldistribution between two external loops in the CFD 

simulation, the relative deviation (Dev) of bed inventory is proposed to define the degree 

of maldistribution: 

Dev =
ml −mr

ml +mr

 (7-1) 

where ml and mr are the mass in the left and right external loops, respectively. The 

magnitude of Dev is a number between 0 and 1. The value of 0 represents the solid mass 

is same in both external loops, which is an ideal distribution. The value of 1 represents 

all particles transported into one external loop and the other one is empty, which is the 

worst situation. And the sign of the Dev represents the position: when it is positive, it 

means the left side has more bed inventory. Conversely, when it is negative, it represents 

αs
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the right side has more bed inventory. According to the magnitude and sign of Dev, the 

aeration rates at the side of L-valves are controlled to adjust the mass distribution in two 

external loops. Therefore, the objective of this work is to reduce the magnitude of Dev 

through the online regulation of the L-valve aeration rate by coupling Ansys-Fluent and 

MATLAB. 

The grid independence test, the symmetry of the computational domain and the model 

validation have been done in our previous CFD work [353]. 

 

7.2.2  Control algorithm 

MATLAB is an integrated and technical computing environment that combines numeric 

computation, advanced graphics and visualisation, and a high-level programming 

language. In industry, it is the tool of choice for high-productivity research, development, 

and analysis, used in control system design. Therefore, the MATLAB platform is chosen 

in this work to design the part of process simulation. 

Simple logic controller 

For verifying the feasibility of collaborative simulation, a simple logic controller written 

by M file in MATLAB is used to dynamically regulate the CFB system to imitate the 

manual adjustment during experiments at first. This controller emulates the manual 

control in experiments to make the Dev below a set value and the L-valve aeration rate 

increases or decreases with a fixed increment according to the transient value of the Dev 

output defined in eq (7-1). The flow chart of the simple logic controller is shown in Fig 

7.3. It can be seen that the set value in this work is 0.03: it means when the magnitude of 

https://www.sciencedirect.com/topics/earth-and-planetary-sciences/research-and-development
https://www.sciencedirect.com/topics/earth-and-planetary-sciences/research-and-development
https://www.sciencedirect.com/topics/earth-and-planetary-sciences/control-systems-design
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Dev is less than 0.03, the system is regarded as a balanced distribution; when the 

magnitude of transient Dev is out of range, the controller will respond and change the L-

valve aeration rate according to rules. Besides, to maintain stable operating conditions, 

the change range of the L-valve aeration rate is limited to [0.18, 0.22].



2
7
9
 

 

 

 

Fig 7.3. Flow chart of the simple logic controller.
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Artificial intelligence control system design 

Artificial Intelligence (AI) algorithms are becoming beneficial as substitute methods to 

conventional approaches or as components of incorporated systems. They have been 

utilised for solving complex applied problems in different fields and are becoming more 

and more popular at present [361,362]. Fuzzy logic control (FLC) is one of the useful 

intelligent control schemes for plants having difficulties in deriving mathematical models 

or having performance limitations with conventional linear control methods [363,364].  

In this work, the Fuzzy Logic Toolbox in MATLAB/Simulink is utilised to a single-input 

and multiple-output (SIMO) Mamdani’s Fuzzy Inference System [365] for the DRCFB 

system. The closed-loop framework of CFD model and FLC used in this work is depicted 

in Fig 7.4. Firstly, the CFD model dynamically outputs the instantaneous values of 

maldistribution degree Dev, which is the user-defined variable by Eqn (8-1). Then, the 

fuzzifier maps the crisp input (Dev) to fuzzy input sets (e) with the membership functions, 

that is, 𝑒 = 𝑓(𝐷𝑒𝑣 ). The  𝑓  is a nonlinerar function that is formed by fuzzy logic 

operations and mathematics of fuzzy sets. The membership functions are presented in the 

form of trapezoid, triangle, S-shape and Z-shape. Similarly, the linguistic variables v1 

and v2 are chosen to describe the time variation of the two manipulated variables: the 

aeration rate at the left and right side in this work, respectively. The inference engine uses 

7 IF-THEN fuzzy rules to generate fuzzy outputs according to the fuzzy input signal, 

which is set by summarising the real experimental experience, as shown in Table 7-2. 

And the change range of the L-valve aeration rate is limited to [0.18, 0.22] to avoid 

changing the flow pattern in standpipes.

https://www.sciencedirect.com/science/article/pii/S0032591020300644#f0015
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Fig 7.4. The scheme of the close loop composed by FLC framework and CFD model in this work.
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Table 7-2. IF-THEN fuzzy rules 

IF (Dev is NB) THEN (v1 is NB) (v2 is PB) 

IF (Dev is NM) THEN (v1 is NM) (v2 is PM) 

IF (Dev is NS) THEN (v1 is NS) (v2 is PS) 

IF (Dev is ZO) THEN (v1 is ZO) (v2 is ZO) 

IF (Dev is PS) THEN (v1 is PS) (v2 is NS) 

IF (Dev is PM) THEN (v1 is PM) (v2 is NM) 

IF (Dev is PB) THEN (v1 is PB) (v2 is NB) 

7.2.3 Coupling method 

There are two direct ways that can be used to realise the collaborative simulation of the 

CFD model and process controller. The first method is hooking a UDF in ANSYS Fluent 

along with the relevant control algorithm, and the UDF can be dynamically loaded by the 

ANSYS Fluent solver to call instantaneous simulation results and modify modelling 

setting according to control code. The second method is using the ANSYS Fluent as a 

Server (aaS) toolbox which establishes a connection between ANSYS Workbench and 

MATLAB directly. All the design variable or boundary conditions here can be established 

or changed using a MATLAB script. Two direct coupling methods are compared from 

different aspects, discussed in Table 7-3.
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Table 7-3. Comparison of two direct coupling method 

Coupled method UDF
a
 MATLAB

b
 

Specific users   Only used by ANSYS Fluent users 
• Widely used in various disciplines. 

• A common tool for process control 

Functionality 

• Customisation of boundary conditions.  

• Material property definitions. 

• Surface and volume reaction rates. 

• Source terms in transport equations. 

• Source terms in user-defined scalar (UDS) Transport equations. 

• Diffusivity functions etc. 

*Not all solution variables or ANSYS-FLUENT models can be accessed by UDFs. 

Local or remote client applications to access 

the full power of the ANSYS Fluent solver. 

 

 

Operation mode UDFs are called on a once-per-iteration basis. Fluent and MATLAB work Alternatively. 

Implementation of control 

algorithms 

• Suitable for simple control algorithm. 

• Difficult to transplant a complex control algorithm to UDF format. 

• Complex algorithms can seriously slow down the computational efficiency. 

• There are professional control system 

toolbox and Simulink. 

• Operation efficiency is relatively 

high. 

a. The characters of UDF coupling method are summarised from ANSYS Fluent UDF manual [366]. 

b The characters of  MATLAB coupling method are summarised from ANSYS Fluent as a Server User’s Guide [366].  
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As summarised in Table 7-3, realising the collaborative simulation of ANSYS Fluent and 

MATLAB is of great significance for both disciplines. MATLAB is used to perform an 

interactive simulation with ANSYS Fluent working as a server. These two software 

packages communicate with one another through aaS toolbox, which is a set of tools and 

functionality used to access the full power of the ANSYS Fluent Solver. The interface, 

named ANSYS_aaS MATLAB toolbox, is developed and officially supported by 

ANSYS. Details of the approach are provided in Table 7-4 and Fig 7.5. 

Table 7-4. Description of the coupling approach between ANSYS Fluent and MATLAB 

Tools • ANSYS Fluent  

• MATLAB 

Interface  

• ANSYS Fluent output file 

• Fluent journal file 

• ANSYS_aaS MATLAB toolbox 

Fluent  

Functionality  

• CFD solver: provide detailed dynamic flow information.  

• Execute remote commands from MATLAB to update 

simulation setup, modelling parameters and boundary values 

• Save simulation results and output parameter values 

being monitored and analysed by MATLAB codes  

MATLAB  

Functionality 

• Check and analyse simulation results from Fluent  

• Refresh the simulation setup, modelling parameters and 

boundary values according to the control algorithm 

• Send TUI commands to Fluent to modify simulation 

conditions  
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Fig 7.5. Flow chart for the MATLAB-Fluent coupling method. 

7.3  Results and discussions 

To illuminate the feasibility of this coupling method for CFB operating system, the 

collaborative simulation system is built by coupling CFD model with the online controller 

of the L-valve aeration rate to reduce the degree of maldistribution. In this section, the 

control effects of two control schemes set in Section 7.2 are discussed and compared with 

original CFD results without external control. Before the controller is added, the 

individual DRCFB model will run 20 s to build the circulation loop. 

7.3.1 Simple logic controller 

For complex full loop CFB systems, there is a large time-delay responding to the 

operation and boundary regulation. Therefore, a suitable sampling time should be selected 

to achieve the optimal control effect. In this simple control scheme, three different sample 

times of 5 s, 10 s, 15 s are chosen in the controller to retrieve and analyze simulation 

results from Ansys Fluent and send commands to modify the transient aeration rates in 
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CFD model. It can be seen from Fig 7.6(a) that L-valve aeration rates are regulated 

dynamically according to the degree of maldistribution Dev in the system during the 

collaborative simulation process. The transient values of Dev have been suppressed to a 

certain extent for all sampling times after coupling the process control unit compared with 

the original CFD results, as shown in Fig 7.6(b). In order to better consider the long-

lasting effect of the controller on the DRCFB unit, the instantaneous value is averaged 

every 10s (Fig 7.6(c)). Through the time-average value of Dev, it can be found that when 

the sample time is 10s, the system can maintain the balance distribution without strong 

fluctuation in the whole simulation time which means the material distribution is more 

balanced across the entire system.  

Meantime, it can be seen from Fig 7.6(a) that each time the only one aeration rate changes 

at a fixed increment for this simple logic controller design. It is more suitable for small 

and simple devices, but for some large complex devices, the system may cost a lot of time 

to achieve the optimal regulation state
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Fig 7.6. Time-evolution profiles of transient aeration rate at the left and right L-valve inlet (a); the transient value of Dev (b);  Statistic Dev averaged 

every 10 seconds (c).
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7.3.2 Fuzzy logic controller  

As shown in Fig 7.7, the FLC regulates both aeration rates according to the real-time 

value of Dev and fuzzy rules designed in section 7.3.2. The transient values of Dev in the 

system are suppressed to a certain extent for all sample times compared with the original 

CFD results. When the sampling time is 10 s, the control effect is optimal along the whole 

simulation time where the material distribution is more balanced in the system. Therefore, 

the sampling time of 10 s is taken as an example to further analyze the improvement of 

system stability after the coupling control process. 

To give an intuitive display of the effect of process controller on the degree of 

maldistribution Dev during simulation, Fig 7.8 illustrates the transient solid distribution 

in the 3D full-loop DRCFB at t= 40, 70, 100s. It is noted that the solid maldistribution 

phenomenon can be observed in the DRCFB external loops in most of the simulation time 

for both cases without and with the controller (Fig 7.8 (a)(b)). However, the addition of 

real-time controller into the system has a significant function to balance the distribution 

of the solid material in external loops. It makes, the solid volume fraction becomes more 

uniformly dispersed in two standpipes compared with the original CFD results at the same 

time shown above, in which the system is in a more stable state of operation
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Fig 7.7. Time-evolution profiles of transient aeration rate at the left and right L-valve inlet (a); the transient value of Dev (b); Statistic Dev averaged 

every 10 seconds (c).

CFD 

 

Sampling time: 

5s 

 

 

Sampling time: 

10s 

 

 

Sampling time: 

15s 

 

 
 (a) (b) (c) 

0 10 20 30 40 50 60 70 80 90 100

0.17

0.18

0.19

0.20

0.21

0.22

0.23

A
er

a
ti

o
n

 r
a

te
 (

m
/s

)

Time (s)

 Left

 Right

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

0.20

0.25

D
ev

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

D
ev

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

D
e
v

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

0.20

0.25

D
e
v

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.17

0.18

0.19

0.20

0.21

0.22

0.23

A
e
r
a
ti

o
n

 r
a
te

 (
m

/s
)

Time (s)

 Left

 Right

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

0.20

0.25

D
e
v

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

D
e
v

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.17

0.18

0.19

0.20

0.21

0.22

0.23

A
e
r
a
ti

o
n

 r
a
te

 (
m

/s
)

Time (s)

 Left

 Right

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

0.20

0.25

D
e
v

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.00

0.05

0.10

0.15

D
e
v

Time (s)

 Dev

0 10 20 30 40 50 60 70 80 90 100

0.17

0.18

0.19

0.20

0.21

0.22

0.23

A
e
r
a

ti
o

n
 r

a
te

 (
m

/s
)

Time (s)

 Left

 Right



290 

 

 

 

 Fig 7.9 (a)(b) present the time-averaged distribution of the solid volume fraction of full-

looping system without and with the process controller, respectively. The difference of 

time-averaged bed height decreases after adding the process controller comparing with 

the original DRCFB system. Although there is an instantaneous mass imbalance in the 

system during the operating process, the solid distribution is relatively balanced after 

coupling with the controller in a relatively long-term period, in which the statistic state is 

more valuable for the operation of industrial devices. 

 

 

 

 

Fig 7.8. Contours of transient solid volume fraction in the DRCFB without controller (a) and 

with controller (b). 

40s 70s 100s

0s 4s 6s 20s

(a)

(b)



291 

 

  

(a) (b) 

Fig 7.9. Contours of time-averaged solid volume fraction in the DRCFB without 

controller (a) and with controller (b). 

In addition to the solid volume fraction, the pressure fluctuation characteristics in CFBs 

is critical to be studied when the boundary conditions in the system are adjusted 

dynamically. For the DRCFB unit, the equilibrium pressure distribution is an essential 

factor to keep the system stable. Fig 7.10 shows the time-averaged pressure distribution 

of the full-looping DRCFB system without and with the process controller, respectively. 

Significantly, the pressure distribution in two standpipes is different in the original CFD 

results, where the inflection points of pressure distribution occur around 0.7 m at the left 

standpipe but 0.6 m at the right standpipe due to the transition from dilute phase to dense 

phase. It is a direct reflection of different bed heights. After coupling with the real-time 

controller, the bed height of two inflection points of pressure distribution is more 

symmetrical than original CFD results.  
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(a)  

 

(b) 

Fig 7.10. Full-loop distribution of the time-averaged pressure without controller (a) and 

with controller (b). 

 

Fig 7.11 shows the fluctuations of pressure drop with time across the left and right 

external loops with and without process controller, respectively. Here, the pressure drop 

https://www.sciencedirect.com/science/article/pii/S187610701930433X#fig0005
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of the external loop is computed as the pressure difference between the cyclone inlet 

surface and L-valve outlet surface of this symmetrical DRCFB unit. The time-evolution 

pressure drop of each case randomly oscillates around a fixed value. It is noted from Fig 

7.11 (a) that the difference of pressure drop between left and right external loops increases 

slightly after coupling process controller because of the different aeration rates at the L-

valve that are adjusted according to the transient value of Dev. However, because 

standpipe can balance the pressure drop automatically, the difference between left and 

right pressure drop is very limited, which shows that the dynamic change of boundary 

conditions will not cause an obvious pressure imbalance. To further compare the 

difference of pressure fluctuation between systems without and with process controller, 

the Fourier spectral analysis of two pressure drops is reached, as shown in Fig 7.11 (b). 

It can be seen that the values of dominant frequency and magnitude over left and right 

external loops show apparent differences. After coupling with the real-time controller, 

both the dominant frequency and magnitude of pressure fluctuation over two external 

loops decrease, demonstrating the improvement of solid uniformity and stability. 
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Fig 7.11.Time-evolution profiles of pressure drop (a) and Fourier spectral analysis of 

pressure drop (b) in the external loops. 

Fig 7.12 (a)(b) shows the time-evolution profiles of solid mass flux monitored at the left 

and right cyclone inlets. It can be seen that the solid flux has drastic fluctuations over the 

entire simulation time and the peak of transient value alternates between two cyclone 

inlets.  In order to compare the difference better, the transient deviation of solid flux 

between the left and right cyclone inlet is calculated, as shown in Fig 7.12 (c). It shows 

that during the whole calculation time, the fluctuation range of standard deviation of solid 

flux has limited difference for two cases, all below 1.0. And the time-averaged deviation 

of the case with process controller slightly decreases, as shown in Fig 7.12 (d), which 

means a more balanced operating condition between two cyclones after adding the 

controller. The scale of the DRCFB unit in this work is small, resulting in a slight flow 

difference. In the actual industrial CFB units with hundreds of tons of solid material, the 

deviation will be larger.  
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(c) (d) 

Fig 7.12. Time-evolution profiles of solid flux without the process controller (a) and with 

the process controller (b); transient deviation of solid flux (c); time-averaged deviation of 

solid flux (d) at the inlet of cyclones. 

Fig 7.13(a) shows the time-evolution profiles of the solid flux at the L-valve outlet, which 

represents the amount of material returned to the bottom of the riser. The solid flux is 

more stable over time compared with the changing of solid fluxes at the cyclone inlet (Fig 

7.13). In order to illustrate the difference, the transient deviation of solid flux between 

the left and right L-valve outlet is calculated, as shown in Fig 7.13(c). It shows that during 

the whole calculation time, the fluctuation range of standard deviation of solid flux is 

narrow, most of them below 0.08. And the time-averaged deviation of the case with the 

process controller is significantly lower than the original CFD result, which means a more 

uniform feeding at the bottom of the reactor. 

  

  

(a) (b) 

0 10 20 30 40 50 60 70 80 90 100

0.00

0.25

0.50

0.75

1.00

1.25
 Original CFD 

 Sample time:10s
D

ev
ia

ti
o

n
 o

f 
so

li
d

 m
a

ss
 f

lu
x

Time (s) CFD FLC

0.0

0.1

0.2

0.3

0.4

D
e
v

ia
ti

o
n

0 10 20 30 40 50 60 70 80 90 100

60

80

100

120

140

S
o

li
d

 f
lu

x
 (

k
g

/m
2
s)

Time (s)

 Left

 Right
Original CFD

0 10 20 30 40 50 60 70 80 90 100

60

80

100

120

140

Sample time:10s

S
o

li
d

 f
lu

x
 (

k
g

/m
2
s)

Time (s)

 Left

 Right



296 

 

  

(c) (d) 

Fig 7.13. Time-evolution profiles of solid flux without the process controller (a) and with 

the process controller (b); transient deviation of solid flux (c); time-averaged deviation of 

solid flux (d) at the outlet of L-valve. 

Fig 7.14 shows the time-averaged distributions of solid volume fractions at different 

heights in the riser. It is worth noting that the values of solids volume fraction are higher 

at the centre comparing with the wall which is a special phenomenon of Geldart D type 

particles at high superficial gas velocity-high solids flux conditions called the anti-core-

annulus structure [297,367]. By comparing the distribution of solid volume fraction from 

both radial and axial directions of the riser (Fig 7.14 (a)(b)), it can be seen that the particle 

holdup distribution in the riser has changed little after adding the controller, which is 

because the dimension of the DRCFB unit used in this work is too small to show the 

significant difference. According to practical and theoretical experience, the more 

balanced bottom-feed rate will make the material distribution more uniform in the reactor 

with a larger cross-section area. This characteristic is beneficial for more efficient energy 

and product output.  
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Original CFD With FLC 

(a)  (b) 

Fig 7.14. Contour of time-averaged solid volume fraction with several horizontal cross 

sections at different heights of the riser (a); profiles of time-averaged solid volume 

fraction along the central line of the riser (b). 

Fig 7.15 illustrates the time-averaged solid vertical velocity at different heights of the 

riser. It indicates that the range of solid back-mixing is narrowed after coupling with the 

process controller, where particles move downward with negative velocities in the centre 

at the range of 0.3965 m< Z < 1.0697 m for the original CFD case but 0.5368 m< Z < 

1.0817 m for the case with the process controller. The back-mixing behaviour of solids 

affects both the reaction rate and reaction time which is generally a reflection of poor gas 

distribution in the riser and strongly decreases the chemical reaction conversion and 

selectivity [368,369]. 
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(a) (b) 

Fig 7.15. Contour of time-averaged solid vertical velocity with several horizontal cross 

sections at different heights of the riser (a); profiles of time-averaged solid volume 

fraction along the central line of the riser (b). 

In summary, various result analyses have shown that the addition of a real-time controller 

has effectively suppressed the maldistribution phenomenon and improved the 

performance of the DRCFB in this work to a certain extent. 

7.4  Conclusions 

This work utilises a novel direct coupling method to interact CFD modelling and process 

simulation dynamically and realises the real-time regulation of boundary and operating 
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conditions of reactors in chemical engineering processes according to the CFD outputs 

and control algorithm. 

To illustrate the feasibility of this method, a collaborative simulation is conducted in this 

work to reduce the degree of maldistribution in one symmetrical DRCFB system through 

online regulation of L-valve aeration rate based on Ansys-Fluent and MATLAB. The 

example presented in this work illustrates the benefits of the collaborative simulation of 

the CFD modelling and process control in giving an effective way to obtain not only 

response characteristics of dynamic system performance at macroscale but also the 

transient in-furnace flow and reaction details at the microscale. 

In future work, more advanced and complex control algorithms can be coupled and tested 

with CFD models of extensive individual unit operations as well as multiple 

interconnected units or even entire plants to improve the design and optimisation of 

chemical engineering processes in economical and safe manners.  
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CHAPTER.8 Conclusions and Recommendations 

In this section, the main conclusions of the present work are summarized, and 

recommendations for further work are outlined.  
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8.1 Summary and conclusions 

CFBs have been widely applied to many chemical engineering processes, due to its good 

gas-solid mixing, wide fuel flexibility, and excellent heat and mass transfer performance. 

Among various CFB chemical systems, the CLC system is regarded as one of the most 

promising clean combustion technologies because of the inherent CO2 separation. 

Although significant developments have been made in solid fuel combustion using the 

CLC technology during the last decades, as introduced in Chapter 2, the detailed inner 

information cannot be obtained by experiments because of complicated flow pattern in 

the system and backward measuring equipment. The present knowledge, understanding, 

and experience of the CLC process mainly come from a limited number of research 

groups operating small CLC plants. Meantime, the lab- or pilot-scale results cannot safely 

be translated to an industrial scale, the performance of the actual industrial CLC unit is 

still uncertain. With the development of computer technology and parallel computing, 

numerical simulation has become the primary method to accelerate the development of 

the CLC technology, reduce the cost of design and operating time, as well as reduce the 

technical risks. However, present simulations are still very limited for the full-loop CLC 

system, especially the reactions in some complex configurations. Besides, the simulation 

work of the hydrodynamic and reaction behaviours of the moving-bed CDCL process has 

not been done yet and details of the flow and reaction have not been revealed and fully 

understood. Besides, the maldistribution phenomena in symmetrical CFB systems have 

not been comprehensively investigated. For non-identical CFB configurations, the effect 

of maldistribution on the system stability will intensify. Therefore, it is important to get 

a deep understanding of the maldistribution phenomenon. Moreover, most CFD 

simulations on complex CFB systems only revealed microscale phenomena based on 

separate reactor components. The boundary and operating conditions were fixed during 

the simulation process without the external adjustment and environment change 

considered. For fulfilling the knowledge gap, an integrated online regulation method is 

firstly established to realize the collaborative simulation of the transient CFD model and 

process control algorithm based on Ansys-Fluent and MATLAB platforms. This thesis 

aims to provide more detailed in-furnace phenomena of CLC units, including the 

hydrodynamic behaviours and chemical reactions based on the numerical simulation 

method. Meanwhile, the optimisation of boundary conditions and the model set is 

thoroughly investigated in these CLC processes. 



302 

 

• In chapter 3, a multi-fluid model (TFM) based on the Eulerian-Eulerian 

framework is used to study the gas-solid hydrodynamics, such as solid distribution, 

particle motion and solid velocity, in a three-dimensional (3D) CLC unit with the 

configuration of dual circulating fluidized bed (DCFB). The influence of four 

different drag force models, including two classic models, i.e. Gidaspow, EMMS 

drag model and two recent drag models, i.e. Rong and Tang drag model, on 

hydrodynamics in DCFB are assessed. The overall assessment confirms that the 

drag model selection has a significant influence on simulations of gas-solid flows 

in DCFBs for chemical looping combustion. For qualitative analysis, all the drag 

models can predict a reasonable radial solid distribution and pressure distribution, 

but only the EMMS, Rong and Tang drag models can capture the phenomenon of 

dense state in the low part of the riser.  For quantitative analysis, the solid 

circulating rate predicted by the EMMS drag model is the closest to the 

experimental measurements. In contrast, the results predicted by the Gidaspow 

drag model show the most significant deviation. In summary, in the system and 

conditions investigated, the EMMS drag model gives the best results for 

simulating dense gas-solid flows in DCFB, followed by Rong and Tang drag 

models. The Gidaspow drag model shows the most significant deviation. The 

results shed lights on the drag force model sections and the optimization of 

DCFBs. 

• In chapter 4, a comprehensive 3-D numerical simulation has been carried out to 

simulate the gas-solid flow characteristics in a two-staged air reactor and full-loop 

unit of a moving-bed CDCL unit using TFM. The gas-solid flow behaviors, solid 

axial velocity and solid circulating characteristics are investigated. Moreover, the 

effects of gas inlet velocity, specularity coefficient, and drag model is explored in 

detail. The following conclusions can be drawn for single AR, in the combustor, 

the solid material shows a dense solids slug movement where the particles move 

upward in the central region and drop down near the wall, which is beneficial to 

increase solid residence time for oxidation. In the riser, the solid phase distribution 

is dilute because of high gas velocity. The particles move upward in the whole 

radial positions and shows an anti-core-annulus flow pattern, which is beneficial 

for solid transportation. In the combustor, increasing the gas inlet velocity can 

reduce the solid concentration, meaning the amount of solid material and solid 
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residence time decrease in this section. In the riser, the solid concentration 

increases with the increase of gas inlet velocity, meaning the transport efficiency 

increases. The specularity coefficient of zero and Syamlal-O’Brien drag model 

are found suitable for the 3-D air reactor model to reasonably predict gas-solid 

flow behaviors. In the full-loop system, different fluidization regimes can be 

observed in the system: slugging fluidization in the bottom combustor, fast 

fluidization in the riser, and moving bed fluidization in the L-valve and reducer, 

which corresponds to their functions. Compared with dual fluidized bed CLC unit, 

the pressure drops in the whole CDCL unit and moving-bed reducer are low which 

means the system is more stable. The SCR is controlled by the flow rate of 

aeration gas on the standpipe of L-valve.  

• In chapter 5, a 3D Eulerian-Eulerian-Lagrangian (E-E-L) hybrid model is used to 

study the gas-solid flow and reaction characteristics of the 25 kWh sub-pilot 

CDCL process with the unique moving bed FR developed at OSU. The flow 

behaviours of both oxygen carrier and powder coal are investigated under cold 

and hot conditions. And the reaction characteristics are also detailed discussed. 

Based on the numerical results, conclusions can be drawn as follows: The mixing 

and separation process of the coarse oxygen carrier and fine coal powder is 

captured by simulation, and the mechanism is further explained by numerical 

results. A severe gas leakage phenomenon can be observed by simulation in the 

system, where the O2 and N2 from the AR and N2 from the L-valve gas leak into 

the FR and dilute the CO2 at the outlet of the FR. The high temperatures in the 

CLC system are seen in the AR riser and in the cyclone, whereas the low 

temperatures are present in the bottom of the fuel reactor and the L-valve. The 

reaction rates and reactants distribution of all reactions considered in this chapter 

are reasonably predicted by simulation, showing the applicability of the hybrid 

model to investigate the CDCL unit. 

• In chapter 6, the characteristics of the maldistribution phenomenon in a symmetric 

dual-side refeed circulating fluidized bed (DRCFB) is numerically studied by a 

multi-fluid model based on the Eulerian-Eulerian framework. The influence of 

solid maldistribution on the performance of the cyclone, standpipe, L-valve, and 

riser in the DRCFB is discussed. Moreover, the effects of gas inlet velocity, solid 
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inventory, and wall function on the degree of maldistribution are comprehensively 

explored. Based on the numerical results, the main conclusions can be drawn as 

follows: The solid maldistribution is an inevitable phenomenon in a DRCFB 

system with dual identical geometry configuration and operating parameters in 

each side. The maldistribution of solid mass in the DRCFB unit causes a 

deflection of the centre of gravity position of the device and the drastic difference 

of solid fluxes at the cyclones to lower the overall performance of cyclone. The 

solid mass flux at the L-valve outlet is proportional to the bed inventory in the 

standpipe. The standpipe and L-valve have an automatic control ability to some 

extent. This lateral pressure gradients in the riser and near the cyclone inlets are 

generally recognized as the main reason resulting in the maldistribution of the 

full-loop DRCFB system. The relative deviation of the bed inventory in both 

external loops decrease with the increase of gas inlet velocity and total solid 

inventory. However, it is not sensitive to the wall roughness. The relative 

deviations of bed inventory in both external loops do not show a direct 

relationship with the transient changes of flow by analysing the pressure drop 

signal. In section 2, the non-uniformity of the gas-solid distribution in a 

symmetrical DCFB CLC unit is numerically studied using a multifluid CFD 

model based on Eulerian-Eulerian framework. The phenomenon of non-

uniformity is discussed by comparing the deviation of bed inventory and flow 

patterns in unit A and unit B, respectively. Moreover, the effects of total solid 

inventory, gas aeration rate, and wall roughness on the degree of non-uniformity 

are comprehensively explored. Based on the numerical results, conclusions can 

be drawn as follows: The non-uniformity of gas-solid distribution can be observed 

in terms of solid mass distribution and local flow patterns in a symmetrical DCFB 

CLC system with an identical geometry configuration and operating parameters. 

Enlarging the total bed inventory increases the relative deviation of non-

uniformity (Dev), the pressure fluctuation and the deviation of Hurst exponent, 

demonstrating the system becomes more unstable. Elevating the gas aeration rate 

increases the relative deviation of non-uniformity (Dev), the pressure fluctuation, 

and the deviation of Hurst exponent, indicating demonstrating the system 

becomes more unstable. The specularity coefficient has an uncertain influence on 

the degree of non-uniformity. To summarise, the non-uniformity phenomenon is 

revealed by simulation results, and the influences of several critical operating 
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variables on the degree of non-uniformity are studied. These fundamental 

mechanism of non-uniformity phenomenon should be helpful for the design and 

optimisation of CLC processes. 

• The chapter 8 utilises a novel direct coupling method to interact CFD modelling 

and process simulation dynamically and realises the real-time regulation of 

boundary and operating conditions of reactors in chemical engineering processes 

according to the CFD outputs and control algorithm. To illustrate the feasibility 

of this method, a collaborative simulation is conducted in this work to reduce the 

degree of maldistribution in one symmetrical DRCFB system through online 

regulation of L-valve aeration rate based on Ansys-Fluent and MATLAB. The 

example presented in this work illustrates the benefits of the collaborative 

simulation of the CFD modelling and process control in giving an effective way 

to obtain not only response characteristics of dynamic system performance at 

macroscale but also the transient in-furnace flow and reaction details at the 

microscale. 

8.2 Recommended future work  

In this final section, some weaknesses and suggestions on current research directions are 

proposed. 

• More accurate and efficient numerical method should be used to simulate the 

hydrodynamic and thermodynamic behaviours of CLC processes with complex 

CFB configurations. The current assumption and simplification of multi-fluid 

models based on the Eulerian-Eulerian or Eulerian-Eulerian-Lagrangian 

framework cannot provide all solid information at particle level during simulation, 

resulting the deviation when simulating flow and thermochemical related 

behaviours. With the development of novel numerical methods, more accurate 

and efficient numerical method (such as CPFD) may be applied in large scale and 

long-time reaction modelling. 

• The characteristics of the reactive flow in the 25 kWh sub-pilot CDCL process 

with the unique moving bed FR, discussed in chapter 4 and 5 should be further 

investigated. The influence of multiple parameters, including variable gas inlet 
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velocity, total solid inventory, solids circulation rate, coal feeding rate, 

temperature and so on, on the performance of system operation should be detailed 

investigated. Besides, the optimization of operation condition and design should 

be further explored to minimize the gas leakage and improve the system efficiency. 

For the reaction kinetics, more accurate chemistry should be adopted to simulate 

the multi-reduction step of the iron-based oxygen carrier in the CDCL process 

used in this thesis. 

• The impact of asymmetrical difference in dual CFBs on the maldistribution degree 

is an interesting topic and worthy of further study, such as slight differences of 

boundary conditions and geometries. 

• In future work, more advanced and complex control algorithms can be coupled 

and tested with CFD models of extensive individual unit operations as well as 

multiple interconnected units or even entire plants to improve the design and 

optimisation of chemical engineering processes in economical and safe manners. 
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